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FUNDAMENTAL KINETIC MODELING FOR REACTOR DESIGN
AND SIMULATION

G.F. Froment

Artie Mc Ferrin Department of Chemical Engineering
Texas A & M University, Texas, USA

The necessity and the potential of a more fundamental approach to the kinetic modeling
of catalytic processes is illustrated by means of a few examples in which special attention is
given to the role of the catalyst.

The first example deals with phthalic anhydride synthesis in which the catalyst itself
provides the oxygen inserted into the reacting species.

A second example deals with solid-acid alkylation and with the conversion of methanol
into olefins on zeolites. In these processes the catalyst is progressively deactivated through
irreversible site coverage or channel blockage by heavy reaction products, but the latter are
not inert towards the reacting species and also contribute to the evolution of conversion and
selectivities.

Finally, the transformation of heavy oil fractions into more valuable and clean
transportation fuels is considered. A realistic representation of the overwhelming product
distribution of these processes requires the decomposition of the reaction scheme in terms of
elementary steps of carbocation chemistry. The fundamental modeling based upon the single
event concept, in combination with the Evans-Polanyi relationship, permits a drastic reduction
of the number of independent rate parameters, accessible through judicious experimentation.
The potential of such an approach in the simulation of the commercial hydrocracking of
vacuum gas oil is illustrated.
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WOVEN FIBER GLASS MATERIALS AS A
NEW GENERATION OF STRUCTURED CATALYSTS

Bair S. Bal’zhinimaev

Boreskov Institute of Catalysis SB RAS,
Prospect Akademika Lavrentieva, 5, 630090, Novosibirsk, Russia
fax: 7 383 330 80 56 e-mail: balzh(@catalysis.ru

Abstract
The potentiality of silicate glass fiber materials modified with Zr and REM (Rare Earth

Metal) oxides as a new catalysts for application in reactions of oxidative and environmental
catalysis is evaluated. The questions related to study of molecular structure of glass,
formation and stabilization of highly dispersed metal (mostly, Pt and Pd) species in the bulk
of glassmatrix are elucidated. The glass fiber based catalysts showed high performance in
number reactions (deNOx, VOC removal, selective hydrogenation of acetylene/ethylene
feedstock, cps conversion to C,Hy via intermediate selective halogenation of methane to
methylchloride, etc). The effect of heat/mass transfer on catalyst performance, the results of
pilot testings, as well as the main advantages of these catalysts in comparison with traditional

ones are also considered.

The silicate glass fiber materials are produced in the industry and widely used as
perfect heat and electric insulators. At the same time these materials are practically unknown
to people from catalysis despite of obvious advantages such as high thermostability (up to
1200°C), mechanical strength, improved hydrodynamic properties, as well as possibility to
make catalytic reactors with new flexible design and to move from traditional packed
catalysts beds to structural ones.

The lecture is devoted to study of glass fiber materials modified with Zr and REM (Rare
Earth Metals) oxides in order to reveal their potential properties in catalysis. These materials
comprise of elemental fibers of 7 - 9 um in diameter, twisted into separate yarns of 0,2 - 1 mm
in size which are used for manufacturing of different shape textiles. The glass fibers are
nonporous and surface area is equal to geometrical one (ca. 1 m%/g). The average chemical
composition of leached materials is a following (% wt.): 80-90 SiO,, 10% ZrO, or REM + 0,5-3
Al O3. By means of IRS and NMR the layered model of glass structure, when 2-3 rows of SiOy4
tetrahedra are altered by hydroxyl groups, was proposed. The presence of OH-groups is

important because the introduction of active metal cations via ion exchange mechanism with
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protons takes place. The effective procedure for introduction of metal (mostly, Pt, Pd)
complexes into the bulk of glassmatrix, their further reduction into highly dispersed metal
species (clusters) or unusual low-valent states at elevated temperatures was developed and
characterized by UV-Vis DRS in combination with TPO and TPR. The size of metal clusters
was too small to be observed by high resolution electron microscopy. These species (up to 10 A
in size) appeared under heating by electron beam only, possibly due to partial sintering of
smaller metal particles. Pt or Pd clusters are located in the bulk of glass matrix up to hundred
angstroms of depth which is confirmed by XPS data combining with ion etching.

Despite of very low noble metal content (~0,01% wt.) the glass fiber catalysts
exhibited high performance in many reactions (deNOx, VOC removal, SO, oxidation,
destruction of chlorinated wastes etc.). The main reason is a capability of the materials to
stabilize highly dispersed metal clusters in upper layers of glass fibers. It was found that REM
cations can significantly modify the charge of Pd clusters resulting in substantial
improvement of catalyst performance. Another feature of glass materials is a capability to
absorb predominantly the polar or polarizable molecules from gas or liquid. Because of active
sites are located in the bulk of fibers it allows to involve into reaction the polar substances
with extremely low concentration. It was demonstrated clearly by the example of selective
hydrogenation of acetylene (polarizable molecule) in ethylene feedstock when very high
selectivity and purification level (less than 0,1 ppm of acetylene) were achieved.

Due to specific geometry and structure of glass fiber textiles, as well as high reaction
rate the heat- and mass transfer limitations related to mostly, external and intra-yarn diffusion
were revealed. It was shown these phenomena lead to decreasing of activity in oxidation of
methane and CO, catalytic reduction of NO with CH; and may cause some operation
unstability like overheating, oscillations of thermokinetic origin. In case of selective
hydrogenation of acetylene/ethylene feedstock the intra-yarn diffusion limitation leads to
deacreasing not only activity, but selectivity as well. Special isotopic studies showed that

diffusion of reacting molecules inside of glassmatrix doesn’t control the reaction rate and

limiting step is mass transfer on the gas (liquid) — glass interface.

In conclusion, the results of glass fiber based catalysts testing in various reactions,
including 2-step conversion of methane to ethylene via intermediate halogenation of methane
to methylchloride, the results of pilot testing in SO, oxidation, treatment of diesel exhausts, as

well as the main advantages of these catalysts in comparison with traditional ones are listed.

Acknowledgements: The financial support by Russian Foundation for Basic Research
(Grants No 00-03-22004, 02-03-32480) is highly appreciated.
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IS IT WORTH DOING KINETIC MODELLING IN ASSYMETRIC
HETEROGENEOUS CATALYSIS OF FINE CHEMICALS?

Dmitry Yu. Murzin

Abo Akademi University, Biskopsgatan 8, 20500, Abo/ Turku, Finland, dmurzin@abo.fi

Proper reactor modeling requires physico-chemical understanding of catalytic processes.
Catalysis is a kinetic process according to its definition, therefore reliable kinetic models are
needed for design and intensification of catalytic processes. Kinetic and engineering studies of
heterogeneous catalytic reactions are widespread, especially in connection with oil refining or
production of bulk and specialty chemicals. However, in the filed of fine chemicals and
pharmaceuticals, kinetic studies are rather sparse, although application of heterogeneous
catalysis is growing. Interestingly a great number of various mechanisms are advanced in the
literature for many organic catalytic reactions on rather rare being supported by kinetic studies.

Analysis of experimental data in complex reaction networks typical for synthesis of fine
chemicals is not trivial, requiring laborious experimentation. Moreover, often only data for the
major products and some by-products are available; while other components are lumped into
pseudo- components.

Therefore many researchers neglect kinetic studies, presuming that kinetic analysis of
complex catalytic reactions has no scientific value at all being “just a mathematical exercise
and not really chemistry at all” ~

In the presentation modeling of kinetics, stereo-, regio- and enantioselectivity of reactions
representing different typical cases of multiphase organic catalysis will be discussed.
Challenges in establishing kinetic regularities and subsequent modeling will be illustrated by
experimental data on liquid-phase hydrogenation of o, unsaturated aldehydes (citral,
cinnamaldehyde, crotonaldehyde), alkylaromatics and alkylphenols, sitosterol, various sugars,
asymmetric hydrogenation of diketones, one-pot synthesis of menthol, hydrogenolysis of
hydroxymatairesinol, oxidation of lactose, o-pinene isomerization and synthesis of
conjugated linoleic acid, performed with participation of the author [1-19]. Among others the

following items will be addressed: the rate determining steps, the adsorption mode of organic

* One of the reviewers comment on the manuscript of H. Lineweaver and D. Burk, [J. Am. Chem. Soc., 56, 658,
1934 ] on enzymatic kinetics, which eventually became the most cited JACS paper in XXth century [C&EN, 81
(24), 27, 2003]
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compounds, type of gas (hydrogen or oxygen) adsorption, the competitiveness between small
molecules and large organic molecules, changes of adsorption mode with coverage, catalyst
deactivation to name a few. Special emphasis will be put on selectivity, analysis of which
(Figure 1) allows for instance discrimination of rival models.

Despite the obvious difficulties in doing kinetic modeling of heterogeneous catalytic
reactions in fine chemicals, kinetic analysis of selectivity, which in broad sense is understood
as chemo-, regio- and enantioselectivity, is a very powerful tool in establishing reaction

mechanisms as well as in process development.
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Figure 1. Selectivity to 3-phenylpropanal in cinnamaldehyde hydrogenation as a function of conversion:
experimental vs. estimated (A - 59, [1- 37, 0 - 14 bar) [6]

11



PL-3

References

1.

10.

11.

12.

13.

14.

15.

16.

17.

18.

19.

A. Allahverdiev, S. Irandoust, B.Andersson, D.Yu.Murzin, Kinetics of a-pinene enantiomeric isomerization
over clinoptilolite, Applied Catal. A.Gen. 2000, 198, 197.

J. Aumo, J. Warna, T. Salmi, D.Yu. Murzin, Interaction of kinetics and internal diffusion in complex
catalytic three-phase reactions: activity and selectivity in citral hydrogenation, Chemical Engineering
Science, 2006, 61, 814.

H. Backman, A.Kalantar Neyestanaki, D.Yu. Murzin, Mathematical modeling of o-xylene hydrogenation
kinetics over Pd/Al,Os, Journal of Catalysis, 2005, 233, 109.

A. Bernas, D.Yu. Murzin, Linoleic acid isomerization on Ru/Al,O; catalyst. 1. Conjugation and
hydrogenation, Chemical Engineering Journal, 2005, 115, 13.

A. Bernas, D.Yu. Murzin, Linoleic acid isomerization on Ru/Al,O; catalyst. 2. Elementary step mechanism
and data fitting, Chemical Engineering Journal, 2005, 115, 23.

J. Hajek, J. Wérna, D.Yu. Murzin, Liquid-phase hydrogenation of cinnamaldehyde over Ru-Sn sol-gel
catalyst. Part II Kinetic modeling, Industrial & Engineering Chemistry Research, 2004, 43, 2039.

A. Kalantar, H. Backman, J.H. Carucci, T. Salmi, D.Yu. Murzin, Gas-phase hydrogenation of 4-tert-
butylphenol over Pt/SiO,, J. Catalysis, 2004, 227, 60.

K. Liberkova, R. Touroude, D. Yu. Murzin, Analysis of deactivation and selectivity pattern in catalytic
reduction of a molecule with different functional groups: Crotonaldehyde hydrogenation on Pt/SnO,, Chem.
Eng. Sci., 2002, 57, 2519.

M.Lindroos, P. Méki-Arvela, N. Kumar, T. Salmi, D.Yu. Murzin, Catalyst deactivation in selective
hydrogenation of [3-sitosterol to B-sitostanol over palladium, Catalysis in Organic Reactions, 2002, 587.

H. Markus, P.Méki-Arvela, N.Kumar, N.V. Kul’kova, P. Eklund, R. Sjéholm, B. Holmbom, T. Salmi, D.Yu.
Murzin, Hydrogenolysis of hydroxymatairesionol over carbon supported palladium catalysts, Catalysis
Letters, 2005, 103, 125.

D. Yu. Murzin, P. Miki-Arvela, E. Toukoniitty, T. Salmi, Asymmetric heterogeneous catalysis: science and
engineering, Catalysis Reviews, Science and Engineering, 2005, 47, 175.

P.Miki-Arvela, N.Kumar, A.Nasir, T.Salmi, D.Yu.Murzin, Selectivity enhancement by catalyst deactivation
in three phase hydrogenation of nerol, Industrial & Engineering Chemistry Research 2005, 44, 9376.

P.Miki-Arvela, N.Kumar, D. Kubicka, A.Nasir, T.Heikkild, V.-P.Lehto, R. Sjoholm, T.Salmi, D.Yu.Murzin,
One-pot citral transformation to menthol over bifunctional micro- and mesoporous metal modified catalysts:
effect of catalyst support and metal, Journal of Molecular Catalysis A. Chemical, 2005, 240, 72.

P.Miki-Arvela, J. Hajek, T.Salmi, D.Yu.Murzin, Chemoselective hydrogenation of carbonyl compounds
over heterogeneous catalysts, Applied Catalysis A. General, 2005, 292, 1.

P. Méki-Arvela, N.Kumar, V. Nieminen, R. Sjéholm, T.Salmi, D.Yu.Murzin, Cyclization of citronellal over
zeolites and mesoporous materials for production of isopulegol, J. Catal. 2004, 225, 155.

V. Nieminen, A. Taskinen, E. Toukoniitty, M. Hotokka, D.Yu.Murzin, One-to-one reactant-modifier
interactions in enantio- and diastereoselective hydrogenation of chiral a -hydroxyketones on Pt(111),
Journal of Catalysis, 2006, 237, 131.

M.L. Toebes, T. A. Nijhuis, J. Hajek, J.H. Bitter, A.J. van Dilen, D.Yu.Murzin, K.P. de Jong, Support
effects in hydrogenation of cinnamaldehyde over carbon nanofiber-supported platinum catalysts: kinetic
modeling, Chemical Engineering Science, 2005, 60, 5682.

B. Toukoniitty, J. Kuusisto, J.-P.Mikkola, T. Salmi, D.Yu. Murzin, Effect of ultrasound on catalytic
hydrogenation of D-fructose to D-mannitol, /ndustrial & Engineering Chemistry Research, 2005, 44, 9370.

E.Toukoniitty, B. Sevcikova, P. Miki-Arvela, J. Warna, T.Salmi, D.Yu. Murzin, Kinetics and modeling of
1-phenyl-1,2-propanedione hydrogenation, Journal of Catalysis, 2003, 213, 7

12



PL-4

TRICKLE BED REACTOR OPERATION UNDER FORCED LIQUID
FEED RATE MODULATION

J. Hanika™", V. Jiricny?®, J. Kolena®, J. Lederer®, V. Stanek®, V. Tukac’

“Institute of Chemical Process Fundamentals, Czech Academy of Sciences, Rozvojova 1335,
165 02 Prague 6, Czech Republic, fax +420 220 390 286, hanika@jicpf.cas.cz
bInstitute of Chemical Technology, Technicka 5, 166 28, Prague 6, Czech Republic,
vratislav.tukac@vscht.cz

“Unipetrol, a.s., div. VUANCH, 436 70, Litvinov, Czech Republic, jaromir.lederer@vuanch.cz

Trickle bed operations are well spread, especially in the base chemical industry’,
biochemical industry and also in toxic gas purification and waste water treatment. Trickle bed
reactors are used in the chemical and biochemical industry for heterogeneously catalysed
reactions, e.g. for hydrogenation, oxidation and hydrotreating processes. In the trickle beds
gas and liquid percolate continuously through a fixed bed of solid particles and they are
flowing in the downward direction. The particles contain at their surface solid catalyst on
which components from the gas- and liquid phase react. The reaction product is then
transported out of the bed by the flowing liquid.

Two phase flow of reaction mixture through catalyst bed is complicated by mal-
distribution of both phases in a void space between individual neighbouring catalyst pellets on
cross section and along the bed”. Mal-distribution of volatile reaction mixture in catalyst bed
can also initiate hot spot formation in imperfect or partially wetted zones in the bed® where
both reaction rate and rate of heat production (in case of exothermal reaction) are higher. The
diffusion resistance of gaseous component in flowing liquid film is lower there and
simultaneously there is lower thermal conductivity.

Out of nature this type of reactor is very non-linear in performance. This fact is very
important from the point of view of its safe operation’. There are several reasons: high
concentration of reactants (high adiabatic temperature rise and low heat capacity of the
system), high activation energy of reaction (its value strongly depends on catalyst nature),
change of reaction system selectivity with temperature (substrate decomposition by
undesirable reaction like methanization on nickel catalysts at temperature above 200 °C)

decrease of mass transfer resistance (partial evaporation of liquid phase, exceeding of critical

13
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point of reaction mixture). As an extreme, in exothermic reactions (most of those mentioned)
temperature excursions can and do sometimes lead to severe runaways and accidents’.

Trickle bed reactors can operate in a number of flow regimes. Hydrodynamic regime
of reaction mixture flow in reactor can be characterised by so called "flow map". For
industrial design the flow regime with a gas continuous phase and a liquid trickle regime is
usually chosen. Nevertheless, high interaction pulsing regime for waste water treatment is
conveniently applied. Therefore, at certain gas and liquid rates during reactor control or after
some parameter disturbance, pulses develop in the bed, whereby dense slugs of liquid form.
These pulses are in fact waves of liquid that move downward, take up the liquid at their front
and leave liquid at the back. The pulses can be promoted also by forced feed rate modulation.

The influence of pulses is very beneficial for the following reasons™:

e Pulses drown any temperature deviation, suppress hot spot formation in the bed and
improve the safety operation of the reactor.

e Mass transfer of reaction components between gas, liquid and solid phases is enhanced in
pulsing flow regime and thus process intensification can be reached.

e During pulsed flow regime the radial concentration gradients are mixed out and better
plug flow performance of the reactor is expected.

e Forced feed oscillations can produced pulses with frequencies reached in order several
hundredths Hertz and because of the non-linearity of the process better reaction

conversion can be made.

The paper reports results of the project "New operation methods of industrial trickle
bed reactors - intensification and safe control” granted by the Ministry of Industry and Trade
of the Czech Republic, project No. FT-TA/039. Scope and motivation for the research was a
need for improvement of selective hydrogenation of dienes in light pyrolysis gasoline. This
process is installed e.g. in CHEMOPETROL Co. Litvinov.

Using model reactions - unsaturated hydrocarbons hydrogenation on palladium
supported catalyst - an effect of periodic feed rate modulation on trickle bed reactor
performance has been investigated. It was confirmed that under specific conditions the feed
rate modulation enables enhancement of the mean reaction rate in catalyst bed as a result of
lower mean thickness of liquid film covering external surface of catalyst pellets. Moreover,

higher gas-liquid mass transfer interaction during the liquid rich part of period is possible. An
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enhancement of reactor throughput depends at feed rate modulation conditions on both the
hydrodynamics in the catalyst bed and the feed rate modulation parameters, i.e. period length
and its split value.

The research was aimed to investigate possible improvement of safe operation and
throughput of trickle bed reactor by periodic modulation of reaction mixture feed rate which
brings total wetting of catalyst and improves interaction and mass transfer rate between gas
and liquid in liquid rich part of the period. The application of periodically modulated liquid
feed rate brings smaller mean thickness of the liquid film flowing down along the external
surface of catalyst pellets (lower diffusion resistance to gas component transfer to catalyst
surface) and tubulisation of potential stagnant zones in the reactor. Period length, split to
liquid rich and poor parts, and/or feed rate amplitude are important parameters of the feed rate
modulation mode. It is evident that modulated feed rate of liquid reaction mixture affected
liquid hold-up, concentration and temperature fields in the reactor.

Pilot plant unit built by Institute of Inorganic Chemistry Usti n.L. in Research Centre
of CHEMOPETROL Co. Litvinov was used for feasibility tests of dynamic operation and
control of trickle bed reactor. Adiabatic trickle bed reactor of diameter 0.1 m, length 2 m was
made for operation till temperature 200 °C and pressure 2.5 MPa. The unit was equipped by
two pumps (maximum feed rate 120 and 600 It/h resp.), two tanks of 1.1 m® volume, phase
separator of 40 It volume and data logger and control system ControlWeb 2000 SP9
(Moravské pftistroje Zlin).

The model reactions used in this study represent many of similar transformations of
dienes and other unsaturated hydrocarbons during selective hydrogenation of pyrolysis
gasoline. The reactor performance at continuous feed rate was compared with that one
observed during feed rate modulation at the same operation conditions, i.e. at the same mean
throughput of catalyst, identical temperature, pressure and feed composition.

Experiments confirmed the possible way for increase of throughput of trickle bed
reactor by periodic modulation of reaction mixture feed rate’. Under optimal conditions
transfer improvement of gaseous component across flowing liquid film represents approx. 6%
relatively. The similar effect in case of exothermal reaction like unsaturated hydrocarbons
hydrogenation is based on the higher mean temperature of the catalyst bed which was
confirmed by reactor dynamic model solution. The gain in reactor throughput by the higher
interaction between gaseous and liquid phases in the vicinity of change of the system
hydrodynamics between film and pulsing flows (which is periodically overcame at feed rate

modulation) represents additional intensification of the trickle bed reactor (approx. 12%rel).
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Conclusion

Induced pulsing flow of the reaction mixture in the trickle bed reactor is a promised
way for the improvement the time-average reaction conversion with respect to that observed
under the steady-state trickle bed reactor operation. The better catalyst wetting, improved
mixing of reaction mixture in the stagnant pockets in the catalyst bed, uniformity in radial
temperature profile were reached during the induced pulse operation regime.

Periodic operation of trickle bed reactor by application of the feed rate modulation can
reasonably improve reaction conversion in comparison to the steady state operation mode. It
was confirmed that temperature effects of exothermic reaction can contribute to the
enhancement factor of the system in the order of several percents. There are of course the
other effects such as periodic renewal of external catalyst surface accelerating gas component
transfer to the poorly wetted catalyst pellets, stronger interaction of gas and liquid flowing co-
currently through bed of catalyst close to the frontier between trickle and pulsing flow

regimes, etc. The simulation results were compared with experimental data.
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MONOLITHIC ELECTROPROMOTED REACTORS:
FROM FUNDAMENTALS TO PRACTICAL DEVICES

Costas G. Vayenas

Department of Chemical Engineering, University of Patras, Patras, Greece

A Monolithic electropromoted reactor (MEPR) is a new type of high-throughput reactor
which permits the in situ use of the phenomenon of electrochemical promotion of Catalysis
(EPOC or NEMCA effect) to enhance the rate and selectivity of catalytic reactions. The
concept, design and construction of the first MEPR units is discussed, together with the first
performance results in high space velocity laboratory and car exhaust environments.

1. Electrochemical promotion of catalytic reactions

The phenomenon of Electrochemical Promotion of Catalysis (EPOC) or Non-Faradaic
electrochemical promotion of catalytic activity (NEMCA effect) and its close relationship
with classical promotion and with metal-support interaction has been discussed and analyzed
in numerous publications [1-15]. Work in this area has been reviewed recently [14,16]. The
metal or conductive metal oxide catalyst is deposited on a solid electrolyte component and
electrical current or potential is applied between the catalyst and a second electrode (termed
counter electrode) also deposited on the solid electrolyte component (Figure 1). This electrical
current or potential applications causes pronounced and usually reversible changes in the
catalytic activity and selectivity of the catalyst electrode. The induced change in catalytic rate
is up to 6 orders of magnitude larger than the rate, I/nF, of electrochemical supply or removal
of ions (of charge n) to or from the catalyst-electrode through the solid electrolyte, where I is
the applied current and F is the Faraday constant. The induced change in catalytic rate can be
up to 300 times larger than the catalytic rate before current or potential application. The
counter electrode may be exposed to a separate gas compartment (fuel cell-type design) or
may by exposed to the same reactive gas mixture as the catalyst-electrode (single chamber
design). The solid electrolyte component (e.g. plate or tube) may be either gas impervious, but
can also be porous (Vayenas et al, European Patent 0480116 (1996)). The phenomenon of
electrochemical promotion has been studied already for more than seventy catalytic reactions
(Vayenas et al, “Electrochemical Activation of Catalysis: Promotion, Electrochemical
Promotion and Metal-Support Interactions” Kluwer/ Academic Publishers (2001)) but so far
there has been no practical reactor configuration designed, constructed and tested in order to
utilize it in industrial practice or in automotive exhaust catalysis.

We discuss here a new reactor and method for utilizing the effect of electrochemical
promotion of catalysis to enhance the rate and selectivity of catalytic reactions. The new reactor
has all the geometric characteristics of a monolithic honeycomb reactor but, due to its special

design, can be dismantled and assembled at will and can be used to electrochemically promote
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the catalyst-electrodes deposited on its plate components with only two external electrical
connections. Therefore both electrical manifolding and also gas manifolding is extremely
simplified in the new monolithic electrochemically promoted reactor (MEPR) [16-19].

2. Description and operation of the MEPR

Figure 2 shows the monolithic electrochemical promoted reactor (MEPR) concept. The
plate and reactor dimensions are quite flexible and those shown in Figure 2 are indicative and
corresponding to those of the prototype units tested [16-19].

The ceramic reactor walls (casing) must be insulating and can be made, for example, by
Machinable Ceramic (MACOR) material. It is enclosed in a suitably designed metal (or
ceramic) gas manifolding casing with insulating material (e.g. vermiculite) placed, if desirable,
between the ceramic reactor walls and the metal (or ceramic) gas manifolding casing in order
to reduce mechanical stresses when the unit is used in an automotive exhaust (Figure 3).

The internal side of the two opposing reactor walls has appropriately machined parallel grooves
(typically 1-5 mm deep, thickness a few um larger than the plate thickness (typically 500 pum).

The distance between the parallel grooves dictates the reactor channel height and is
typically 0.5 to 2 mm, depending on the desired reactor surface to volume ratio.

The grooves can be made to terminate before the reactor exit in order to ensure that the
plates cannot be entrained by the flowing gas stream.

The solid electrolyte plates can be flat, in which case the resulting reactor channels are
rectangular, or can be ribbed in which case the resulting reactor channels are rectangular or square.
The rib height can be adjusted to either make contact with the next plate or to leave a small (e.g.
5 um) margin between the rib top and the next plate. The plates can be gas-impervious or porous.

Two different catalysts, based on the rate vs potential behaviour of the catalytic reaction
of interest (electrophobic, electrophilic, volcano or inverted volcano type [14-16,20,21].

The first catalyst is coated (e.g. via metal evaporation or sputtering) or using
organometallic metal pastes followed by sintering on one side of the plates in such a way as to
ensure electrical contact on one side of the plate with the electronic current collector
deposited on one side of the inner reactor wall [16-19].

The second catalyst is coated on the other side of the plate in such a way as (a) to avoid
short-circuiting with current collector 1 (e.g. by leaving 4-6 mm of the plate surface uncoated,
Fig. 2) and (b) to ensure electrical contact with the current collector 2 deposited on the
opposite inner reactor wall (Fig. 2).

The thickness of the catalysts 1 and 2 can be as low as 10 nm or as high as 10 um. The
catalysts can be porous. The current collectors 1 and 2 are connected via insulated metal
sheets or wires to the external power supply or galvanostat or potentiostat.

Figure 3 shows a prototype MEPR reactor with 24 8%Y,0s-stabilized-ZrO, (YSZ) plates
and Rh (catalyst 1) and Pt (catalyst 2) catalyst-electrodes.

Experimental details and performance data have been discussed elsewhere [16-19]. Here
we discuss some results obtained with a MEPR loaded with 22 Rh/YSZ/Pt plates.
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The reaction studied was the reduction of NO by ethylene in presence of gaseous O;.
Under mildly reducing conditions at 320°C (Fig. 4) electropromotion with an anodic current
(+30mA) increases the conversion of C,H4 from 49% to 59%, the conversion of O, from
68% to 81% and the conversion of NO from 72% to 93%.The shape (flat leveling) of the rate
transients suggests that under these conditions the conversions of C;H4, O, and NO reach a
saturation level which is limited by gas bypass.

The reactor was operated at much higher flowrates (1.8 I/min), (more recent studies have
utilized flowrates up to 20 1/min), hourly space velocities (1200 h™) and conversions (~90%)
than all previous electropromoted units and shows significant promise for practical
applications. More important is the successful electropromotion of its thin (40 nm) Rh and Pt
elements, with metal dispersions of at least 10%, i.e. comparable with metal dispersions of
supported commercial catalysts. This appears to eliminate the major economic obstacle for the
practical utilization of electrochemical promotion. It will be necessary to develop suitable
reactor-electrochemical reactor models and scale-up or scale-down strategies for potential

practical applications.
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Fig. 1. Principle and basic experimental setup used in

electrochemical promotion (NEMCA) experiments.

Fig. 3. Photographs of the MEP reactor-sensor tested
showing: (a) the machinable ceramic reactor walls, one
of the Ag current collectors on the wall, the plate
location for two-plate operation (top plate was used as
sensor element) and part of the metal casing. (b) the
twenty-two plate unit (c) the assembled reactor with
metal casing in the furnace. Also shown are the two
thermocouple housings and the four shielded electrical
connections for sensing and electropromotion.
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Fig.2. Schematic of the monolithic electropromoted
reactor (MEPR) with ribbed plates.
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Hydrogen production from hydrocarbon fuels is a key problem of hydrogen energy.
Technologies relying on utilization of catalysts at all stages of fuel conversion are wide spread
for this purpose: (i) conversion of hydrocarbon feedstock into synthesis gas; (ii) steam
reforming of CO; (ii1) preferential CO oxidation. Conversion of fuel into hydrogen is
performed in fuel processors (FP) designed as compact heat-and-function integrated devices
comprising of catalytic reactors, heat exchangers, feed systems and operation regime
controllers. Because of specific requirements for FP, the existing commercial catalysts cannot
be used in fuel processors for a number of reasons. This necessitates the development of novel
catalysts oriented for utilization in FP. These catalysts should meet the following
requirements: high thermal stability and scale resistance of the support and catalyst; catalyst
heat conductivity at a level about 1-5 W/m-K; catalyst life not less than 6000 hours; possible
application of catalysts as structural units for the reactor construction; low cost; equal
coefficients of thermal expansion of catalyst layer and support; good adhesion between the
catalyst layer and the metal wall. The structured metal porous catalysts supported on metal
nets are most completely met the above requirements. In given work there are analyzed
variants of possible application of these catalysts at the synthesis gas production by means of
partial oxidation and steam reforming of natural gas, steam reforming of methanol and bio-
ethanol, auto-thermal reforming of diesel fuel. These catalysts were tested during short-term
and life-timing tests in the abovementioned reactions. There was developed a number of
catalytic reactors on a base of coupling by heat of endothermic and exothermal reactions for
natural gas steam conversion.

Experimental data on the specific productivity and temperature and concentration profiles
within the exo- and endothermic channels are presented. Numerical analysis of the developed
mathematic model proved good agreement between the calculated data and experiment. A
radial-type reactor for partial oxidation of natural gas has been developed and studied. The

reactor includes a perforated gas-distributing tube with a structured net-supported catalyst
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sintered on the outer surface of the tube. Mathematical model for the reactor has been
developed. The results of mathematical modeling agreed well with the experiment. The
reactor modifications for water-gas shift and preferential CO oxidation in hydrogen-rich gas
have been designed and tested successfully. Current state of hydrogen generation by fuel
processors has been analyzed that proved high promises of a heat-integrated fuel processor, in
which heat losses are minimized due to efficient arrangement of reactors, heat exchangers and
other constituent parts. Particular example of that type processor has been considered and

results of experimental studies of its heat regimes and specific productivity presented.
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Light olefins, ethylene and propylene, are the major building blocks of the petrochemical
industry with annual production exceeding 75.000 kt and 45.000 kt respectively for 2004.
Ethylene and propylene are used in the production of diverse products, ranging from solvents
to plastics. The established process for their production is steam cracking of various
hydrocarbon feedstocks (ethane, LPG, naphtha, gas oils), a process that operates under severe
conditions. Steam cracking is the most energy-consuming route in the petrochemical industry
with energy requirements exceeding 26 GJ/ton of ethylene. Ethylene is exclusively produced
via steam cracking while a significant part of propylene (around 30%) is additionally
produced as by-product of fluid catalytic cracking process. With lower olefins market
growing at 3-4% per year and fuel costs constantly rising, research efforts have been focussed

on the development of less-energy intensive, environmental processes for their production.

The availability and the low cost of lower paraffins have spurred the industrial interest for
paraffin transformation to high value products, namely olefins. Successful development of
this approach is the catalytic dehydrogenation of propane to propene. Indeed, nowadays about
2 % of propene is produced via this route. The thermodynamic limitations combined with the
high endothermicity of the reaction and the coke tendency are the major drawbacks limiting

the large exploitation of the process.

The catalytic oxidative dehydrogenation of light alkanes is an appealing alternative route,
which due to the mild exothermicity may allow developing an energetically well-balanced
process. A highly active and selective catalytic system, able to efficiently transform the
alkanes to alkenes and not to oxidation products in the presence of an oxidant, is the key for
the successful realization of the new method. Oxidative dehydrogenation of ethane and

propane has been studied over a wide range of catalytic materials. Supported early transition
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metal oxides (V, Mo, Cr) operate at low temperature (<550°C) and exhibit high initial olefin
selectivity. However, high activity can only be achieved at the expense of olefin production,
since these catalysts are as a rule more reactive towards olefins. High olefins yields have been
reported over chlorine-promoted non-reducible oxides (e.g. LiCl/MgO), where the reaction
proceeds at high temperature (>600°C) via a homogeneous-heterogeneous reaction scheme.
Still, serious problems, such as the low catalyst stability and the release of chlorine, are

associated with the use of these catalysts.

Multicomponent mixed oxides seem to be the most promising class of materials, especially
for the ethane oxidative dehydrogenation reaction. Research on multicomponent catalysts has
been mainly focused on Mo/V/Nb formulations, promoted with various metal combinations.
A recent breakthrough has been achieved with the development of hydrothermally prepared
Mo/V/Nb/Te multi-oxides, where the key component has been related to the crystalline
structures formed in the materials. These materials appear active in both oxidative
dehydrogenation of ethane and propane to olefins and oxygenates, respectively. Another
recent appealing alternative to the traditional early transition metal-based oxides, with all the
associated disadvantages, is nickel oxide-based catalysts. Although NiO exhibits well-known
total hydrocarbon oxidation properties, it was surprisingly observed that when the oxide is
supported on a suitable oxidic carrier it demonstrates significant ethane selective oxidation
abilities. The same effect can be also realized by promoting the unsupported NiO phase with a
suitable transition metal. Recently developed Nb-promoted NiO mixed oxide exhibit very
good potential as catalysts for ethylene production. The Ni-Nb mixed oxides combine both
high activity at low temperature and high ethene selectivity at high conversion level resulting
in an overall ethene yield of 46% at 400°C. Variation of the Nb/Ni ratio indicates that the key
component for this excellent catalytic behavior is the Ni-Nb solid solution formed upon
doping of NiO with Nb, since small amounts of niobium effectively convert NiO from a total
oxidation catalyst to an effective ODH catalytic material. Optimum incorporation of Nb ions
in the NiO lattice is achieved for intermediate Nb/Ni ratios (Ni gsNby 5 catalyst), since higher
Nb concentrations lead to the saturation of the bulk sites and segregation of the nickel and
niobium phases. Correlation of the surface properties of the materials with their catalytic
behavior shows that nickel sites are the active sites responsible for the activation of the
parafinic substrate, with niobium affecting mainly the selectivity to the olefin by modifying

the oxygen species on the catalytic surface.
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Significant information on the functionality of the materials is deduced via isotopic-labelling
studies. Transient and SSITKA experiments with isotopic '*O, show that on both NiO, a
typical total oxidation catalyst, and the Ni-Nb-O mixed oxide catalysts, the reaction proceeds
via a Mars and van Krevelen type mechanism, with participation of lattice oxygen anions. The
prevalent formation of cross-labelled oxygen species on NiO indicates that dissociation of
oxygen is the fast step of the exchange process, leading to large concentration of intermediate
electrophilic oxygen species on the surface, active for the total oxidation of ethane. Larger
amounts of doubly-exchanged species observed on the Ni-Nb-O catalyst indicate that doping
with Nb renders diffusion the fast step of the process and suppresses the formation of the
oxidizing species. The performance of the NipgsNby s catalyst is kinetically described by a
model based on a redox parallel-consecutive reaction network with the participation of two
types of active sites, sites I responsible for the ethane ODH and ethene overoxidation reaction

and sites II active for the direct oxidation of ethane to CO,.

The perspectives for industrial application of the Ni-Nb-O mixed oxide catalysts are very
good given that the catalyst is stable under reaction conditions for extended TOS. A further
advantage of these catalysts is that the only byproduct detected is CO, making these materials
attractive from engineering point of view because of the greatly reduced separation cost
downstream from the reactor. Reactor designs, which allow high alkene selectivity with
effective heat management of the exothermic oxidative dehydrogenation is a real challenge.
Multitubular fixed bed or fluidised bed with staged oxidant feed or decoupled operation in

alkane and oxidant feeding, are possible reactor configurations and mode of operations.
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In today’s economy, chemical engineering must respond to the changing needs of the
chemical process industry in order to meet market demands involving a move away from
materials sold according to their purity, to “structured™ materials sold for their performance
(powders, emulsions, colloids, catalysts, soft solids...). These materials have to be formulated
and designed and their properties are determined primarly, not by their overall composition,
but rather by therr nano and microstructure. Concurrent product and process design s
especially critical for structured products as processing conditions during manufacture will
greatly influence their nano and microstructure and, hence, their end-use properties.

The ability of chemical engineering to cope with managing such complex systems together
with the scientific and technological problems encountered is addressed in this lecture. To
satisfy both the market requirements for specific end-use properties of formulated products
and the social and environmental constraints of the industrial-scale processes, it is shown that
an integrated system approach of complex multidisciplinary, non-lincar, non equilibrium
processes and phenomena occurring on different length and time scale of the supply chain (see
figure 1)
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Figure 1: The chemical supply chain

from molecular-scale to industrial-scale is required. This will be obtained due to
breakthroughs in molecular modelling, scientific instrumentation and related signal and image
processing, and powerful computational tools.

The evolution of chemical engineering, especially involved with the product and (catalvtic)
process design for structured product formulation can be summarized by four main tracks:
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(1) Increase productivity and selectivity through intensification of intelligent
operations and a multi length scale approach to process control by supplying the
process with a local “informed™ flux of emergy or materials; or by nano or
microtailoring of materials with controlled structure. Indeed synthetic materials with
targeted propertics are now conceived and designed to a successful catalytic process with
such development of an effective catalyst, i.e, the ability to better control its
microstructure and chemistry allows for the systematic manipulation of the catalyst’s
activity, selectivity, and stability.

(2) Design novel equipment based on scientific principles and new production methods,
i.e., process intensification using multifunctional reactors ( i.e, catalytic distillation, or
monoliths applied either as catalysts or as a functional reactor internal), or using new
operating modes (i.e, induced pulsing liquid or periodic operations in trickle bed reactors
to improve liquid-solid contacting at low liquid mass velocities, or membrane contactors
in phase transfer catalysis for developing cleaner processes and increasing productivity
and quality and enhancing safety), or using microengineering and microtechnology for
high throughput and formulation screening. Microengineered reactors have some
unique characteristics that create the potential for high performance chemicals and
information processing on complex system. Morcover it is clear that there exists today a
current trend which can be called “from microreactor design to microreactor process
design™,

So process intensification refers to complex technologies that replace large, expensive,
energy-intensive equipment or processes with ones that are smaller, less costly, more
efficient, or that combine multiple operations into a single apparatus or into fewer
devices. So many technologies are thus being developed in chemical industries motivated
by improved chemistry, low inventories, capital cost reduction, enhance corporate image,
novel or enhanced products and values to customers, enhanced safety, and improved
processing energy and environments benefits (see figure 2a which presents a vision ol
how a future plant employing process intensification may look versus a conventional
plant and this is already obtained today in certain cases for petroleum plant processing-
see figure 2b).

Figure 2a: One vision of how a future plant employing process intensification may look
(right) vs a conventional plant (left)
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Figure 2b: the example of a modern plant

(3) Extend chemical engineering methodology to product focussed design and
engineering, using an integrated system approach of complex pluridisciplinary non
linear, non-equilibrium  processes phenomena occurring on different length and time
scales (see figure 3)

ithe present view of chemical engineering

FRIOHFRS
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Figure 3: Levels of increasing complexity

which is defined as the “triplet molecular Processes - Product-Process Engineering
(3PE)” approach, i.e., organizing levels complexity, by translating molecular processes
into phenomenological macroscopic laws to create and control the required end-use
properties and functionality of structured products such as complex fluids and solids
manufactured by a continuous or batch process:

{4) Implement multiscale application of computational chemical engineering
modelling and simulation to real-life situations from the molecular scale to the
production scale in order to understand how phenomena at a smaller length scale
relate to properties and behaviour at a longer length scale. The long term challenge 15
to combine the thermodynamics and physics of local structure-forming processes like
network formation, catalytic phase separation, agglomeration, nucleation, emulsion,
crystallization, mixing, sintering etc... with multiphase computer fluid dynamics (CFD).

In conclusion chemical product design has historically been the domain of chemists, material
scientists, and food and pharmaceutical technologists while most chemical engineers focused

onp

rocess design.
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However it is shown now that there are new opportunities for chemical engineering in product
and process design for structured product formulation, both in process analysis of product end
use and in concurrent product / process design, the last one can offer strategic competitive
advantage in speed-to-market, cost, and product innovation.

In such a framework and with the help of the multidisciplinary and multi-scale approach,
chemical and process engineering are totally involved in the theme “Molecules into Money™
which is based on the premise that chemical engineering drives today economic development
and is fundamental to wealth creation in the frame of globalization and sustainability ( i.e,
catalytic processing of renewable sources). It addresscs the gencration of new opportunitics
through product formulation and/or process and equipment innovation, discusses techno-
economic analysis taking into account the protection of environment considerations, business
decision making, the role of entreprencurship in chemical and process engineering, and the
strategies and methodologies for technical innovation and sustainable technologies for
efficient mass and energy utilisation in process industries. And chemical engineers and
researchers are uniquely positioned to play a pivotal role in this technological revolution
with their broad training in chemistry, physical chemistry, catalysis, life sciences, multi scale
maodelling and simulation, processing, system engineering and product design,
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1. Introduction

The oxidative dehydrogenation (ODH) of ethane to ethylene has been studied over a wide
range of materials [1-4], however most catalysts suffer from low yields at high conversion
levels due to the thermodynamically favored oxidation of both reactant and product to carbon
oxides. We have recently reported [5] the high potential of a new class of catalytic materials
based on nickel for the oxidative dehydrogenation of ethane to ethylene. The developed bulk
Ni-Nb-O mixed nano-oxides exhibit high activity in ethane ODH at low reaction temperature
and very high selectivity (~90% ethene selectivity), resulting in an overall ethene yield of
46% at 400°C. Varying the Nb/Ni atomic ratio led to an optimum catalytic performance for
the catalyst with a Nb/Ni ratio equal to 0.176. Detailed characterization of the as-synthesized
materials with several techniques [5] showed that the key component for the excellent
catalytic behavior is the Ni-Nb solid solution formed upon the introduction of niobium in
NiO. The incorporation of Nb in the NiO lattice, by either substitution of nickel atoms and/or
filling of the cationic vacancies in the defective non-stoichiometric NiO surface structure, led
to a reduction of the electrophilic oxygen species (O°), abundant on NiO and responsible for
the total oxidation of ethane to carbon dioxide. Mechanistic studies, performed by employing
various isotopic '*O, exchange techniques on Nb-doped NiO [6], showed that the reaction
proceeds via a Mars and van Krevelen type mechanism, with participation of lattice oxygen
anions. Based on the obtained mechanistic information, we performed and present in this
work kinetic studies which led to the development of a macroscopic kinetic model, describing
the catalytic behavior of the Nig gsNby ;5 catalyst in the ethane ODH reaction.
2. Experimental part

The kinetic studies were conducted at atmospheric pressure in a continuous fixed bed flow
reactor. The reaction products were analyzed on line by a Perkin Elmer gas chromatograph in

a series-bypass configuration equipped with a thermal conductivity detector (TCD). The main
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reaction products were C,Ha, CO, and H,O. The kinetic experiments were conducted at four
different temperatures (240, 260, 280 and 300°C) with varying inlet partial pressures of
ethane (1.01-9.12 kPa), oxygen (1.01-20.26 kPa) and balance helium. In order to assess the
secondary reactions of ethene oxidation, the same experiments were repeated using ethene as
feed instead of ethane. Catalyst weight was adjusted accordingly in each set of conditions in
order to keep the reactants conversion lower than 6% and maintain differential conditions in
the reactor. The total flow rate was 150cm’/min in all cases. The absence of heat and mass
transfer limitations were confirmed theoretically and experimentally.
3. General considerations for kinetic modelling

The kinetic parameters were determined by modelling the quartz tubular reactor as an
isothermal axial plug flow reactor. Assuming steady-state operation, the material balance for
each gas phase component was expressed by the PFR equation, resulting in a first-order
differential equation system. Surface coverage values were calculated by numerically solving
a system of algebraic equations describing the mass balance of each species and the global
balance of the normalized surface coverages for each centre. The system of differential
equations was numerically integrated over the catalyst mass for each set of initial
experimental conditions, using an explicit Runge-Kutta (2,3) pair method. In the parameter
search procedure, the minimization was performed by first obtaining initial estimates of the
kinetic constants by employing a genetic algorithm, which were then used as starting values
for non-linear regression analysis, using a Gauss-Newton algorithm with Levenberg-
Marquardt modifications. All computational calculations were performed with MATLAB
software.
4. Results and Discussion

The product distribution in ethane ODH over the NipssNbg s catalyst [5] allowed the
construction of a very simple reaction network consisting of the oxydehydrogenation of
ethane to ethylene (C,H¢ + 0.50, — C,H4 + H,0), the primary oxidation of ethane to carbon
dioxide (C,Hg + 3.50, — 2CO;, + 3H,0) and the secondary oxidation of produced ethene to
CO;, (C,Hg + 30, — 2CO; + 2H;0. The influence of the reactants partial pressure on the
ethane oxidative dehydrogenation reaction was studied by maintaining the partial pressure of
the one reactant constant and varying that of the other, while keeping the total inlet flow
constant by balancing with He. Increasing the ethane concentration in the feed stream proved
beneficial for the ODH reaction, increasing similarly the consumption rate of ethane and
oxygen and formation rate of ethylene and carbon dioxide. Concerning the oxygen
concentration, at low oxygen pressures all rates increased almost linearly up to a C,;He/O;

ratio of 1. Further increase reduced the influence of O, on the ethane consumption and ethene
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formation rate, while that of O, and CO, kept increasing, showing that high oxygen
concentrations promote total oxidation in expense to the oxydehydrogenation reaction.

The kinetic data obtained from the experiments described above were then used in order to
develop the kinetic model and estimate the corresponding parameters. Based on the
mechanistic indications derived from isotopic and transient experiments presented elsewhere
[6], which confirmed the participation of catalyst oxygen in both the selective and unselective
steps of the reaction sequence, we formulated four basic models of the Mars-van Krevelen
(MVK) mechanism assuming the presence of one or two types of active sites with several
variants. The kinetic parameters for ethylene oxidation were obtained separately by fitting
data with ethylene/oxygen as feed and were then considered constant for the estimation of the
rest of the model parameters. For brevity reasons, we present here the reactions, rate equations
and estimated kinetic parameters, with the 95% confidence intervals for the dominant kinetic
model (R-square value 0.99978) in Table 1. The dominant kinetic model considers the
presence of two types of active sites, sites [M-O] responsible for the ethane ODH and ethene
overoxidation reaction and sites [T-O] active for the direct oxidation of ethane to CO,. Based
on the indications derived from the '*0, isotopic experiments [6], sites [M-O] correspond to
strongly bonded lattice O> species, whereas sites [T-O] to the limited amount of non-

stoichiometric O species which remain on the surface after incorporation of Nb.

Table 1. Reactions, rate equations and estimated kinetic parameters for the proposed model

KINETIC PARAMETERS
REACTION RATE EQUATION E or AH
koor K, (kJ/mol)
C,H + [M-0] — C,H, + HyO + [M] 1= Kipe, Onor 12523 £0.295 | 98.43+2.40
CyHg + [T-0] + 30, — 2CO, + 3H,0 + [T] | 1= kapen Orror 2.040 £0.089 | 88.82+4.25
CoH, + [M-0] + 2.50, — 2CO, + 2H,0 + [M] | 15= kspc,u 8pnror” 3.868+ 0389 | 105.66+7.60
H,0 + [M] + [M-O] < 2[M-OH] = KapmoBineo®ig =1 5oy 534 7160 | 20688 4936
(k4/K4)9[M—OH]
0.50, + [M] — [M-O] rs=kspo, By 4284+0.171 | 52.49+2.06
0.50, + [T] — [T-O] r= Kpo, Oy 0.981+0.031 | 90.84+2.86

A comparison between experimental and simulated data is shown in Figure 1 for all data
points included in the parameter estimation. The parity plots do not show any systematic
deviations, with all points equally spread around the diagonal line, indicating that the
deviations are due to experimental and not model-based error.

In a further step, the developed kinetic model was employed in order to predict the
catalytic performance data of the NiygsNby ;5 catalyst reported in [5], which were realized in
considerably different conditions than the kinetic experiments. The results of the model

simulation (represented by full lines) and the experimental data (represented by symbols) for
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ethane and oxygen
conversion and ethylene and
CO, selectivity ~ versus
temperature are illustrated in
Fig. 2. The excellent ability
of the model to predict the
catalytic data is apparent.
The successful application
of the kinetic model proves
the physicochemical sense
of the kinetic parameters
that  the

and  ensures

underlying mechanistic

assumptions are correct.

A mechanistic kinetic model, able to successfully

performance of the

NiggsNbyg s catalyst in ethane ODH over a wide
range of experimental conditions, was developed.
The kinetic modelling showed that the ethane

oxidative dehydrogenation reaction on Ni-Nb-O

occurs via a redox parallel-consecutive reaction network, with the participation of two types

of active sites, strongly bonded lattice O> species responsible for the ethane ODH and ethene

overoxidation reaction and non-stoichiometric O species, active for the direct oxidation of

ethane to CO,.
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Summary

In this paper the enzyme trans-esterification of low purity (60%) triolein or low quality
olive oil with ethanol has been studied in a reaction medium containing hexane as solvent at
temperature of 37 °C finalised to the production of biodiesel from vegetable oil.

As enzyme the Lipase from Mucor Miehei has been used, immobilized on ionic exchange
resin, with the aim to achieve high catalytic specific surface and to recovery, regenerate and
reuse the biocatalyst to improve the performance of enzyme trans-esterification in the
biodiesel production. A kinetic analysis has been carried out to define the reaction path and
the rate equation whose kinetic parameters have been also calculated. The kinetic model has
been validated with experimental data. The yield of the reaction with different reactor

configurations has been also predicted.

Introduction

Biodiesel is a mixture of alkyl esters of fatty acids from biological source. It that can be
obtained by means of trans-esterfication (catalytic or bio-catalytic) of glycerides of fatty
acids of vegetal oils with short chain alchools. Compared with other vegetable oils, biodiesel
shows a lower viscosity and it’s less polluting with respect to the production of CO,, (saving
2.4 — 3.2 kg of CO, per kg of fuel). Furthermore, it is biodegradable and, during the
combustion, a reduced level of particulate, carbon monoxide and nitrogen oxides is produced.

The research of an alternative fuel for diesel motor has acquired great importance because
of both the reduction of oil stocks and of the environmental pollution due to the emissions of

greenhouse gases from the combustion of oil products.
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It seems very interesting to use low quality olive oil as substrate for the trans-
esterification to produce biodiesel, since it not usable for food industry, should be in this way
revalued and recovered.

Enzyme trans-esterification is the most expensive technique but it offers some advantages
such as:

— the presence of free fatty acids in the reaction mixture doesn’t imply the production of

saponification products;

— a higher yield and a better glycerol recovery can be obtained

Materials and methods

Triolein pure at 60% (same composition of olive oil) and olive oil from husk have been
tested as reactants, with Ethanol as alcohol and Hexane as solvent.

Lipase from Mucor Miehei, immobilyzed on ionic exchange resin (Lypozyme) has been
used as biocatalyst, after a preliminary screening based on the optimization of costs and
performances of lipases from different sources.

The concentrations of reactants and products have been measured by HPLC (JASCO)
under the following conditions: RI detector, eluent phase acetone/acetonitrile 70/30 vol., flux
1 ml/min, internal normalization as integration method. Before the analysis the lipase has
been removed with centrifugation and the hexane with evaporation.

Experiments have been carried out using a batch reactor. The operating parameters that
have been investigated are the feed Enzyme/Substrate ratio, the reaction medium (anhydrous
or not), the reactants molar ratio (in particular the feed Ethanol/Substrate ratio).

All the experimental reactions have been carried out at Temperature T =37 °C and pH = 7.

Experimental Results

Experimental results permit to estimate the effect of reaction medium on instantenous
yield of reaction, the effect of feed Enzyme/Substrate mass ratio, and Ethanol/Substrate as on
the reaction behaviour and on the kinetic rate.

To verify the possibility to recovery and reuse the enzyme, after the reaction, the Lipase
has been recovered by filtration, washed three times with acetone, then dried at room
temperature and reused for the new reaction. More reaction cycles have been carried out with

good yield with both triolein and olive oil the reaction yield was higher then 75%.
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Kinetic Analysis

Experimental data have been elaborated to evaluate the kinetic rate behaviour as function
of triolein concentration and as function of triglycerides concentration when using olive oil.

The reaction pattern can be predicted as a sequence of three reactios in series, with the
production of one mole of esther for step and the production of glycerol only at the third step,
when also the monoglycerides are converted. But the lipase that has been used shows a 1-3
regio-specificity, consequently, the glycerol production is strongly limited

A ping-pong mechanism with inhibition of ethanol has been preliminarly hyphotesized to
describe the kinetics of the reaction with triolein, and the kinetic rate v has been formulated as
function of concentration of triolein (A), ethanol (B), mixture of glycerides (P) and Ethyl
Oleate (Q), as following:

v _a[4][B]-p-[P]]0]

E  [al+65-[d]+¢

where 0 and ¢ are functions of initial ethanol concentration By:
0 =0, B,+9, e=&p Bl +&4 B, +&

All the parameters &, Opo and €y, €gp have been estimated.

When using olive oil, all triglycerides have been calculated and time evolution of total
tryglicerides during all the experiments seems to show a pseudo first order kinetic behaviour.

In the literature it is reported that the reactions catalysed from free or immobilised lipase
follow a ping-pong bi-bi mechanism in which either acylation or deacylation of the enzyme,
first order reaction, is the rate-controlling step. Consequently a simplified kinetic equation
rate has been hypothized and integrated to give the instantaneous concentration of total
triglycerides Y according to the following equation:

Y=c,+(c,—c,) e*"

where Cy and (C,-Cy) are the coefficients that depend on the operating conditions, Cy being
the concentration of triglycerdes at long time (t > 24 hr) and C, the initial concentration of
triglycerides; k is a kinetic parameter also depending from operating conditions.

All these parameters have been estimated with their functionality with operating
conditions.

Both kinetic models showed a good agreement with experimental data.

It was possible to estimate the operating optimal conditions, as reported in the figure 1.
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Conclusions
The trans-esterification carried out with low purity triolein (60%) and low quality olive
oil gave the same results. The immobilized enzyme can be successfully used for the trans-
estheryfication, confirming the possibility to be recovered and reused. Furthermore, a good
stability of the enzyme when reused for further reaction cycles has been observed.
The kinetic mechanism and the kinetic models with the evaluation of kinetic parameters
have been defined and the optimal operating conditions have been calculated too, both with

triolein and with olive oil from husk.

'I’r;?{?ceridés (Ts, Tt) decay and
Y

Tt Oleate (T0s, TOL) production
0,6 -
0,5
= .4 Optimal Operating Conditions
E A Eo = 34.43 g/l, Eto/So = 2,
= 03 Hexane 1:1, stirring rate 150 rpm
E L]
0,2
0,1
D T T 1
0 10 time (hr) 20 30
| ¢85 —m —F0t * Eos |

Figure 1 Optimal Operative Conditions for enzymatic trans-estherification of oil;
comparison from theoretical predictions (t) and experimental data (s).
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Introduction The Quasi Steady State Approximation is a common method for generation of
kinetic models of complex catalytic reactions. This is a zero-order approximation of original
(singularly perturbed) system of differential equations corresponding to the reaction
mechanism. We are simply replacing differential equations corresponding to the “fast”
intermediates with algebraic equations. This algebraic system defines the chemical source
function (i.e. rate of generation or consumption of reagents) for the rest of our model (for
instance, the model of catalytic reactor). An explicit reaction rate equation is most effective

for the applications form of source function.

Steady state reaction rate Assuming Mass Action Law (MAL), our algebraic system
consists of polynomial equations. Models, corresponding to the linear reaction mechanisms,
allow the explicit formula for reaction rate. These expressions were interpreted in terms of
reaction graph in enzyme kinetics and, later, in heterogeneous catalysis. Additional
assumptions make possible in some cases the explicit reaction rate expressions for models
corresponding to the non-linear reaction mechanisms. There are two classic approximations,
hypothesis of rate-limiting step (i), and vicinity of thermodynamic equilibrium (ii).
Hypothesis of the single rate-limiting step was a key assumption in the theory of reaction rate
of heterogeneous catalysis founded independently by J. Horiuti and by G.K. Boreskov in
1940s. Approximations (i) and (ii), as well as theory of linear mechanisms produce the

following reaction rate equation for single-route reaction mechanism

r=n{1—[%]M}, ()

where 7 is the steady-state reactiond rate, r, is the reaction rate in forward direction, K, i

the equilibrium constant of the overall reaction, f,(c)and f (c¢)are the products of

concentrations written according to the MAL for the net stoichiometric equation (forward and
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reverse), and ¢ is the vector of concentrations of reactants and products of the net reaction. The

degree M is 1 for linear mechanism as well as for approximation (ii) and M = v," in the case

of single rate-limiting step (v, is the stoichiometric number of the rate-limiting step). While
this equation and its particular forms like the Hougen-Watson kinetic equation play a
fundamental role in the kinetics of heterogeneous catalytic reactions, there are open problems.
For instance, what is the form of kinetic equation corresponding to the expression (1) in the
general case? What is the domain of applicability of equation (1)? What is the general
expression for 7, ?

Kinetic polynomial To some extent these questions were answered in the theory of non-
linear MAL kinetic models [1]. We have proved that the system of polynomial equations
corresponding to the single-route mechanism of heterogeneous catalytic reaction has the
resultant with respect to reaction rate, i.e. the polynomial

R(r)=B,r" +..+ Br+B,, 2)
vanishing iff 7corresponds to the zero of this system. This resultant, named kinetic
polynomial, is the general form of kinetic equation corresponding to the single-route reaction

mechanism. Coefficients B,,..., B, are polynomials in terms of reaction weights of elementary

steps. The fundamental property of polynomial (2) is
By~C=k,f.()=k f(c), A3)
where k, :ﬁk; is the net reaction constant, k,, are the kinetic constants (forward and
=)

reverse) of ith reaction stage, v, is the stoichiometric number, and 7 is the number of reaction
stages. Property (3) provides the thermodynamic correctness of kinetic polynomial; it
guarantees that there is a zero of polynomial (2) vanishing at the thermodynamic equilibrium.
This zero belongs to the branch of multivalued algebraic function r(B,,...,B,). The latter (i.e.
the thermodynamic branch) is defined in the vicinity of thermodynamic equilibrium by the
lower order terms of polynomial (2). Expression

r~-B,/B, 4)
gives in many cases a reasonable approximation of the exact reaction rate dependence in the
vicinity of thermodynamic equilibrium [1]. Expression (4) corresponds to the expression (1)
for M =1. Thus, kinetic polynomial theory predicts expression (1) in the vicinity of
thermodynamic equilibrium. As a byproduct of this theory, we found the explicit 7,

expression for the case of single rate-limiting step [1].
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Reaction rate in terms of hypergeometric series General algebraic equation cannot be
solved in terms of radicals if L > 4 (Galois). It is possible, however, to find the analytic (not
necessarily algebraic) expression for zero of general polynomial. For instance, F.Klein (late
XIX century) showed that zero of quintic (L =5) can be found from solution of some
differential equation in terms of hypergeometric functions. In modern times, Sturmfels [2]
expressed zeros of algebraic equation in terms of A-hypergeometric series. Applying this
result to the thermodynamic branch, we can write the following reaction rate equation in

terms of multidimensional hypergeometric series

n

) . B B
r=-Pop p= 3 C 0 )~i =S kip iy =Y (k-Di,. (5
B, ’ b=0omiy=0 Io +1 Iy, B} B =R '

It follows from property (3) and other properties of kinetic polynomial that we can represent

the equation (5) as a four-term reaction rate equation

L ©-KJf (@)
_ Bl'

(l+itiCd"), (6)

where B, is either coefficient B, or its multiplier (see [1]), ¢ i = 1,2,... are rational functions
in k,;,c, and integer degree d,is non-negative.

The latter property guarantees vanishing of reaction rate at the thermodynamic equilibrium.
Equation (6) corresponds to the equation (1) with M =1. Also, similar to the Hougen-Watson

equation, we have the kinetic termk, , the potential term £, (¢) —K;ql f.(c) as well as the

term — Bly which can be interpreted as the adsorption resistance term.

However, unlike the known approximations, our exact expression has the fourth term
(1+ZtiC ‘) that represents the infinite series. It is important to know the convergence
i=l1
domain of this series. It is intuitively clear that reaction rate series (6) may converge near
equilibrium. We have found that series (6) could provide an excellent fit to the exact reaction
rate not only in the vicinity of thermodynamic equilibrium but also far from thermodynamic
equilibrium. For the model, corresponding to the non-linear Eley-Rideal mechanism, series
(6) converges for any set of feasible values of kinetic parameters. For the case of Langmuir-

Hinshelwood mechanism, we found a certain convergence domain. The region of non-
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convergence for the LH model looks similar to the domain of steady state multiplicity (see
Fig. 1).

Camergence domaan and muliphcdy doman
=3 3=, 0G=10
i [ 1 T T

MNon convergence

05

Fig.1 Convergence and steady-state multiplicity domains for Langmuir-Hinshelwood mechanism
on the plane f1, 12 at r1 = 0; f1,12,f3 and r1,r2,r3 are reaction weights of forward and reverse reactions of
corresponding stage
Our case study shows that even the first term (4) provides satisfactory approximation of exact
reaction rate value. Unlike classical approximations, the approximation with truncated series

(6) has non-local features. We may think of the domain of convergence of series (6) as a

domain where reaction rate is relatively small.

Conclusions We have presented a new form of quasi-steady-state model of complex catalytic
reaction corresponding to the single-route reaction mechanism in terms of multidimensional
hypergeometric series in coefficients of kinetic polynomial. This form generalizes known
explicit reaction rate equations and provides the exact solution of kinetic model for non-linear

reaction mechanism.
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Large amounts of methane are discharged into the atmosphere with mine ventilation air.
A single ventilation shaft can emit over 500 000 m’(STP)/h of ventilation air in which
methane content can be as high as 1 vol.% The abatement of this emission is therefore
important from both economic and environmental point of view, as the gaseous fuel is
inadvertently lost, simultaneously contributing to greenhouse effect. A number of studies
have been carried out to utilize this methane via combustion and to recover the energy thus
produced. Due to very low CHj concentrations the most promising solution seems to be
autothermal combustion in reverse flow reactors. So far, most of the studies have focused on
catalytic combustion in CFRRs (catalytic flow reversal reactors) - cf., among others, the work
done by CANMET in Canada [1]. Simulations and experimental studies performed within a
European project [2] show that CFRRs are characterized by high operating temperatures (up
to 800 °C for the 0.5 % Pd / y-Al,O5 catalyst), leading to the deactivation or even destruction
of the relatively expensive catalyst. Therefore, non-catalytic oxidation in TFRRs (thermal
flow-reversal reactors) is now frequently regarded as an attractive alternative. Such reactors
have long been used, e.g. for the homogeneous (thermal) combustion of volatile organic
compounds (VOCs). However, obvious differences exist between the combustion of VOCs
and the oxidation of mine ventilation methane in flow-reversal reactors. In the former case no
heat is withdrawn from the system (sometimes the reactor has even to be heated in order to
sustain autothermicity), whereas during the combustion of lean methane-air mixtures it is
estimated that some 7 MW, can be produced per 100 000 m*(STP)/h of the gaseous feed.
Thus, an installation connected to an average ventilation shaft can produce several dozen
MW:;s. The thermal combustion in a TFRR should be carried out under conditions that do not

promote excessive formation of NOy, i.e. at maximum temperatures in the reactor below
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1 300 °C. With the combustion of methane such temperatures are quite possible. The use of a
TFRR for the combustion of lean methane mixtures requires therefore detailed studies to
determine the reasonable operating conditions. While for the CFRR thermal combustion
occurs in parallel to catalytic oxidation, for the TFRR overall conversion and other parameters
are much more dependent on kinetic parameters that describe thermal combustion. Therefore
if simulation is to be used in process analysis, then the reliability of kinetic equations used
becomes by far more important than for the CFRR. Unfortunately, kinetic data for such
combustion, taken from various sources, differ significantly. Moreover, the combustion in the

TFRR takes place in voids of the reactor bed. Therefore, the first order kinetic equations of
E
the type Hiom = K, €Xp R X Cey,

exhibit dependence of the experimentally obtained kinetic parameters (ko and E) on the
geometry of the bed used in the experiments (e.g. diameter of the combustor or the particle
size for pelletized beds). This, obviously, is difficult to explain theoretically. Such
dependence was included in the kinetic equation developed by the Boreskov Institute of
Catalysis SB RAS (BIC) for [2].

This paper presents results for the TFRR computer simulations based on various kinetic
equations of the foregoing type taken from [3], [4], on the kinetics developed in the Institute
of Chemical Kinetics and Combustion SB RAS (ICKC) in [] and, additionally, on our own
kinetic data measured in the Institute of Chemical Engineering, Polish Academy of Sciences
(ICE) [5]. Simulations were carried out for a 30 000 m*(STP)/h pilot plant (similar to the
CFRR analyzed in [2]). The computations reveal that the results differ significantly for the
different kinetic equations used in the simulations. The maximum temperature varied from
827 to 1190 °C, while the reactor starting temperature (i.e. the initial preheating), necessary
to heat up the reactor to an autothermal cyclic steady state had to be assumed case by case
within a range of 660 to 950 °C.

These simulations are summarized in the Table:

Kinetic Equation k, E Effective | Starting temperature Maximum
[1/sec] [J/mol] conversion temperature
ICKC [2] 1.2x10" 209 340 0.937 1063 K (790 °C) 1310 K (1037 °C)
Coekelbergs & 1.1x10" 263 768 0.9999 1223 K (950 °C) 1256 K (983 °C)
Mathieu [3]"
Boshoff-Mosert & 1.8x10° 130 000 0.9999 933 K (660 °C) 1100 K (827 °C)
Viljoen [4]
ICE [5] 1.15x10’ 138 650 0.997 1223 K (950 °C) 1463 (1190 °C)

" For this case kinetic equation of the form: 7, = k, exp (—% T) X Cg'; X Cg': was used.
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On the other hand, for all the kinetic equations employed in the simulations (except for
that given by the ICKC in []) a very high methane conversion (close to 100%) is easily
achieved in the cyclic steady state. Only in case [2] conversion is lower, but still exceeds

90%.

Conclusion

Large differences in simulation results are due to the fact that experimental conditions of
homogeneous combustion in a packed bed or in an empty space can produce substantial
differences in the parameters of the estimated kinetic equations. It was assumed by BIC in [2]
that combustion in such an environment follows a two-step consecutive scheme CHy — CO
and CO — CO,. It cannot be expected that a universal kinetic equation for the TFRR can
readily be obtained. On the other hand, simulations for various kinetic equations reveal that
either temperature range or conversion in such a reactor is acceptable from the practical
standpoint. Since the operating temperature range of the TFRR is very important in the
process design, one should rely upon experiments on a reasonable scale rather than on purely

numerical simulations.
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Introduction

To feed an on-board fuel cell, hydrogen can either be produced in situ by a chemical
reaction or chemically or physically stored. The process we are studying can be either seen as
a production or a storage one. It consists in releasing hydrogen from naphthenic molecules.
The by-products of the dehydrogenation reaction, aromatic compounds, can be recycled ex
situ in a hydrogenation plant to restore the hydrogen-rich reactants.

The hydrogen-rich reactant chosen was methylcyclohexane (MCH) because of its high
capacity in hydrogen (6 wt-%) and the lower toxicity of the produced toluene compared to
benzene. Its dehydrogenation is very endothermic (204kJ/mol) and thus requires a particular
attention with regard to the reactor. A previous published study on the same reaction by
Touzani et al. [1] showed that a 6cm-diameter reactor filled with 1.6mm-diameter catalyst
induces thermal gradient between the core and the reactor wall of about 160K [Tw = 610K —
Tc = 450K]. To increase the efficiency of an on-board engine, and thus avoid heat transfer
limitations, a solution consists in washcoating the wall of a plate-reactor with the catalyst.

However, to design car engine, published kinetics [2, 3] can not be used, firstly, due to
the different catalyst natures and, secondly, due to the omission of thermodynamics of this
reversible reaction. To determine the kinetics of the reaction, two solutions can be envisaged:
either a laboratory reactor implementing a thin catalyst layer coated on tube wall or the same
scrapped catalyst in a classical micro packed bed.

In this work, the first alternative has been chosen. Firstly, we have determined the kinetics
using the washcoated catalyst and we have shown the pertinence of our choice comparing its

performance with that of a classical reactor (packed bed).
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Kinetics

An annular reactor composed of one catalytic wall has been used. The catalyst was
obtained by coating the external surface of a 6mm stainless steel tube with y-Al,O3; (around
50um thick) and impregnating the alumina layer with Pt(acac),. This tube was placed in
another tube (8mm I.D.). The reactor was heated by 5 independent copper shells. The
isothermicity of the reactor was checked by comparing the temperatures of both sides of the
annular space. Methylcyclohexane flow rate (0.05 to 2mL/min liquid flow rate), the
temperature (598 to 658K), the total pressure (2 to 5.5 bar), the hydrogen flow rate (0 to
40NmL/min) and the inlet molar MCH/toluene ratio (100/0 to 30/70) were varied. The MCH
conversion was calculated from the GC analysis of the condensed phase and confirmed from
the produced hydrogen flow rate.

Under kinetic control, the conversion was found to be independent on the MCH pressure
and on the hydrogen pressure. Nevertheless, the presence of hydrogen stabilises the catalyst
activity and avoids deactivation.

Considering an ideal and isothermal plug flow model of reactor (Pe > 100) and a
Langmuir-type kinetic law, the kinetic parameters have been estimated using a Levenberg-

Marquardt routine in Matlab.

~E,
k, eXp(j K vicn Pucn

P. P
r = RT ] — b Tob [mol.s'l.gp{l]
l + I<MCHPMCH + I<TOLPTOL PMCH

with ko = 13.34 + 6.54 mol.s".gp,”*

K, o= 1.34 1107+ 0.32:10 bar™
Kror, 0= 2.09-107 + 0.74-10” bar
E, = 28.46 + 2.56 kJ.mol™

Hyen = 31.2kI.mol™ [4]

HroL = 60.3kI.mol™ [4]

Comparison of reactor performance - simulation
A series of simulations was carried out to justify the choice of our reactor instead of more
traditional fixed bed reactors. Our annular reactor was compared to packed beds containing

the same amount of catalyst (0.82g of 0.1wt-% Pt/Al,O3). The reactor diameters vary between

5.29mm and 15mm with particle diameters varying between 10pum and 200pum.
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The simulation was performed using a pseudo-homogeneous bidimensional plug flow
model taking into account variations of physical properties of gas and heat transfer

coefficients with composition and temperature.
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Figure: Simulated temperature profiles in a) a fixed bed of 5.3mm I.D. filled with particles of
10um diameter b) a fixed bed of 1.5cm 1D filled with particles of 200um diameter.
Conditions: 648K, 2 bar, 0.4mL/min liqguid MCH.

As the figure shows, the temperature can drop from 648 to 530 K in the reactor
corresponding to the scrapped catalyst and even to 480 K in the centre of the bigger packed
bed. At the centre of the reactors, the temperatures are so low that they lead to the reverse
reaction, and thus to decrease the conversion. In this case, assuming the isothermicity of the

reactor leads to overestimate the apparent reaction rate.

Conclusion

The wall-coated reactor was shown to be optimal to estimate methylcyclohexane
dehydrogenation kinetics. Moreover the low temperature gradients make this kind of reactor
attractive in terms of hydrogen productivity.
This encouraging result has made us hope that the configuration could also be suitable to
study the combustion kinetics since we have planed to replace the electric furnace by a
combustion reaction (for example, the combustion of a few part of the produced toluene)
providing the calories required by the dehydrogenation reaction. However, the combustion
experiments have shown important temperature gap between the wall and the gas (150K) and
large temperature gradients all along the reactor that can not reasonably be compensated by

heating shells.
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This kind of reactor can thus find some limitations due to too large local power
production or supply. The nature of the material should be studied to demonstrate the effect of
heat conductivity.

Another limitation concerns the catalyst. Its preparation at the reactor wall is not easy to
make reproducible and moreover, its characterisation requires the scrapping of the wall and

can thus be only achieved at the end of all experiments.

Perspectives

This process could provide an intermediate efficiency between pure hydrogen supply and
reforming. Less than 40 grams CO, per km should be produced. Nevertheless, more
knowledge of the combustion reaction is still required to design a heat-exchange reactor

coupling dehydrogenation and combustion reactions.
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Introduction

The selective oxidation of ammonia to NO over Pt-containing alloy gauzes is widely
applied in the industrial production of nitric acid. The reaction has been studied repeatedly,
but a common understanding of the reaction mechanism and kinetics has not been reached
yet, due to high exothermicity and reaction rate, reaction-induced changes of Pt morphology,
and structure sensitivity of ammonia oxidation on Pt. Since the exothermicity results in
ignition, i.e. loss of temperature control in the reactor, the ammonia oxidation on Pt has so far
been investigated either at low pressures (reduced heat generation: [1, 2]) or on wall-coated
supported catalyst (improved heat removal: [3]), but not on the unsupported polycrystalline Pt
that is relevant for the industrial application.

The aim of the present work was to overcome the experimental difficulties related to
temperature control during catalytic tests on polycrystalline Pt in the kPa pressure range, and
to elucidate the kinetics of Pt-catalyzed ammonia oxidation under such conditions. For this
purpose, kinetic data were measured applying a novel micro-structured quartz-reactor. The
obtained kinetic data were used to develop the first micro-kinetic model of ammonia
oxidation on polycrystalline Pt for reactant partial pressures as high as 6 kPa. Extrapolation of
the kinetic model beyond the conditions of the actual experiments shows that the trends
observed in low-pressure experiments and also at nearly industrial conditions are reasonably

well described.

Methodology

The kinetics of ammonia oxidation over a Pt-foil catalyst was investigated in steady-state
experiments applying the novel micro-structured quartz reactor described before [4]. The
influence of temperature (286-385°C), feed composition (pngs=1-6 kPa, po,=1-6 kPa,

pno=0-0.4 kPa, pn2o=0-0.4 kPa) and time-on-stream on the rate of product formation (N,
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N,O, NO) was assessed following an experimental design with 108 different experimental
conditions and 16 replicate runs. Additional tests concerned the proof of differential reactor
operation and the absence of mass transfer limitations. The surface morphology of selected
catalyst samples was studied by electron microscopy prior and after catalytic tests.

Different kinetic models were developed based on available mechanistic information for
single-crystal Pt systems and already published models [1, 3]. The kinetic models were fitted
to experimental data applying an optimization strategy that employs genetic and Nelder-Mead
algorithm. The best-fitting model was identified via model discrimination based on statistic

criteria.

Results

Catalysts were equilibrated to reaction conditions prior to kinetic measurements. During
this equilibration period the catalysts became more active with time on stream, accompanied
by a temperature-dependent faceting of the Pt surface as observed by SEM. Ongoing catalyst
activation and mass-transfer limitation imposed the upper temperature limit of the kinetic
study.

Nitrogen was the major product at all temperatures, NO was only formed above 374°C.
N, formation increased with partial pressure of ammonia as well as oxygen, but without
marked inhibition in excess of either NH3 or O,. In contrast, NO and N,O formation occurred
preferably in oxygen excess. Adding NO to a mixture of NH3; and O, increased the rate of
N,O formation, but decreased N, production at low temperatures. In contrast, adding N,O had
no influence on the product distribution.

Three kinetic models were used to describe the measured rate data, two of them being
based on published kinetic models (models A, Pt(533) [1] and B, Pt/AL,O; [3]). All models
including C were derived from mechanistic and kinetic information of possible elementary
reaction steps, and simplified to reduce the number of parameters. Surface species were
assigned to either one type of adsorption site (“model A”), or to two energetically different
types of sites assuming either a Pt(100) (“B”) or a Pt(111) (“C”’) model surface. Reactions and
adsorption sites included in model C are shown schematically in Fig. 1.

For all models only moderate agreement was obtained between experimental and
simulated temperature dependences. The inadequate description of the temperature influence
could be overcome by including a term for temperature-dependent roughening of the catalyst

surface, derived from SEM images of the catalyst surface taken after reaction.
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Models B and C described the influence of ammonia and oxygen partial pressures on
rates of product formation well. Model C achieved a smaller lack-of-fit than model B,
although the difference in model quality is significant only for the rates of formation of NO
and N,O (F-test: (1-a) =99 %). Moreover, only model C describes the experimentally
observed increase in N,O formation when NO was added to a feed mixture containing
ammonia and oxygen. The kinetic model C containing one lumped reaction (NH3-s + O-s =

...) and 9 elementary reaction steps, and an assignment of two energetically different
adsorption sites assuming a Pt(111) model surface is concluded to provide the best description

of the experimental data.

02 NH3 N
a: hollow site
LT ‘1'1‘ 1‘ -a b: on-top site
+0-a +0-a
O O NHy; == N —3 NO
| | ™
a a b a a

platinum

Fig. 1 Reactions on which the kinetic model C for ammonia oxidation on Pt is based
solid lines: elementary reaction steps
dashed line:  lumped reaction

To test its predictive qualities, the best kinetic model was extrapolated beyond the range
of experimental conditions towards lower and higher temperatures (50 - 900 °C) as well as
pressures (pnuyz = 10 Pa ... 40 kPa), and compared to available experimental data. For
previously published pulse experiments at lower pressures (TAP reactor, pnmsmax~10 Pa ) [4]
the model describes the observed trends in product formation as a function of temperature and
NH;/O; ratio reasonably well. At higher pressures, the typical condition for a mid-pressure
ammonia oxidation plant (pita = 4 bar, 10.5 % NHj3 in air, 900 °C) computed selectivity’s are
Sno =50 % and Snoo = 0.5 %. The values are reasonable, considering the simplifications of
the simulation that assumed a differential reactor and a catalyst different from the industrially

applied PtRh.

Conclusions
The applied novel micro-structured reactor allows to study ammonia oxidation over
polycrystalline Pt foil with partial pressures of reactants up to 6 kPa in a temperature-

controlled way and in kinetic regime. The experimental data is described well by a micro

53



OP-1-6

kinetic model (Fig. 1) containing 9 elementary steps, as well as one lumped reaction for

oxidative activation of adsorbed ammonia, assuming two energetically different adsorption

sites consistent with known adsorption site preferences on Pt(111). Finally, the model

reproduces reasonably well the trends observed in low-pressure experiments and also near

industrial conditions.
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The present study focuses on the kinetics of the direct epoxidation of propene to propylene
oxide (PO) in the vapour phase using nitrous oxide (N,O) as an oxidant. Addition of
intermediates to the feed provided information to derive a detailed reaction network. A
mathematic model was developed which describes the kinetics satisfactorily. Carbonaceous
deposits (coke) were identified as major by-products. The formation of coke leads to a rapid
deactivation of the catalyst.

Background and objective

Several approaches to the vapour phase epoxidation of propene are under investigation today.
The objective is to replace current processes for the production of PO, which are featured by
multiple reaction steps in liquid phase. A promising route comprises the use of N,O as an
oxidant — firstly applied in propene epoxidation by Duma and Honicke [1] — and a
CsOx/FeO,/Si0; catalyst that provides selectivities to PO of up to 70 % among the vapour
phase products at propene conversions of about 10 % [2]. However, a rapid deactivation of
the catalyst was observed, which was supposed to be caused by coking [3].

Experimental

Experiments were carried out in a fixed bed reactor with plugflow characteristics. Reactants
and products were analysed by on line gas-chromatography. Unit and catalyst preparation are
described in [2]. The unit allows for measurements both in reactor and by-pass mode. A total
oxidation reactor downflow, equipped with NDIR for CO,-detection, was used for on-line
monitoring of the carbon balance. Coke on the spent catalysts was measured by
thermogravimetry. Varied parameters in the kinetic measurements were reaction temperature
(350-400 °C), residence time, and feed composition. Not only propene and N,O were fed into

the reactor in varying concentrations, but also the products PO and propion aldehyde (PA).
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Results

In all experiments, a deficiency in the carbon balance of the vapour phase was revealed. After
determining the amount of coke deposited on the catalysts, the carbon balance could be
completely closed. The selectivity to coke was between approx. 40 % and approx. 60 % at
propene conversions between 10 % and 30 %, respectively. Thus, the formation of coke is an
important side reaction of the epoxidation of propene and should not be neglected. As a result,
the over-all selectivity to PO was limited to 40 % at the conditions under investigation.
Besides propene, the C, — Cy4 olefins formed through PA conversion were identified as coke
precursors. The addition of PO and PA to the reactor feed gave a deep insight into the reaction

network which is presented in the figure.

{\ ¢+N20 ¢+N20 ¢+N20

0 +N,0
coke — /y0_2> /YO
— N ° :
/o\ l l+Nzo l+Nzo
/\_OH C,H,, C,H

4 + Co COZ

C.H;, CH,
¢+N20
co l
z coke

Figure: Reaction network of propene epoxidation

To model the kinetics, a simplified reaction network was used, containing only propene, PO,
PA, acetone and coke lumped together with other by-products. All reaction rates had to be
described via rate laws in the form of rational functions containing inhibition terms in
concordance with experimental findings [3]:
. ki-c;
1+ biey

Herein k and by are the model parameters and c is the respective concentration. The rate laws
for propene conversion to PO, PA and coke contain inhibition terms for propene; the laws for
PO conversion to PA, acetone and coke contain inhibition terms for propene, PO, PA and
N,O. The PA consumption was only inhibited by PA itself. A set of 11 parameters in the
model was fitted to 160 experimental data points. The resulting average error was below

10 %.
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Figure: Selected measured (symbols) and calculated (lines) concentration profiles of
propene (left) and propylene oxide (right) along the modified residence time
(tmod = mcat_/V) at different inlet concentrations of propene (co,n20 = 3.6 mol/m?,

T=375°C)

Conclusions

The kinetic analysis showed that the values of the rate coefficients in PO-consuming reactions
are about one magnitude larger than those in the formation of PO. Furthermore, the formation
of carbonaceous deposits on the catalyst is the most important side reaction. Our current
investigations focus on this deactivation phenomenon and its kinetics. As coke deposition also
consumes valuable propene and limits the selectivity to PO, it is our aim to identify suitable

measures to suppress those reactions yielding coke.
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Abstract

This work describes an improved 6-lumped kinetic model for a fluidized catalytic cracking industrial process.
The model represents a progress in the simulation of the kinetic behavior of an industrial FCC unit because the
kinetic constants are correlated to the industrial routinely available feedstock API gravity parameter. The results
presented show good agreement with industrial data.

Introduction

Fluidized Catalytic Cracking (FCC) is one of the most important processes in a refinery, and
is therefore sometimes referred to as the heart of the refinery.

The development of efficient and reliable kinetic models for FCC processes is normally a
difficult task because it involves a variety of components and also a high number of possible
reactions. In a general way there are two types of kinetic models: the fundamental models and
the lumped models. In the particular case of cracking kinetics for an industrial feed what is
found in the literature are lumped models since the fundamental models are more demanding
at the analytical and computational level.

The initial attempts to model FCC units where primarily oriented towards the kinetics of
cracking. The first and most widely used kinetic models are the three lump model proposed
by Weekman et al. (1970), which mainly focused on feedstock conversion and gasoline
selectivity, and a ten lump model that introduced a more chemical description of the heavier
fractions, also proposed by Weekman and coworkers a few years later (Jacob et al., 1976). In
more recent studies, detailed kinetic models for the catalytic cracking of industrial Vacuum
Gas Oil (VGO) feeds have been developed based on the single events approach (Moustafa
and Froment, 2003). This modeling technique aims at retaining the full detail of the reaction

pathways of all individual feed components and reaction intermediates by describing the
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reaction network in terms of elementary steps. It therefore requires a very detailed
characterization of feeds and products, which is generally not available in industry, and is
computationally more demanding than lumped models. Semi-lumped models that consider the
different types of elementary reactions occurring in catalytic cracking have also been
proposed, in which the reaction scheme is detailed to the level of the carbon atom number
(Carabineiro et al., 2004). Unfortunately, studies concerning this type of models have been
made mainly for model molecules and like the single events models they require good
characterization of the reactants and products.

The choice of the kinetic model to be used should be supported by the desired level of detail,
which normally depends on the type of usage that the FCC model will have.

Kinetic Model

The proposed kinetic model will be subsequently used in studies of real time optimization in
an industrial FCC unit, so the major classes of economical valuable cracking products were
considered. The cracking kinetics will then be described by a modified 6-lumped model,
based on the model presented by Takatsuka et al. (1987). The lumps considered are: VGO/DO
— Vacuum Gas Oil+Decanted Oil (>360°C); LCO — Light Cycle Oil (220 — 360°C); GLN —
Gasoline (Cs — 220°C); LPG — Light Petroleum Gas (C; and Cy); FG — Fuel Gas (Hy, C;, C;
and H,S) and Coke (Figure 1).

/ VGO/DO \

GLN LCO

FG LPG COKE

Figure 1. Kinetic scheme of the cracking reactions.

It is well known that cracking products distribution is strongly affected by feedstock
properties and composition. Usually, in simplified lumped models found in literature, this
dependence is usually disregarded, since a detailed feedstock characterization would lead to a
more complicated model with an increasing number of estimated parameters. On the other
hand, if the model is being developed for the purpose of being used in real time optimization,
it is important that all the information required by the kinetic model can be available every
time the optimizer runs. In our modified 6-lumps kinetic model the kinetic constants were
then correlated to the API gravity parameter, which is an important feedstock property
routinely available in the refineries.

According to this kinetic model the rate of the reaction of lump i towards lump j is given by:
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In the rate expression above, @ accounts for the catalyst deactivation along the riser due to
coke deposition on the catalyst:

O = exp(— aYy” ) (2)

The pre-exponential factors, Aj, for VGO—Products are correlated with the feedstock

property API gravity parameter:

i—j

3)

Ay =ajy; x APIE

Results and Discussion

Figure 2 shows some validation results for products distribution of catalytic cracking of
industrial feedstocks. The model of the riser used for simulating the industrial cases has been
presented in previous works (Fernandes et al. 2005a and 2005b) and assumes that both gas
and catalyst are in plug flow along the riser.

In this modified model new orders of reaction, nj;, were estimated for each lump i— lump j

reaction, as also the parametersa,_,; and 5,_,; in equation 3.

Predicted results showed that the feed VGO reacts to give products (FG, LPG, GLN, LCO
and Coke) with orders higher than 1 and lower than 3.
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Figure 2. Products and coke flows predicted by the model vs. industrial data from Galpenergia for a 5
year period (May 2000 until May 2005).

Considering the large period of time used for parameters estimation, the model shows a very

good agreement with industrial data.
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Conclusions

This work shows that the simplified 6-lumped kinetic model is capable of predicting the
major classes of cracking products in a large period of operation of an industrial FCC unit.
The influence of a characteristic property of the feedstock in products distribution was
included in the model by taking into account the refinery routinely available API gravity

parameter in the kinetic constants calculation.
Nomenclature

A;;: Pre-exponential factor of the reaction i—j (s or m’s”'kg"); a; and b;: kinetic parameters for 4;
calculation; Ej;: Activation energy (J/mol); C;: Mass concentration of lump i (kg/m’); n;: Order of
reaction; R: Universal gas constant (Jmol'K™) r;j : Rate of reaction i—j (kgm3s™); Tis: Riser
Temperature (K); Y, “: catalytic coke content on catalyst (kg/kg); o: deactivation constant; @:

Deactivation function
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fax: +7 812 2330002, e-mail: ivanchev@SM2270.spb.edu

Emulsion polymerization as a method for the preparation of polymer systems is attractive
for researchers within a long time since the capabilities of the relating versatile approaches are
far from exhaustion. Important advantages of emulsion polymerization technologies include
their safety, environment friendly nature and possibilities for obtaining products in
industrially applicable forms of latexes or water dispersed polymeric materials. For the recent
two decades processes for obtaining such promising systems as latexes with a radial gradient
of the chemical composition in the polymer particle, hollow particle latexes and latexes for
the production of coatings with special properties have been developed and commercially
implemented.

This report presents a consideration of the emulsion polymerization peculiarities in
respect of the formation and functioning of the system of microreactors where the processes
of polymerization initiation, proceeding and yielding of the resulting product take place.
These microreactors are represented by growing polymer-monomer particles arising on the
basis of micellar structures or microdroplets.

The main approaches to the selection of emulsion polymerization system recipes
providing the change or control of the size and size distribution of the particles acting as
microreactors during the process are discussed. Different variants of the distribution of the
polymerization system components responsible for the possibility of the polymerization
elementary reactions (initiation, propagation, termination) localization in microreactor areas
are considered. These factors afford the control over the emulsion polymerization kinetic
behavior and processes taking place in the system of microreactors.

The possibilities and conditions for obtaining monodispersed latexes or polymer
dispersions are also discussed. The process providing core-shell latex systems with adjustable
radial gradient of the copolymer composition inside the particle and conditions for the
preparation of hollow particle latexes are analyzed.

The suggested microreactor concept is considered in comparison with the theoretic

notions conventionally used in the study of emulsion polymerization.
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CARRY OUT CATALYTIC EPOXIDATION IN REACTION
CALORIMETER: KINETICS AND MECHANISM STUDIES

Chee Wee Quah, Jie Bu

Institute of Chemical and Engineering Sciences, 1, Pesek Road, Jurong Island,
Singapore 627833, DID: +65 67963951, Fax: +65-63166185, bu_jie@ices.a-star.edu.sg

Epoxides are known to be valuable, versatile building blocks in organic syntheses and
significant attention has been given to developing efficient catalysts for epoxidation of
olefins'~. Aside from dioxygen, hydrogen peroxide is probably the terminal oxidant of choice
with respect to environmental and economic considerations. Recently, Burgess’ group
reported the epoxidation of alkenes with H,O,, using manganese salt and bicarbonate as
catalysts®. The system for epoxidation that uses hydrogen peroxide in conjunction with ligand
free and cheap catalyst, relatively nontoxic metals, therefore, have the potential to be viable
for the large scale production of inexpensive products, as well as for more specialized
applications in development, process, and research. In this study, the catalytic epoxidation of
styrene using MnSQy, bicarbonate and H,O; (30%) oxidant was carried out in the reaction
calorimeter (RCle as shown in Fig.1). RCle is a well-designed, precise jacketed calorimeter
equipped with accurate control of temperature, pH sensor, on line FT-IR and a digital gas
flow meter. This reactor is best suited for the study of exothermic release of heat energy in
manganese-catalyzed epoxidation and H,O,-buffer feeding to the reactor can be carefully
controlled to prevent reaction runaway.

25 oC, pH=8-9
>c=c¢l* HOp——~ g—c<

in-sif infrared (& g/ Mn2* / HCO +
spectoscopy iy n 3
ecioscop) i\ H,0
G Scale up
Conversion: 100%
sampling Product: 50 g/L
followed by
GC, HPLC, .
NMR... heat gnu' dC et
rl i _.‘ﬁHl"_
Organlc
Figure 1. RCle equipped with on-line analyzers Scheme 1. Scale up of epoxidation process

With the safety controls design in RCle, the study on the mechanism and kinetics of

catalytic epoxidation was carried out by in-situ FT-IR, 13-C NMR analysis and calorimetric
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data. Epoxidation in RC1 shows that scale-up can be potentially achievable up to 50 g/litres
and 100% conversion with optimization of the DMF: H,O ratio as shown in Scheme 1. For
mechanistic studies aided by on-line analyses, experiments indicate that the catalytic reactions
consist of 2 steps — (1) Formation of catalyst phase and (2) Epoxidation reaction. A possible
oxomanganese complex (Phase A, Mn-Cpx) is formed. By feeding styrene and H,O, into the
mixture, containing phase A, a high conversion of epoxide (up to 90%) was observed, which
implies that phase A plays the role as catalyst for epoxidation. Figure 2 shows the changes of
heat flow and the conversion of epoxide during the reaction. Three distinctive peaks were
observed. The first peak indicates the formation of catalyst agent (phase A) and the second

peak shows the heat generation for the formation of epoxide.

4 100

o) /
35 /\
3] Formation of 80
Phase A
Epoxidati
’§257 \l/ poxidation o < .
8 @ H
i 0—0

: Y d

% 15 Lo X HCO; \o)\o

i ' 2 A

1 4 H2o2
t20
0.5

0 \ \ \ \ 0 Heo:
0 20 40 60 80 100
H,0
Time (min)
Figure 2. Reaction carried out in RCle Scheme 2. Proposed mechanism

Calorimetric experiments confirmed that bicarbonate (HCOs3") plays an important role in
transferring an oxygen atom (from H,0O;) to C=C, i.e., bicarbonate reacting with H,O,
generates peroxymonocarbonate (HCO4)*>, which then reacts with Mn*" to form manganese-
peroxycarbonate complex (phase A), acting as catalyst agent to donate the oxygen to the
olefin. The proposed reaction mechanism is fully shown in scheme 2. Evidence for the

presence of this HCOj4 species and the Mn-complex was shown in the NMR spectrum in

Figure 3.
H"”CO; (o in DMF H"CO; (o + H,0,> H®CO, H"”COy (59 + Mn™ ;) > Mn-Cpx
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8.0x10° 4x10°4 X
160 ppm 160 ppm 15x1074
6.0x10°4 > 3x10° >
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2.0x10°4 1x10° 4 H586 ppm 5.0x10" 1
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Figure 3. 13-C NMR spectrum
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Based on this proposed reaction mechanism in Scheme 2, the reaction kinetics was

studied and monitored using FT-IR spectroscopy as shown in Figure 4.

Rate Expressions

- K, -
HCO3 + H202 _ HCO4 +H20
k'1
- 2+ k2 +
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. 0 -
/=—\ + wMncO, + H __°_ A + Mn® + HCO,

Overall Rate o
/=—\ + H0, —=  /\ + OH,
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Figure 4. FTIR Spectrum ( 3-D) Figure 5. Reaction concentration profile

Chemometrics method was applied to convert the FT-IR spectrum (Fig.4) to the
concentration profile of styrene, epoxide and by-product (Fig.5). Subsequently, the overall
reaction rate constant, k, could be calculated as 1.4 L/mole.hr. The simulated curve of styrene
concentration matches well with the experimental data as illustrated in Figure 5. The kinetic
study of this cheap and efficient catalytic epoxidation enables reactor design and sizing for

future potential scale-up operations.
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CATALYST DEACTIVATION WITH RESIDUAL ACTIVITY

History, models, mechanisms and examples

N.M. Ostrovskii
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The nature of catalyst deactivation with residual activity is analyzed, several models and
mechanisms are proposed, and examples of industrial processes are presented

Scope of problem
It is observed in many processes that the catalyst is not completely deactivated, but

reaches a “stationary” or “residual” activity (fig. 1,2).
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O - Pt-Re/Al
t-Re/AlL O - 140 A - La-PdO/ALO;
¢ - Pt-Sn/Al =
0o t-Sn/AL O3 S 130 O - PdO/ALLO3
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0e g 120 | OA
£ 110
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4, ka/ke Time on stream, h

Fig. 1. Relative activity in heptane reforming  Fig. 2. Oxidation rate of CH4 over Pd catalysts at
vs. feed loading. From [1]. 1123 K vs. time. From [2].

The existence of a residual activity was mentioned as yet in the fifties, but the suitable
models and explanations were published only in eighties [3-6].

There are two explanations of residual activity: 1 — the presence of active centers that
are not deactivated, which is wrong in most cases; 2 — the presence of reversible deactivation.
This reversibility of deactivation is not the catalyst ability to be regenerated. It means that
along with catalyst deactivation a certain process of recovery of active centers takes place
during the reaction. That is the process of “self-regeneration” [1,6] because it is provided by
the catalyst itself and with the assistance of some reagents taking part in the main reaction.

For example, in almost all hydrogenation processes the catalyst deactivation by surface
oligomers is accompanied by self-regeneration due to the saturation of oligomeric precursors

by hydrogen that is activated on the catalyst.
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The same mechanism of self-regeneration takes place in processes of naphtha
reforming, hydrotreating of distillates, paraffins isomerization and others, where the hydrogen
exceeds in circulating gas. Here the hydrogenation of coke precursors causes the self-
regeneration [8].

Another agent is water steam that provides the catalyst self-regeneration in methane
steam reforming and in some dehydrogenation processes due to the coke gasification. Finally,
in many deep and partial oxidation processes, the oxygen is not only the main reagent, but
also the agent of catalyst self-regeneration.

In all these processes the “stationary” or “residual” activity (as) is achieved when the

rate of deactivation (7p) becomes equal to the rate of self-regeneration (ry):

1
Fig. 3.
a ) The illustration of stationary (residual) activity.
a
a(t) = r(?)/r° — relative activity;
das as=a(t>1ts); t>ts: rp=rg.
0
0 Is t

Several problems of catalyst deactivation kinetics can be solved easily using term of
residual activity: (i) the treating of experiments become convenient and more descriptive; (ii)
deactivation models become simpler for interpretation and for estimation of parameters; (ii1)
the border between catalyst deactivation and ageing gains in physical meaning.

Mathematical model

A general equation applicable to any linear mechanisms has been derived in [5,6]:

-1
da _ 1", d-ds aS:[1+ ”OWDJ . (1)

- b
dr  w; l—ag W, We

In the case of any linear mechanism of main reaction and nonlinear binary deactivation
step ¥p = wp ©; O, the equation has the following form [1]:

_da () WD(az—aﬁ l—a} @

di ww; l-ag

There is no general equation if the mechanism of main reaction is nonlinear. However,

if adsorption steps are in equilibrium, the same binary deactivation step rp = wp &; 6 yields:
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ar ww, Sl—\/g

It 1s more convenient for practice to express the relative activity (a) in terms of some

_da_ (") WDJZ(a_a 1‘@]. 3)

measured parameter, for example conversion at the reactor exit (X). The relation a = f (X)

depends on reaction kinetics and the type of reactor [1,7]. In the case of single first order
reaction r =k CAU (1-X)a:

in gradientless reactor k7=X,/(1-X,), and

azl_Xo X ’ aS:l—Xo X : @)
X, 1-X X, 1-X;
in plug flow reactor k7=—1In(1-X,), and
In(1-X) In(1-Xy)
ay=—F—+x, agy=——><. 5
@) In(l-X,) (s In(l-X,) ®)
Then the deactivation equation in term of conversion takes the following form:
. . ax X-X
in gradientless reactor: =X (1-X) (X)) ———5 | 6
. X 0-x) () ©

where rp(X) =kp C, AO — independent deactivation; »p(X) =kp C AO X — deactivation by product;

rp(X) = kp CAO (1-X) — deactivation by reagent.

: ax 1-X 1-X, ) In(l-X,
in plug flow reactor: E: ‘//D(X) [lnl—XS /lnl—XSj ln((l—X))’ (7)

where yp(X) = kp c, (1-X) In(1-X) — independent deactivation; wp(X) = —kp C/ X (1-X) —
deactivation by reagent; wp(X)=kp C AO (1-X) [X + In(1-X)] — deactivation by product.
Note that in (7)

In 1-X lnl_X" _ <a>_<aS>, and ln(l_Xo)zi'
1-Xy/ 1-Xg)  1—(ag) n(l-X) (a)

Residual activity

According to (1) the residual activity depends on the ratio of deactivation and self-
regeneration rates wp /wg , and also on the reaction rate °/w;. In most cases the j-th step
coincides with the rate-limiting step, then 7°/w; = 1.

For example, in the case of heptane reforming (fig. 1) [1,6]:
. 1
S = s
L+ kpYys kY,

(8)

where Yys, Yy, are mole fractions of Ns-naphthenes and of hydrogen. Hydrogasification of

coke in heptane reforming has been studied in [8], and the effect of Yz, was examined.
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Similar approach was proposed in [9,10] for the deactivation of supported metals by

sintering, using the term of residual metal dispersion (Dss):

dD 1
- — = D—-Dg), Do=D, ————; 9
di ‘//G( SS) SS T e )

where ws, yr are functions of sintering and redispersion rates.
When the activity falls due to reversible deactivation and irreversible ageing, the
residual activity will also change slowly (like in fig. 2). It is possible (using term ay) to split

the complex model of such a phenomenon in two independent equations [1]:

deactivation period ( 7 <ts): _da ~ L (WD + wA) a”ds ; (10)
. . da  r° ag
ageing period ( > fs): - — W a. (11)

y
dar  w; l-ag

It means that the reaction is quasi-steady state with respect to deactivation (rp= rg <<r)
and similarly deactivation is quasi-steady state with respect to ageing (r4 << rp = rg).

Models like (10,11) are applicable to many industrial processes in which “quick”
deactivation is caused by poisoning, coking, surface or subsurface phase transitions, and
“slow” ageing is caused by sintering, bulk phase transitions, pores plugging, etc.

Several examples of application will be presented in the report.

Nomenclature
a = r/r’ — relative activity of the catalyst; 7, 7’ — current and initial reaction rate; w; = /@ — weight
of key step in reaction mechanism; rp , g — rates of deactivation and self-regeneration; &, —
intermediate (coverage) taking part in deactivation; wp = rp /@, wg = rg /Gp— corresponding
weights; k, kp — constants of reaction rate and deactivation; 7 — contact time; X, X,, X5 — current,

initial and residual conversion at the reactor exit; (a) — mean integral activity of catalyst bed; wy —
weight of ageing step.
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OSCILLATIONS IN CATALYST PORES:
FROM THEORY TO PRACTICE
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Fax: ++49 921 55 74 35. Email: datsevich@gmail.com, datsevich@uni-bayreuth.de

The oscillation theory predicts that in multiphase reactions on a porous catalyst with gas
and/or heat evolution, the alternating motion of liquid with velocities of 10-100 m/s at
frequencies more than 1 Hz can occur in pores, caused by periodical formation of gas/gas-
vapor bubbles. Such behaviour differs very much from the conventional models and
fundamentals used for description of chemical processes inside and outside the catalyst
particles (e.g. the Thiele/Zeldovich model (TZM) and the approaches to external and internal
mass transfer correlations).

In opposition to TZM where the delivery of reacting species to active centres is carried
out by comparatively slow molecular diffusion, the oscillatory motion of liquid in the parts of
pores alongside the particle shell (in the distance of oscillation penetration) leads to a
significant acceleration of internal mass transfer. That results in a change of the macrokinetic
mechanism and increases the overall reaction rate. The theoretical predictions concerning
internal mass transfer have been confirmed by the in-situ NMR observations and by the
experiments with the deuterium oxide exchange.

Fig. 1 shows an extremely chaotic pattern inside the catalyst particle in the reaction of
hydrogen peroxide decomposition; the distance of oscillation penetration can also be
distinguished (during the presentation, the movie will be demonstrated). The experimental results
of the deuterium oxide exchange are presented in Fig. 2. As can be seen, the more the reaction
rate (more intensive oscillations), the higher the values of the effective diffusivity are observed.

Oscillations in pores not only affect the mechanism of internal mass transfer, but also
have a strong impact on external mass transfer. Because of liquid motion in pore mouths, the

flow around the particle is severely disturbed. That causes a vigorous turbulence in the
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boundary layer, which, in turn, leads to a tremendous increase in mass transfer coefficients.
The dispersion coefficient (effective diffusivity) outside the catalyst pellet alongside its shell
is measured by the NMR technique. Depending on the reaction rate, the oscillations can
produce up to a 500-fold increase in external mass transfer (Fig. 3). It is noteworthy that the
influence of hydrodynamic properties in a reactor on external mass transfer can completely be
overwhelmed by the impact of oscillations (Fig. 4).

From a scientific point of view, the importance of the oscillation theory is not only that it
explains the phenomena related to mass transfer, but also that this theory explicates some
other physicochemical features observed in practice (e.g. catalyst destruction due to
cavitations, macrokinetic dependences, etc.).

The most important issue for practice is that the oscillation theory indicates the distinct
ways for process intensification by a special pore design (Table 1) or by induction of

oscillations (even if a reaction runs without them) with the help of some physical methods.

Table 1. Reaction rates of original and modified particles.
Reaction: hydrogenation of 1-octene to n-octane.

Catalyst: NISAT (Stid-Chemie) 6 mmx6 mm

Experiment Roriginal Rinodificd Intensification factor
(mol/s) (mol/s) Rinodified /Roriginal
Pl 2.93x10° 4.35x10° 1.48
P2 2.5x10° 7.75%10° 3.1
P3 4.53x10°° 7.49%x107° 1.65
P4 6.82x10° 8.39x10° 1.23
P5 5.11x10° 10.57x10° 2.07
P6 6.06x10° 10.23x10°® 1.69
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Fig. 1. Spatial distribution of liquid in the catalyst
pellet (Fe/Al,O;, 4 mmx4 mm) in the course of
hydrogen peroxide decomposition.
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peroxide decomposition. Catalyst: NISAT (Stid-Chemie)
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MATHEMATICAL MODELING OF SPATIO-TEMPORAL PATTERN
FORMATION IN THE NO+CO/Pt(100) REACTION

Kurkina E.S.

Lomonosov Moscow State University, Moscow, Russia

The present work is aimed at modeling of spatiotemporal concentrations patterns arising
on the Pt(100) single crystal surface in the NO+CO reaction. Recent investigations with the
photo-emission electron microscope (PEEM) have revealed a rich variety of wave trains,
spiral waves, fronts, chemical turbulence and others structures during this reaction [1]. A
four-variable mathematical model of the reaction-diffusion type was studied to describe the
self-organization phenomena [2]. This model is based on the previously developed space-
independent model, which provides very good agreement between simulation results and
various experimental facts measured on a macroscopic level. The point model successfully
reproduces temperature programmed desorption (TPD) spectra, hysteresis phenomena,
oscillatory behavior, the dependence of period of oscillations upon temperature and reactant
partial pressures, the explosive development of the reaction etc. The nonlinearities of the
mathematical model associated with lateral interactions play a crucial role in an adequate
description of complex dynamical behavior of the system.

To study the spatial behavior of the system, the diffusion terms which take into account
the influence of site-blocking on the diffusion rates, were included in the model. Under
certain condition the distributed model demonstrates an excitable dynamics. Solitary pulses,
fronts, wave trains, spatiotemporal chaos (STC) and other spatiotemporal patterns were
detected. Travelling pulses, their domain of existence, instabilities and bifurcations were
investigated in the present work. Pulses are considered as solutions of the system of four
second order differential equations with the Neiman boundary conditions in large domains in
a moving frame. The evolution of the traveling pulse solution with the changing of a
parameter was investigated by means of path-following algorithm for the travelling wave
ODEs and direct simulations in the full partial differential equations (PDE) frame with
periodic boundary condition on the large domains. Several bifurcations of pulse solutions
were revealed and examined: a saddle-node bifurcation leading to the coalescence of stable

and unstable pulses, a bifurcation in which a traveling-pulse solution ceases to exist as it
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merges with an unstable spatially uniform steady-state solution, a bifurcation through
transformation of a traveling pulse into a traveling front, etc. In particular two scenarios of
transition to spatiotemporal chaos were examined. In the first case chaos observed in the
domain of multiple spatially uniform steady states. At the bifurcation point, a branch of stable
solitary pulses collides with a branch of unstable fixed points, and a double heteroclinic
connection appears in the phase space. After the critical value of the parameter is passed,
pulse solution disappear and chaos develops in the system.

In the second scenario of transition to spatiotemporal chaos stable solitary pulses
transforms to modulated traveling pulses (MTP), due to a supercritical Hopf bifurcation. The
further changing of parameter leads to a cascade of period-doubling bifurcations of the MTP
and chaotic MTP is appeared. Finally, at some value of parameter the chaotic MTP begins to
split and as a result the complicated dynamics corresponding to spatiotemporal chaos is
observed. The spatio-temporal evolution of the system in the chaotic regime was examined.
The bifurcation analysis revealed all participants of this process such as stable and unstable
homogeneous states and pulses which are the driving forces of STC dynamics. It was revealed
self-replicated processes (SRP) and front emitting waves (FEW). Also an annihilation of two
pulses and so called ‘backfiring’” phenomenon there were detected in the model. The
considered model usually demonstrates STC dynamics of traveling type with annihilation.

2D computations revealed a variety of spatiotemporal patterns in the considered model.
They are the one-hand and two-hand spiral waves in a self-oscillating medium connected with
the self-oscillation region in the point model of the reaction, and spiral and spot chaos in an
excitable medium.

It was shown that the new reaction-diffusion model actually describes the some main
features of the experimental PEEM observations. In addition the simulation predicts various
interesting phenomena such as formation of localized pulses (stationary, oscillating and

chaotic) which probably can be discovered during experimental studies in future.
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OXIDATION OF CH4 ON Rh FOAMS
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1. Introduction

The production of synthesis gas from methane by Catalytic Partial Oxidation (CPO) is a
process of growing importance because of the role of natural gas as an energy carrier and
chemical feedstock. In contrast to steam reforming (CH; + H,O — CO + 3H, (AH = +206
kJ/mol)), the CPO reaction is exothermic (CH; + % O, — CO + 2H, (AH = -36 kJ/mol)).
Steam reforming on Ni requires contact times in the range of 1s to achieve sufficient
conversions. For the CPO reaction on Rh, CH4 conversion close to 100 % and selectivities to
H; and CO, both > 90 %, can be achieved in a few ms [1] so that CPO reactors can operate
autothermally and are much smaller than steam reformers.

There is still a debate about the mechanism of the CPO reaction. A direct (partial oxidation)
mechanism and an indirect (combustion-reforming) mechanism are discussed in the literature
[2]. The direct mechanism assumes that H, and CO are primary reaction products formed in
the hot oxidation zone at the catalyst entrance. The combustion-reforming mechanism
postulates total oxidation of CHy at the catalyst entrance to CO, and H,O, followed by steam
and CO; reforming to H, and CO. Here, H, and CO are secondary reaction products. This
paper presents spatial profile and transient measurements on autothermally operated Rh
coated foam catalysts. The goal of these measurements is to obtain insight into the reaction

mechanism under conditions as close to a practical application as possible.

2. Experiments

To verify the presence of different reaction zones in the catalyst, temperature and species
profiles have been measured. These profiles are, to our knowledge, the first measured on foam
catalysts. A fine quartz capillary (0.d.=0.8mm) enclosing a type K thermocouple is moved

with sub - mm resolution through a slightly larger channel drilled through the monolith.
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The quartz capillary is connected to a capillary sampling quadrupole mass spectrometer.

Figure 1 shows the experimental setup. The ﬂmlw'

transient measurements shown here have been il Gi

done in an integral mode, i.e. the composition at .| e :::"' .

the reactor outlet was measured. Figure 2 shows oot capitany . || £+ ront heat sieta

the reactor configuration. Transient o :—2_ fusad silco caplory

measurements at different positions in the ! mm_ ] G g mﬂ!mm“

catalyst by combination of both experiments are " micrometer

currently being performed. The C/O ratio has o l J

been changed stepwise by switching the CHy Fig. 1 setup for profile measurements

mass flow controller, keeping the other flows thun'll'tr:::rupll

constant. The transient data shown in Figures 4

and 5 were measured with a response time of

~1s. For the newly developed capillary system K

(Fig. 1) MS response times of 50 to 100 ms ~=— insulation

were measured. Thus transient experiments with et~ front heat shield
= catalyst

capillary sampling will give one order of 3~ back heat shield

magnitude better time resolution. Rh coated o- [

alumina foams of 16 mm diameter with 80 100

pores per linear inch (pore diameter ~ 0.3 mm)

have been used for all experiments. The metal to MS -— =

loading was typically 5 wt-%. The foams were 5 e

tharmocouple

mm long for transient experiments and 10 mm . .
Fig. 2 setup for transient measurements

long for profile measurements.

3. Results & Discussion

a. Temperature and Species Profiles

Figure 3 shows a typical profile along the catalyst axis, measured for a total flow of 5 I/min
and a C/O ratio of 1.0 . Argon is used as internal standard. The Ar to O, ratio of 3.76
simulates air. The profiles reveal interesting details. Oxygen is fully converted within 0.5 mm
of the catalyst entrance. CO, is formed in the oxidation zone and remains constant afterwards.
Thus there is no indication of CO, reforming and water gas shift. CO and H; are formed in the

oxidation zone and also after total O, conversion by steam reforming. The H,O profile
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(calculated from the O balance)

e front heat shield catalyst omply space
shows a net formation of H,O in Bt 4 800
—a—CH,
the oxidation zone followed by  *"[3Z¢° 700
L |
its consumption in the reforming < o _::E;; i
zone. Approximately 1/3 of H, 3 [ i - 500
pp y R e g
and 'z of CO are formed in the é 400§
]
oxidation zone. At the point of § %04 4 300 E
= 2
total O, conversion (0.5 mm) the & sl - 200
CO profile shows a pronounced - 100
0.00 1
change in slope whereas H, does T - 0

6543210123465 678 81011121314
not. The CO slope decrease position | mm
indicates that CO is partly a

Fig. 3 species and temperature profiles, C/O=1, 5 I/min
direct oxidation product and
partly formed by steam reforming. When direct formation ceases due to absence of O,, the
CO formation rate is reduced to the reforming contribution. The H, formation pathway can
not be concluded directly from the data. H, may be formed as a direct product by immediate
recombination of two H atoms or indirect by steam reforming after a kinetically faster
intermediate H,O formation.
The conclusion from the profiles is that the methane CPO proceeds via a mixed mechanism of
direct oxidation and steam reforming at these temperatures. An oxidation zone ~0.5 mm thick
and a steam reforming zone ~4 mm thick can be identified. H, and CO are formed in both
zones, but in different molar ratios. The H,/CO ratio in the oxidation zone is about 1 but
increases in the reforming zone up to a final value of about 2. A clear separation between a

total oxidation zone with H,O and CO, formation followed by a reforming zone with H, and

CO formation as suggested by the combustion-reforming mechanism is not observed.

b. Transient Experiments

The transient data support the result of the profile measurements, that steam reforming has a
contribution to synthesis gas formation, but also reveals new aspects of the reaction. Figure 4
shows a transient experiment with a C/O switch from 0.6 — 1.0. Fig. 5 shows the H; signal for
switches up to 1.4. O, consumption is 100 % for all experiments. Diffusion, adsorption
reaction and desorption processes proceed on a ms time scale or faster and are not resolved by

the measurements shown here.
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u‘—.ﬂ.r —EI::—IZ:H‘— C”j.n

chemical changes of the
catalyst may proceed in a
time scale that is reflected
in these experiments. As

shown in Fig. 4, methane

and water increase

exponentially after the

switch from C/O 0.6 — 1.0.

L | T I B E—— 1 1
0 40 B0 130 160 200 2480 B0 A2
time [ &

Fig. 5 H, signal for high C/O switches

e i s

Fig. 4 transient experiment C/O switch 0.6 — 1.0

H,O shows a sharp undershoot and then
increases, CHy4 rises from zero. H, and CO fall in
the same manner after a pronounced overshoot.
The curves are parallel (H,, CO) or anti-parallel
(CHs, HO) to the measured back-face
temperature. These transients reflect the
contribution of the highly endothermic steam
reforming to the syngas production, because the

temperature dependence of this reaction is

strongest. New and surprising are the H, (Fig. 5) and CO overshoots (not shown) after

switching back from high C/O ratios (21.2) to 0.6. One possible explanation is that CiH,

species build up at the high C/O ratio which are removed as CO and H; after switching back

to excess oxygen at C/O = 0.6.

The spatial and transient experiments reveal each on its own interesting details about the

reaction. Coupled spatially resolved transient experiments will supply even more information.

'D. A. Hickman, L. D. Schmidt, Science, 1993, 259, 343.
2 A.P.E. Yorck, T. Xiao, M. L. H. Green Top. Catal., 2003, 22(3-4), 345.
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Department of Computational Mathematics & Cybernetics, Moscow State University,
119899, Moscow, Russian Federation
*Institute of Chemical Physics, Russian Academy of Science, Kosygina Str. 4,
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In the last years the oscillatory behaviour during methane oxidation was discovered by
different groups of experimentalists over variety of Ni catalysts including wires, foils, foams
and the review of experimental results can be found in the paper of Zhang et. al [1]. Although
the properties of oscillations described by various groups were different in all studies it was
generally suggested that oscillatory behaviour over Ni catalysts originates due to the repetitive
cycles of oxidation and reduction of the metal surface. However no any mathematical model
of this process producing the oscillatory behaviour has been developed and the detailed
mechanism of oscillations has not been understood. The goal of this study is to develop the
mathematical model, which can produce the oscillatory behaviour during methane oxidation
over Ni catalysts at realistic values of parameters and to explain the possible origin and the
mechanism of the observed reaction rate oscillations.

Recently Bychkov ef al. [2] have studied the oscillatory behaviour during methane
oxidation over Ni foam using thermogravimetric analysis combined with on-line mass-
spectrometry analysis of the gas phase. It was shown that oscillatory behaviour of the weight
was defined mainly by the amount of oxygen associated with the nickel oxide in the catalyst.
It was also discovered that the maxima in temperature oscillations corresponded to the
maxima in weight oscillations, i.e. to the oxidised state of the Ni catalyst. Mass-spectrometric
analysis of the obtained products revealed that maxima in the rates of CO, and H,O coincides
with the maxima of weight and temperature (oxidised state), while maxima in CO and H;
production rates correspond to the minimum weight and temperature oscillations (reduced
state). Basing on these experimental and literature data it was suggested that nickel catalyst
contains both oxidised and reduced surfaces (Ni’/NiO surface). On the reduced surface steps
1-6 proceed including CH4 and O, adsorption, step 7 describes the transformation of the
adsorbed oxygen into the nickel oxide and finally steps 8-10 correspond to the reduction of

the nickel oxide.
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—

CH, + 5[Ni’] > [Ni’-C] + 4[Ni’-H]

0, + 2[Ni’] - 2[Ni’-0]

2[Ni’-0] — 0, + 2[Ni"]

[Ni’-C] + [Ni’-0] - [Ni’-CO] + [Ni"]

[Ni’-CO] — [Ni’] + CO

2[Ni’-H] > H, + 2[Ni"] (1)
[Ni’-O] + 2[Ni’-H] — 3[Ni’] + H,O

[Ni’-0] = NiO

4[NiO] + CHs— CO, + 2H,0 + 4[Ni’]

2[NiO] + [Ni’-C] — CO, + 3[Ni’]

0. [NiO]+2[Ni’-H] — 3[Ni’] + H,O

To simulate the surface phase transitions the variable s, 0 < s < 1, indicating the

N DN
= -

=0 0NN kW

fraction of the reduced surface was introduced. Correspondingly, s, = 1—s denotes the fraction
of the oxidized surface. The variables x;, x», x3, x4, indicate the average coverages of C, O,
CO, and H on the reduced surface. The relation with respecting coverage on the whole surface
Xi is the following: X; = x;s. The equations for the evolution of x; consider the fact that x; can
change not only due to the surface reactions, but also due to the variation of the area of the
reduced surface. In this case the mathematical model, corresponding to the mechanism (1) and
describing the dynamic behaviour of the surface coverages, catalyst temperature, partial
pressures of reactants can be formulated as follows:
§s'=—R;+4Rg +2Ry + R = [,

x{ =R R —R9/S—x1(fs/S),
x5 =2R,—2R , —R;— Ry —R7/S—x2(fs/S),

Xy = Ry~ Ry —x;(/, /s),

Xy = 4R —2Rs —2Rs — 2Ry /s — x4(f, /) )

T'=a(Ty-T)+ ﬂSZle%Ri + ﬂz;o%'Ri-

pi=7"(Peyra— p1)— ysR — 7Ry,

Py =7"(Pos—p2)=7s(Ry —R_,).
Here Pcua, Poa, and Ty, indicate the partial pressures of CH4 and O, in the inlet gas mixture
and initial gas phase temperature. p; and p, denote the partial pressures of CH4 and O, in
reactor, and 7 — the catalyst surface temperature. o = (hS)/(WC,); B = (SNYI(WCy); v =
(SNRTy)/V; = V/F, where: h is the heat transfer coefficient, S — the catalyst surface area, W —
the catalyst weight, C, — the catalyst heat capacity; N — the adsorption capacity of Ni; R — the
universal gas constant, J — the reactor volume; F' — the flow rate of the reactant mixture, g; —
the heat effects of the corresponding studies of the reaction mechanism.

The results of mathematic modelling are demonstrated in Figures la, 1b. The model

produces oscillatory behaviour at realistic experimental conditions and values of parameters.
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Figure 1. a) Calculated variations of temperature and partial pressures of reactants at Pcy, = 570 Torr,
Py, =190 Torr, Ty = 1023 K. b) Simulated oscillations of reduced surface s and surface species coverages x;s.

The mechanism of oscillations may be presented as follows: during the period of time
1-2, the system is in the so-called “oxidised state”. Here the temperature increases due to the
exothermic reactions, proceeding on the NiO and the oxygen concentration in the gas phase
decreases. At some temperature the rate of the catalyst reduction becomes larger than the rate
of the catalyst oxidation and the system moves to the so-called “reduced state” indicated as 3-
4. At this point the temperature decreases, because less exothermic reactions producing CO
and H; occur on the reduced Ni surface. Although CHy is in the excess in the gas phase, the
concentration of O surface atoms increases, while the concentration of C atoms decreases.
This is the result of the competition of CH4 and O, for the free sites. As O, adsorption needs
less free active sites, at some temperature the surface is covered by oxygen and the system
moves to the oxidised state.

The results of mathematical modelling showed that the thermokinetic oscillations
during methane oxidation originate on the “reactor level”. This means that the pressure
variation in the reactor is the essential condition for the appearance of the oscillatory
behaviour and parameters of the reactor play the important role in the generating of the
oscillatory behaviour.
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Introduction

Crystallization in a fluidized bed reactor (FBR) has been used in different water and
wastewater treatment plants, including water softening of drinking water, phosphate and
fluoride removal, and heavy metal recovery from wastewaters. When it is compared with the
chemical precipitation process, the major advantage of this technology is the decrease of
sludge formation, the simplification of the materials recovery procedures and the reduction of
solid wastes.

In the modeling, design and control of a FBR for water treatment it is necessary to study the
particle growth kinetics. The properties of the particles in a crystallization process depend
mainly on the crystal growth rate and nucleation kinetics, which control the final properties of
the solid product. The crystal growth is a complex mechanism that includes many factors
depending on different variables: dispersion, supersaturation, crystal size, solution velocity,
admixtures, magnetic field, temperature, and pH. The model allowing the mathematical
description of the variables is still very complex and a general expression of crystal growth is
difficult to establish, especially for sparingly soluble systems.

This work summarizes the experimental study of crystal growth of calcium fluoride on
granular calcite as seed material in a FBR. It has been studied the influence of the main

variables on the crystal growth and a mechanism of crystal growth has been suggested.

Materials and methods

The Fluidized Bed Reactor (FBR) is based on the crystallization of CaF, upon seed material
instead of mass precipitation in the liquid phase [1,2].

The laboratory FBR consists of a methyl methacrylate cylindrical vessel partially filled with
granular calcite as the seed material. The fluoride water and calcium reagent solution are
pumped upward through the reactor at a velocity that ensures the fluidization of the pellets so

that cementing of grains is prevented [2].
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A typical run consists of adding about 70g of sieved granular calcite as seed material and

controlling the solution velocity so that the solids are uniformly suspended in the FBR. In

order to determine the influence of the variables on the calcium fluoride growth, the

superficial velocity (SV) in the reactor was changed in the range 21-45 mh’, the initial

particle size (Lo) of granular calcite was between 260-580 um, and the supersaturation (S)

was between 6.4 and 38.5.

During the operation, the grains increase in diameter and fluoride-coated calcite grains

(pellets) were removed from the bottom of the reactor at different times. The pellets were air

dried and the particle size was determined by Laser-Ray Diffraction (Mastersizer S, Malvern

Instruments).

Results and discussion
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Figure 1. [Influence of the (i)

supersaturation, particle size (ii) and
superficial velocity (iii) on the crystal

growth of CaF, as a function of time.

Figure 1 shows the dimensionless particle size of
the pellets as a function of time when the
supersaturation, the particle size of the seed
material and the superficial velocity change. The
superficial velocity in the reactor, the
supersaturation and the initial particle size of the
seed material show an influence in the growth
rate of the calcium fluoride pellets in a FBR.

A general model from the growth has been fitted
according to the following equation:
G:%:Kg Lo syt s (1)
where G is the overall linear growth rate (m-s™),
L is the size of the particle (m), K, is an overall
crystal growth coefficient , and m, n and j are the
crystal growth orders referred to the initial
particle  size, superficial velocity and
supersaturation respectively.

The experimental results have been fitted to the

model by the following equation:

G=2.9610" L}’ SV*¥ ' R*=0.969 (2)
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From Figure 2 it is possible to deduce that the growth
rate increases linearly with the supersaturation. The
reason of this influence can be explained in terms of the
concentration driving force for crystallization [3].
Figure 3 shows that at a given supersaturation and
particle size of seed material, the growth rate increases
with the superficial velocity in terms of the particle
Reynolds number. Mass transfer between fluidized
solid particles and liquid has been studied extensively
over a wide range of Reynolds numbers [4].

It appears that most of the reported experimental data
can be adequately described by the following

correlation:

Sh =B, Re'” Sc'” 3)
where Sh is the Sherwood number, B; is a constant, Re
is the particle Reynolds number and Sc is the Schmidt
number.

The experimental results agree well with the
correlations proposed in the literature. Therefore, the
influence of the superficial velocity on the growth rate
is related to the convective mass transfer.

Results of linear growth rate for different sizes of
granular calcite are depicted in figure 4. The particles
with larger size have higher growth rate than, those
with smaller sizes. The overall linear growth rate may

be the addition of two mechanisms:

G=K,SV*”S+K,SV*SL} 4)

G (10" m's')

Ln (G)

G (10" m's')
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where the first term on the right hand side of the equation arises from aggregation of fines

formed by homogenous nucleation in the liquid phase, and the second from molecular growth

upon the surface of the seed material. Thus, the crystal growth by aggregation is a function of

the superficial velocity and the supersaturation, and the crystal growth by molecular growth is

a function of the superficial velocity, the supersaturation and the particle size of the seed

material. Therefore, the overall linear growth calcium fluoride pellets in a FBR may be
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described according to the flowing equation: 25 _
G=(K, +K, [2)SV*S (5) o]
where K, the crystal growth rate coefficient by ;f 15 | |:|
aggregation, and K,, the crystal growth rate Cf 0. :v/ﬁ g
coefficient by molecular growth, are 2.26:10"° g | //E/

and 2.82:107 respectively. /D/

The correlation between the experimental and "0 s w0 15 2 2

Gpregiced (1070 mrs™)

predicted values of G is shown in Figure 5. The

Figure 5. Parity graph for predicted values of
overall linear growth rate by the proposed model

which agrees well with the experimental data. of crystal growth of calcium fluoride in a FBR.

correlation coefficient of the fitting was 0.980,

Conclusions
Based on the results of this work, it can be concluded:

(1) The increase of the superficial velocity in the reactor, the supersaturation and the
particle size of the seed material leads to an increase of the linear growth rate of the
calcium fluoride in a FBR. The pellets growth in a FBR takes place by aggregation of
fines and molecular growth onto seed material.

(i1) It has been applied a crystallization model based on the aggregation and molecular
growth mechanisms, which allows the introduction in the mass balances of the
industrial process after calculation of the parameters K; and K,. The model is useful

in the design, operation and control of Fluidized Bed Reactors for water treatment.
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In present century, there is a tendency of stable growth of low olefins production
capacities, in particular, ethylene in the Russian Federation. Prices for these products go up as
well. The main industrial process of ethylene production is thermal pyrolysis of hydrocarbons
of gasoline fraction of crude oil. Gaseous pyrolysis products are separated in ethane-ethylene
fraction, propane-propylene fraction and butane-butylene fraction.

Ethane-ethylene fraction usually contains up to 1 % mass. of acetylene. The purification
of ethane-ethylene fraction from acetylene is performed by catalytic hydrogenation reactions.
However, the technology of catalytic hydrogenation of acetylene in ethane-ethylene fraction
needs some improvements due to significant loses of ethylene.

The aim of given research was to develop new catalytic system and improved technology
of the process of ethylene purification from acetylene in ethane-ethylene fraction of pyrolysis
gases without any ethylene loses and even slight increase in ethylene in the reaction products.

First, efficient catalyst composition has been selected. The composition of active centers
among classes of palladium-oxide catalysts, active centers distribution over inner and outer
surface of the catalyst grain, pore distribution, grain size and geometry have been selected.

As a result of this research work, new catalyst sample with 0.04 % mass. of Pd was
synthesized. Micro quantities of metals of I and II group of the Periodic Table served as
promoters in this reaction. & - Alumina oxide was used as a catalyst support. For new catalyst
“CPNM-45" technological production documentation was developed. According to this
documentation 4 tons of new catalyst was manufactured at JSC “Niznekamskneftekhim”.

Second, the detailed mechanism of ethylene and acetylene hydrogenation reactions over
“CPNM-45” catalyst was determined. Kinetic model was derived for the mechanism
proposed. Kinetic parameters were estimated by the results of 48 experiments carried out in
flow circulating reactor operating under pressure. Bartlett and Hagao criteria were used to

prove the adequacy of the model to experimental data.
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Third, efficiency factors of the catalyst grain operation with respect to all reactants and
reaction routes corresponding to final reaction equations were estimated. The pilot plant
reactor with catalyst volume of 4 liters was designed and built. Based on the results of pilot
plant experiments, reactor model macrokinetic parameters were estimated and the model
adequacy to experimental results was demonstrated.

While carrying out pilot plant experiments, the appearance of some periodic oscillation
regimes of the reactor performance was noticed. The reactor model allowed one to determine
physical - chemical nature of the appearance of periodic oscillations in certain reaction zones.

Industrial two sectional reactor of ethylene purification from acetylene with ethylene
productivity of 70000 tons per year was loaded with new catalyst. Reactor start and optimal
regimes of its operation were carried out according to the results calculated due to the model.

Within first 8000 hours of the reactor operation, ethylene increase reached 0.2 % mass,
then for next 8000 hours — ethylene increase was 0.1 % mass. Volumetric flow rate was kept
at 2700 inverse hours. The results of industrial run of CPNM-45 catalyst showed its high
selectivity, activity and the possibility of long and stable service life without deactivation.

Overall run of pilot plant was 35000 hours.
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Abstract

Steam cracking is an endothermic process and is operated at high temperatures. Next
to the intrinsic chemical kinetics, heat and mass transport processes, which are scale
dependent, affect the product yields. Product yields obtained in small and large scale reactors
will only be identical provided that mass and heat transfer processes are similar and the
"chemistry" remains the same. Two different approaches are commonly applied in scale-up
and scale-down: direct experimental scale-up and mathematical modeling. Mathematical
modeling is the most attractive solution because it has the advantage that once the model is
developed, results can be gathered easily and computer simulations take only a limited time.'
One of the major challenges in this method consists of developing a fundamental reaction
network. Moreover fundamental kinetic models work with a detailed feedstock composition
and obtaining this information for naphtha’s, gas oils and VGO’s is not straightforward.
Therefore, direct experimental scale-up remains an interesting option and developing a pilot
plant set-up, although expensive, is still done quite often.”

Table 1: Typical dimensions and operating conditions used in steam cracking reactors of
different scale

Laboratory scale Pilot Plant reactor Industrial
reactor reactor

Reactor length (m) 1-2 10 - 25 10 - 100
Tube diameter (m) 5.10°-1.107 5.10°-2.5107 3.10°-1.510"
Flow rate (kg s™) 5.10°-5.10" 5.10%-1.107 102-1
Pressure drop (MPa) <0.01 0.02-0.06 0.07-0.15
COT (K) 850 — 1100 900 — 1200 1000 — 1200
Residence time (s) 0.1-8 0.1-1 0.1-1
Re 107 4.10°-1.10* 1.10°- 5.10°

Direct experimental scale-up requires little or no mathematical treatment and is based upon a
large experimental data set. A problem is that the differences in dimensions and in typical
operating conditions between industrial reactors, pilot plant reactors and laboratory scale

reactors are significant, see Table 1, and evidently this will result in differences between
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conversions and product yields obtained at different reactor scales. Basically, the direct
experimental scale-up consists in the construction of a small scale unit similar to an industrial
one and operating it under conditions of complete or partial similarity. According to the
theory of similarity, two processes can be defined as similar if they take place in a similar
geometrical space, and if all the dimensionless numbers necessary to describe the process,
have the same numerical value.” The dimensionless numbers can be determined based on a
detailed mathematical description of the steam cracking process.! If a 2-dimensional reactor
model is used and back mixing is neglected, then the dimensionless energy and continuity

equation for a component j are given by:

oC".
i(V'a C")+—ilg ED'—1 |=Da > v, 1,
0z ! e ”

[1]
2w, 0)-For x| =Da, ¥ (-aH)r,,
oz' € 0 o i
[2]
A ' 4 ) Lt |[AH
with: Pe = dtova; DaIILOr—VO; FO:LO 5 and DaH: OV ‘ ! ;
D, L v, C v, ¢ p,d v, ¢ p, T

If only friction with the wall is taken into account and radial pressure gradients are neglected,

the momentum equation can be transformed into the following dimensionless form:

dp', 1/ ¥
=—Iv
dz' Eu( )
[3]
0
with: Eu = d.p,

2fp, (V') L

Analysis of these dimensionless model equations reveals that complete similarity of 2
different tubular reactors is impossible.” All the dimensionless numbers defined in equations
[1-3] correspond with criteria of process-related similarity. Complete similarity requires
geometrical, material, and process-related similarity.” However the criteria corresponding to
process-related similarity, geometrical similarity [equal L/di-ratio] and hydrodynamic
similarity [equal Re-number]| cannot be met simultaneously3’5 and therefore both geometrical
similarity and hydrodynamic similarity are usually abandoned. Scale-up is thus only possible

under partial similarity and inevitably this leads to differences. However, careful relaxation of
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the similarity criteria limits differences between units of different scale. Further analysis of
the dimensionless model equations shows that, even when allowing for hydrodynamic and
geometrical dissimilarities, problems with realizing a similar temperature and pressure profile
remain. Similarity of the radial temperature profile, i.e. equal Pe and Fo numbers, and of the
pressure profile, i.e. equal Eu number, in two tubular reactors for steam cracking implies that
these reactors need to be identical. Hence, two different relaxation strategies are available: the
first one aims at realizing similarity of the pressure profile and neglecting radial non-
uniformities [equal Eu; different Pe and Fo]; the second focuses on similarity of the radial
temperature profile [equal Pe and Fo; different Eu]. Neglecting the similarity of the radial
temperature profile leads to more important differences compared to the differences resulting
from neglecting the similarity of the axial pressure profile. The radial temperature drop in an
industrial reactor differs significantly from the one observed in a pilot plant reactor under
similar operation conditions.’ In the case of ethane cracking, differences between units of
different scale resulting from relaxation of the similarity of the radial temperature profile can
be up to 4.0 % (rel.) for the conversion and up to 1.2 % (rel.) for the ethylene yield. Similar
conclusions are found for n-butane cracking. The preceding insights can be applied to design
a so-called ideal pilot plant reactor for a given industrial reactor, i.e. a pilot reactor with a
similar radial temperature profile as the reference industrial scale reactor. Creating a unit with
a similar radial temperature profile requires that the different reactors have identical
diameters. The length of the reactor can be chosen freely, as long as the pilot plant reactor is
operated under an average pressure identical to that of the industrial unit. However, practical
considerations also affect the design of the pilot plant reactor. The minimum diameter of the
pilot reactor tube is limited by the need to measure process variables, such as gas phase
temperature. As the dimensions of the furnace are limited, the reactor length should not be
more than 20 m long. The recommended range of dimensions and operating conditions of the
ideal pilot reactor are specified in Table 1. Taking into account these practical limitations
result in a recommended length of 20 m and a diameter of 2.5 107 m for the ideal pilot plant
reactor for scale-down of a Lummus SRT-I reactor or a Millisecond reactor. The total flow
rate (hydrocarbons + steam) should be higher than 2.0 10~ kg s to guarantee turbulent flow
in the pilot reactor (Re>4000). Note that, although "ideal", imperfections remain and some
differences between product yields obtained in the pilot plant reactor and the industrial reactor
will always remain as the radial temperature drop is still significantly lower in the ideal pilot
reactor under similar conditions. This pilot plant reactor is also ideal for studying coke

formation but is not perfectly suited to study intrinsic kinetics because in practice it is not
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possible to accurately measure the radial temperature profile at a given axial position. To
study intrinsic kinetics, the radial temperature drop should be kept as small as possible, and

hence, the diameter of the reactor should be as small as possible.
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The catalytic CO oxidation is an important reaction of ecological catalysis demonstrating
complex behavior. Real time observations of supported catalysts, metal tips, nanostructured
composite surfaces, single crystals of Pt-group metals by means of different microscopic
techniques have detected propagating fronts, target patterns, rotating spirals, standing waves,
solitary pulses, chemical turbulence [1]. In order to understand the origin and driving forces
of these non-linear phenomena a new strategy for research of heterogeneous reactions has
been applied [2]. Namely, a system of consistent mathematical models of various space scales
has been constructed and investigated, and a comparative analysis of the reaction dynamics
produced by different mathematical models has been performed. The system includes Monte

Carlo (MC) simulations of a lattice gas (LG) reaction model, mean-field (MF) ordinary

differential equations (ODEs) and reaction-diffusion equations (RDEs).

Fig. 1.

Our investigations revealed three types of oscillatory-like behaviour of the CO+O,
reaction on an atomic scale. In the first case oscillations are caused by chemical kinetics. They
exist both in small scale LG and MF models in the oscillation region of the latter. RDEs and
large scale LG model under the same conditions can reproduce experimentally observed
spatio-temporal structures formation on the micrometer and millimetre scales — travelling

pulses (fig.1, MC data) and spiral waves (fig. 2, MC data).
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Fig. 2.

Two other types of oscillatory-like behaviour on microscopic level are conditioned by
internal fluctuations. Fluctuation-driven transitions from high-reactive stable steady state to
low-reactive one (the second type) occur in the region of bistability of the MF model.
Transitions take place in an immobile adsorption layer and are induced by internal
fluctuations. In the numerical experiments based on RDEs or large scale LG models one can
obtain propagating reaction fronts under the same conditions (fig. 3, MC data).

Fluctuation-induced oscillations of the third type take place in the monostable region of
the MF model in consequence of the excitable nature of the stable steady state. Atomic scale
stochastic models demonstrate excitable dynamics due to internal noise. Excitable dynamics
of deterministic systems must be maintained by external conditions. In reaction-diffusion
systems and large scale LG models the excitation region can expand forming a travelling
pulse (in 1D) or a spiral wave (in 2D).

The presented results allow one to predict, understand and explain the complex nonlinear

dynamic behavior of the CO+O; reaction system over Pt-group catalysts.
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The general aim of this work is to study the elementary steps of the N,O decomposition
on iron containing MFI zeolites with transient response methods, namely multi-pulse and step
techniques combined with temperature programmed desorption. Both methods should be
compared due to their applicability to determine the formation and amount of an surface
bound oxygen species. In addition, the global kinetics was determined from steady state
experiments at different residence times and temperatures. The formation of an atomic surface

oxygen should be linked to the global rate of N,O decomposition.

Introduction

In general, investigations under steady-state conditions give information on global
kinetics of reactions, but are not very informative about the reaction mechanisms and the
surface species involved. Therefore, regarding these aspects transient studies are believed to
give an further insight in the proceeding of a reaction. The decomposition of nitrous oxide is a
well known and important example where these techniques have been applied. The following

mechanism is generally accepted when different catalysts are applied:

Z+N,O — Np+2-0 (1)
270 — 0,+2Z 2)
Z—O + NoO 5> N, +O5 + Z (3)

Iron containing zeolites of MFI type are particularly interesting, because they have been
successfully applied in the abatement of N,O in waste gases as well as in partial oxidations of
aromatic hydrocarbons with N>O. Since for both applications the first step of the mechanism
(Eq. 1) is important where an atomic surface bound oxygen species is formed, many

investigations in the literature focus on it. Besides of experiments in a static vacuum set-up
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combined with '®O isotope exchange reactions and step-experiments, we proposed recently a
multi-pulse method which allows a quantitative tracing of the surface bound oxygen
formation [1,2]. Temperature programmed desorption and the CO reduction with the oxygen
loaded zeolites revealed that several oxygen species with different stability and reactivity
exist. Particularly, the role of molecularly adsorbed N,O cannot be neglected, on MFI zeolites

with high iron content.

Experimental

Iron containing MFI samples were prepared by a solid - state ion exchange with
FeCl; - 4 H,O as described in [1,2 ]. The standard sample (Fe-MFI-A) has a Si/Al ratio of 11.5
and an Fe/Al ratio of 0.75 (5.66 % (wt./wt.) Fe). Prior to all experiments, catalysts were
pretreated with Helium at 500 °C. Temperature-programmed and transient studies of N,O
decomposition were performed in a set-up for catalyst characterisation (Autochem 2910,
Micromeritics) containing a quartz glass reactor (i.d. 9 mm). The reaction products were
monitored in an on-line mode using a quadruple mass spectrometer (QMS 422; Pfeiffer
Vacuum). Multi-pulse experiments were performed as described in [1,2] in a temperature range
of 150- 500 °C by injecting 0.31 umol N,O via a sample loop into a helium flow and over the
catalyst, respectively. Step experiments were carried out according to the procedure proposed
by Kiwi-Minsker et al [3] and Wood et al. [4] at 150 — 300 °C (1 % (v/v) N2O /1 % (v/v) Ar/
98 (v/v) % He). Steady-state kinetics were studied in the temperature range 150 to 500 °C and
under different residence times with N,O inlet concentrations of 1000 ppm (v/v) and 1 % (v/v)
in a quartz fixed bed reactor (i.d= 11.5 mm; L= and 250 mm). N,O concentrations were

determined by the non-dispersive infrared spectroscopy (Binos, Leybold Heraeus).

Results and Discussion
Multipulse technique

Figure 1 shows an exemplary result of the multi pulse studies at 250 °C for different
amounts of Fe-MFI-A. No molecular oxygen was detected during the pulse sequence. The
amount of surface oxygen calculated by summarizing the formed N, was in each case 40 -
41 pmol/g. The shape of the curves is determined by the residence time of the pulses in the
catalyst bed, which was also found for different flow rates. Therefore this technique provides
a suitable method to determine the surface oxygen content. It has been successfully applied to
other zeolites with different Si/Al ratio and Fe content (not shown).

Subsequent temperature programmed desorption experiments revealed that oxygen

desorbed in two steps up to 900 °C, but only about 1/3 up to 500 °C. Moreover, N,O also
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desorbed up to 600 °C which was surprising, but explained the difference between consumed

N0 and formed N, during the pulse sequence.

Molar amount/ pmol
Molar amount/ pmol

0 25 50 75 100
Pulse number/ - Pulse number/ -

Fig. 1. Influence of Fe-MFI-A amount on the N,O multi pulse sequence at 250 °C:
N,O (left), N, (right)

Other experiments with this catalyst showed that the surface oxygen formation depends
on the reaction temperature: The amount increases from 16 pmol/g (150 °C) to 62 pmol
(300 °C) demonstrating that this kind of N,O activation is an activated process of N,O with
increasing of temperature. This is an important fact if catalyst activity and the amount of
surface oxygen formation wanted to be correlated. Although the method is suitable to
determine the catalyst storage capacity for oxygen formed during N,O activation, a study of
its formation kinetics is rather difficult. An appropriate model for the reactor must be

developed not to falsify the kinetic data. This is in progress at the moment.

Step technique

Applying the step technique proposed by Kiwi-Minsker et al [3] and Wood et al. [4] to
Fe-MFI-A sample showed that molecular oxygen was formed during the step experiment
already at 200 °C. This was probably due to the higher average concentration of N,O, so that
it was already reacting with surface bound oxygen. After correcting the formed N, amount
corresponding to the formed O, amount, the amount of surface oxygen was still higher than
obtained with the multi-pulse method. Therefore the step method is only limited applicable
for active zeolites in N,O decomposition. Nevertheless, the kinetic analysis of Wood et al. [4]

has been applied to the corrected rate of N, formation:

ry, = k-0(t)- ey with 6(t) =0y -e! N0
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An activation energy of ~ 24 kJ/ mol and a pre-exponential factor of 3.6 - 10" ml/(gea's)
was found. Activation energy is lower than in literature reported for zeolites with low iron
content (0.38 % (wt) Fe) and can therefore be explained with the high iron content of the
sample. However, it is still an open question up to which extent this result is falsified by the
O, formation during the step. It is investigated at the moment and the method should be
applied to zeolites with lower iron contents.

Temperature programmed desorption after the step experiments revealed the same results
than after the multi-pulse sequence: Oxygen desorbed in two temperature ranges up to 900 °C

and the N,O desorption took place up to stable up to 600 °C

Steady state measurements

The steady state measurements with 1000 ppm (v/v) and 1 % (v/v) N,O can each be fitted
with a first order rate law commonly proposed in literature. However, activation energy and
pre-exponential factor were significantly different in both cases, for 1000 ppm (v/v)
2.41 - 10"” ml/(gea's) and 162 kJ/ mol, for 1 % (v/v) inlet concentrations 9.2 - 10" ml/(geas)
and 185 kJ/ mol. In order to fit all results, the following model with an inhibition factor for
k-Cn,0

————~<—  The rate constant k can be calculated via an
1+b-Cy,0

N>O was developed: ry,o =

Arrhenius equation with an pre-exponential factor of 4.5 - 10" ml/(ge's) and an activation
energy 152 kJ/ mol. Results for the parameter b obtained from the best fit lead to the
assumption that it has the nature of an sorption constant for N,O at each temperature. Its
temperature dependency can be described with exponential law containing a positive
exponent. If this is consistent with the sorption constant must be proven by further
investigations.

Nevertheless, if the global rate determined under steady state conditions is compared to
the rate of the surface oxygen formation, it becomes clear that the latter one is much faster
and therefore not the rate limiting step for N,O decomposition.

This study shows that transient studies are suitable to get further insight to the elementary
steps and reaction mechanism of the N,O decomposition. However, kinetics of elementary
steps can only be obtained under the prerequisite of an appropriate model for the reactor
operating under unsteady state conditions.
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Abstract

The model of a tube fixed bed catalytic reactor for ethylene glycol production was used
for simulation of the various reactor’s units. The model includes equations describing
catalyst’s deactivation. The catalyst is a cross-linked styrene-divinylbenzene anion-exchange
resin in carbonate/bicarbonate form. Various process conditions (temperature, substance’s
concentrations), heating regimes (isothermal, adiabatic) and reactor combinations were

simulated. The optimal conditions for minimum of catalyst consumption were determined.

Introduction

Hydration of ethylene oxide is an industrial approach to glycols in general, and ethylene
glycol in particular. Ethylene glycol is one of the major large-scale products of industrial
organic synthesis, with the world annual production of about 15,3 million ton/y. Today
ethylene glycol is produced in industry only by a noncatalyzed reaction. As it follows from
numerous investigations [1-3] hydration of ethylene oxide catalyzed by anion-exchange resin
is one of the most promising methods for ethylene glycol production as alternative for
conventional industrial noncatalytic process. Catalytic method provides significant energy
saving in comparison with noncatalytic one due to much higher selectivity. But the main
disadvantage of such a catalyst is it’s deactivation that consists of two undesirable processes:
loss of catalytically active sites and catalyst’s swelling. In our previous works the models of
the tube fixed bed catalytic reactor [4] and of catalyst deactivation [5] were elaborated.
In the present work above mentioned models were used for analysis how process conditions

influence on catalyst life time.
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Results

The main parameters influencing on of the catalyst and its activity are temperature and
concentrations of ethylene oxide and glycol. The first series of calculations were made for
two types of reactor — isothermal and adiabatic. Process conditions were varied in the
following ranges: temperature 80-100°C; initial concentration of ethylene oxide 3-10 %
mass.; initial concentration of glycol 0-29 % mass. In each case selectivity, catalyst’s
capacity, catalyst’s volume, catalyst productivity (kmole of glycol per m’ of catalyst per h)
and catalyst consumption (m’ of catalyst per kmole of glycol) were calculated. Results of
simulation showed that adiabatic reactor is more favorable than isothermal. It was found that
most profitable conditions for production of outlet stream containing 35% mass of glycol are
follows: installation consisting of several (up to 5) consecutive adiabatic tube reactor with
distributed ethylene oxide input in each reactor and intermediate heat exchangers; initial
concentration of ethylene oxide in each reactor is 6 % mass. These conditions provide
selectivity about 95 %, catalyst productivity about 2,4 (kmole of glycol per m’ of catalyst per
h) and catalyst consumption about 7x10” (m® of catalyst per kmole of glycol) and catalyst life
time up to 6000 h.

The final simulation was made in order to optimize the installation for glycol production
by means of variation of combinations of catalytic and noncatalytic consecutive adiabatic

reactors. The optimal scheme allowing minimum of catalyst consumption was found.
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Inroduction

Oxygenated additives, such as MTBE (methyl tert-butyl ether), ETBE (Ethyl tert-butyl
ether), TAEE (tert-amyl-ethyl-ether), and TAME (tert-amyl-methyl-ether), are found to be
good substitutes for the aromatics, both in accomplishing the desired octane levels and in
reducing the hydrocarbon and carbon monoxide emissions. Due to their high octane numbers
and low volatilities, tert-amyl-ethyl-ether (TAEE) and tert-amyl-metyhl-ether (TAME) are
considered as attractive alternatives to MTBE as gasoline blending oxygenates. The recent
problems related to MTBE detection in groundwater, even at very low concentrations in the
drinking water, interest in heavier ethers (e.g. TAME and TAEE) has grown steadily. Our
earlier adsorption and diffuse reflectance FTIR spectrum (DRIFTS) results obtained for
MTBE and ETBE synthesis supported a Langmuir-Hinshelwood type reaction mechanism [1].
Significance of diffusional resistances on the production rate of these ethers using Amberlyst-
15 was also reported in our earlier work [2-4]. DRIFTS results obtained with methanol, 2-
methyl 1-butene (2M1B) and tert-amyl-methyl-ether (TAME) in adsorption and reaction
experiments, supported a Langmuir-Hinshelwood type reaction mechanism involving
adsorbed 2M 1B molecules, which form a bridged structure between the adsorbed alcohols and
the —SOsH sites of Amberlyst-15. The reaction rate model, which was proposed basing on the
DRIFTS results, was shown to give good agreement with the published initial rate data for
TAEE synthesis [5].

In the present presentation, DRIFTS results obtained for isoamylenes, isoamylenes-
methanol mixtures and the reaction rate model, which was proposed basing on the DRIFTS
results in our recent publication [5], for the published initial rate data for TAME synthesis will

be presented.
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Experimental

DRIFTS experiments were carried out batchwise by injecting a pulse of tracer into the

reaction chamber of DRIFTS cell of FTIR instrument (MIDAC) which was filled with

nitrogen gas.

Results and Discussions
DRIFT spectra of 2M1B and an equimolar mixture of 2M1B-methanol obtained at 353 K

are shown once again here (Figure 1). The IR absorbtion band observed between 930 cm™ and
1170 cm™ with the 2M1B-methanol mixture (reaction experiments) is due to the contributions
of CO stretching of methanol (which was expected at 1030 cm™) and C-O-C IR absorbtion
band of reaction product TAME (at around 1085 cm™).
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Figure 1. DRIFTS results of 2M 1B, methanol and equimolar 2M 1B-methanol mixture obtained at 353 K on
Amberlyst-15.

Basing on these observations a reaction mechanism was proposed, which involved
adsorbed isoamylenes forming bridges structures between adsorbed alcohols and —SOsH sites
of the catalyst. The rate expression derived basing on the proposed reaction mechanism was
reported in our previous publications [5].

(1+K,a,)” +k" [aAaB + KEaEJ - (1+K,a,)
KAKB

a
=k SNy | S - Eq.1
' (aAaB KJ (K Kpa,ap + Kgag) (a1
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Considering the non-idealities of the alcohol-isoamylene—tert-ether mixtures, activities are
used in Eq.1.

For the synthesis of TAME, initial rate data were reported in our previous publications [2-
4] and also in other published work was used. In the analysis of the initial rate data, the terms

containing activity of ether (a; ) become negligible in Eq.1 and the rate expression reduces to

2

1/2
a, 1 : ag 1 .
r=k'| — —+K, | +k"|— -|—+K, (initial rate) Eq.2
a'B aA aA aA

Here, the combined rate constants k' and k" are
k'= (kS,) /(16K , (K3S,)); k"=8(K;S,)K,,

where S, is the total number of sites per unit mass of catalyst (mol/g).

The initial rate data obtained in our studies and also published in the literature at different

temperatures were analyzed using Eq.2 and the rate parameters (k',k" ) were determined

using a Quasi-Newton regression procedure. The adsorption equilibrium constants of
methanol (K,) obtained from independent adsorption experiments were reported in our earlier
publication [1]. The agreement of the proposed rate expression with the data published in the
literature was found to be quite good.

Typical experimental results and model predictions of the initial rate of TAME formation
from 2M1B and 2M2B at 353 K are illustrated in Figures 2 and 3. As it is seen in these
figures the rate values pass through a sharp maximum. The predicted rate values are plotted as

a function of activity of methanol (a, ) (activity of i-amylene (ay) being the parameter). In

the presence of alcohols, most of the surface is expected to be covered by alcohol molecules.
As a result of this, number of available sites involved in the adsorption of i-olefins is
drastically decreased with an increase in alcohol concentration. At sufficiently high alcohol
activities, reaction rate becomes almost zero order with respect to alcohol activity. However,
reaction order with respect to i-olefins is close to one. These observations are also in good

agreement with our earlier study of TAEE synthesis [5].
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SYNGAS FORMATION FROM GASOLINE IN ADIABATIC REACTOR:
THERMODYNAMIC APROACH AND EXPERIMENTAL
OBSERVATIONS

L. Bobrova, 1. Zolotarsky, V. Sobyanin, V. Parmon

Boreskov Institute of Catalysis SB RAS
5, Pr. Ak. Lavrentieva, Novosibirsk, 630090, Russia, Ibobrova@catalysis.nsk.su

Hydrogen is considered as an important energy carrier for sustained power consumption
with reduced impact on the environment. To avoid a hydrogen-supply infrastructure,
reforming conventional fuels (natural gas, gasoline, diesel, and jet) to the hydrogen-rich gas in
a small scale, near the point of usage may be a good solution [1]. The objective of the present
work is centered on the hydrogen-rich gas production from reformulated gasoline. The
process performance was studied theoretically by means of calculation of thermodynamic
equilibria, as well as experimentally by carrying out of the gasoline partial oxidation reaction
with formation of H, and CO as main products (syngas) in a nearly adiabatic reactor with the
monolith catalyst under short residence times, in the order of milliseconds.

Thermodynamic approach is used to enable describing the process in terms of its input
qualities. A correlation between the product composition, temperature, overall energy
conversion efficiency, maximum hydrogen yield, adiabatic temperature rise available for the
different operating conditions such as the oxygen-to-carbon ratio, the steam-to-carbon ratio
and input temperature are established on the base of thermodynamic consideration. For this
purpose gasoline containing 191 types of hydrocarbons is represented as a surrogate mixture
of 29 organic compounds with well defined properties that can be calculated and compared
with the existing thermodynamic database. The model mixture is being formed as a set of the
equilibrium distribution of the close-cut fractions C3-C10 (see Table 1). Comparable
characteristics of the fuels, base gasoline and their surrogate model used in thermodynamic
calculations are summarized in Table 2. The main criteria of the conformity, as to sum of C
and H atoms, fractional distillation diagrams, and low heating values, are observed to have
very close values for the both fuels. A generic formula for the averaged composition
corresponds to C7,H3 36.

Thermodynamic calculations of the gasoline reforming process have been performed with

a HYSYS software package (HyproTech. HYSYS.Process.v2.2 AEA.Technology).
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Table 1. The model composition of gasoline.

N Component C H Mass fraction,
wiw %

| Isobutane 4 10 0.434
2 n-Butane 4 10 0.966
3 Isopentane 5 12 1.540
4 n-pentane 5 12 1.260
5 2.2Dimethylbutane 6 14 0.322
6 2.3Dimethylbutane 6 14 0.322
7 2Methylpentane 6 14 1.127
8 3Methylpentane 6 14 4.828
9 Hexane 6 14 3.702
10 | Methylcyclopentane 6 12 0.820
11 cyclogexane 6 12 1.180
12 | 2.2Methylpentane 7 16 6.322
13 | 2.3Methylpentane 7 16 4.142
14 | 2.3 Metylhexane 7 16 7.194
15 | Heptane 7 16 4.142
16 | Isooctahe 8 18 0.263
17 2,3+2,2 Dimethylhexane 8 18 1.578
18 | 2,3,4 Trimethylpentane 8 18 0.263
19 | 2,3,3 Trimethylpentane 8 18 0.263
20 | 2Methylheptane 8 18 22.092
21 Octane 8 18 1.841
22 | Benzene 6 6 10.266
23 | Toluene 7 8 14.514
24 | m-Xylene 8 10 4.248
25 | p- Xylene 8 10 1.770
26 | o- Xylene 8 10 1.770
27 | Ethylbenzene 8 10 0.708
28 | pto+tm-Diethylbenzene 10 14 1.062
29 1,2,4 Trimethylbenzene - 9 12 1.062

Table 2. Characteristics of gasoline and its model mixture

Fuel characteristic Base gasoline Model gasoline
C/H ratio 0.539 0.539
Low heating value, MJ/kg 44.5 43.1
Data of fractional distillation, °C :
Beginning 42 38

10 w/w % 73 71

50 w/w % 112 110

90 w/w % 165 170
End 185 182
Density, g/ml(20°C) 0.78 0.8

Some results of thermodynamic calculations of equilibrium in processing the surrogate
model of gasoline with air and water are shown in Fig.1. At the fixed values of the input
temperature and O,/C ratio in the feed, there is an equilibrium limit for the relative content of
hydrogen in syngas. Water addition increases the hydrogen percentage in the product stream
up to the value of H,O/C ~1. This value corresponds to the maximum reformer efficiency,
because further increasing in the hydrogen yield would require an additional energy input to

dry the reformate gas.
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Figure 1. Thermodynamic predictions of equilibrium in adiabatic reactor for the surrogate gasoline: hydrogen
concentration in the product gas (left axis) and hydrogen yield (right axis) versus H,O/C molar ratio in the feed
with the temperature of 200°C (air/gasoline ratio is expressed as O,/C molar ratio).

Experimental observations. Experimental study of the process has been carried out in

the reactor specially designed to operate with a maximum of 90 % adiabaticity.
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Figure 2. Schematic representation of the experimental short contact time reactor (left) and an experimental
temperature diagram (right).

Catalytic monoliths with the metallic supports [2, 3] were loaded into the reactor. A pilot-
plant-scale set up was comprised of a feed supply system, vaporization system, the reactor,
and GC analysis system. Main electrical equipment (the balances, pumps, flow-mass
controller, pressure transducers, GC analysis unit, and the temperature measurement system)
was connected to the Pentium-IIT 700 MHz PC running under Windows XP Professional OS.

Special software was created to control the setup operation regimes according to the required
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experimental program. Schematic representation of the experimental short contact time

reactor (left) and an experimental temperature diagram (right) are shown in Fig.2
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Figure 3. Experimentally measured values (symbols) and thermodynamic predictions (curves) for the process
parameters versus O,/C ratio in the feed stream.

Experimental data obtained in the study of gasoline partial oxidation over metallic
monoliths in the short contact time reactor (Figure 3) are compared with thermodynamically
predicted one. The operational temperature in the adiabatic reactor is defined by the adiabatic
temperature rise at the given inlet conditions. It can be seen that both the product gas
composition and the adiabatic temperature rise in the experiments are very close to the

calculated values for the surrogate mixture proposed as a model for reformulated gasoline.
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SYNTHETIC FUEL FROM CATALYTIC DEGRADATION
OF WASTE POLYMERS OVER SOLID ACID ZEOLITES
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The catalytic degradation of polyethylene (PE) into synthetic fuel over H-ZSM-5 catalysts
was studied using a SS-tubular batch reactor. The effect of reaction temperature, reaction time
and catalyst weight were investigated. Processing under these conditions allowed for a higher
conversion into condensable liquid reaction product. Different analytical tools such as
GC-FID, IR and NMR have been used to analyze the reaction products. The products were of
a narrow range of carbon distribution (C5 to C15). The result showed that the average liquid
fraction obtained in the reaction product was 75 by weight. It has been found that the reaction

product contains mainly alkane, alkene and aromatics.
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SELF-SUSTAINED OSCILLATIONS FOR LANGMUIR-
HINSHELWOOD MECHANISM

“") Alexander V. Myshlyavtsev, “ Marta D. Myshlyavtseva

“ Omsk State Technical University, Omsk, Russia, e-mail: myshl@omgtu.ru
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1. Introduction.
The simplest model for CO oxidation on platinum surface is the well known three
steps Langmuir-Hinshelwood mechanism

A, +27Z < 2AZ; B+Z7Z < BZ; AZ+BZ - AB+2Z, (1)

where AZ and BZ are the adsorbed species on the catalyst Z, and A,, B and AB the gas phase

substances. The conventional mean-field (MF) kinetic equations can be written as [1]

{dx/ dt =2k, P, (1—x—y) —2k_x* —kyxy 2

dy/dt =k,Py(l—x—y)—k_,y—kyxy
where x and y are the adsorbate concentrations, P, and P the reactant pressures, and k. k,,

k .k, k, the rate constants for adsorption, desorption and reaction, respectively; ¢ is time.

For some parameter sets there exist the domain of a multiplicity of steady states in the plane

(lg P, ,lg PB). This domain contains only two internal steady states. The effect of

monomolecular adsorption reversibility (k_, =0, k_, # 0)on the domain of the multiplicity of
the steady states is very strong. At rather large values of parameter k ,/k, for all other

parameter values there are the one internal steady state and the one boundary steady state.

The simplest MF equations (2) ignore the non-ideality of surface rate processes. We
consider the MF equations incorporating the adsorbate-adsorbate lateral interactions via the
coverage dependence of the rate constants. Usually, the coverage dependence of the rate
constants is introduced “by hands” [2,3]. However, in the frameworks of the lattice gas model
and transition state theory there are exact expressions for the rate constants [4].

The goal of the present work is the study of lateral interactions and monomolecular
adsorption reversibility effect on the possibility of self-sustained oscillations appearance for
Langmuir-Hinshelwood mechanism.

2. Model and method.

We will consider a lattice gas model as a model of adsorbed overlayer. Two kind of

adsorbed species can occupy lattice sites of a square lattice. We take into account only
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nearest-neighbor lateral interactions. The thermodynamic Hamiltonian for this lattice gas

model can be written as

H, = gAAZnA,inA,_j + gABZ”A,inB,j +gBBZnB,inB,j _:qunA,i — Hp ZnB,i , (3)
i

() (nn) {nn i
where &,,, &,5, €gg  are the nearest-neighbor interactions energies, n,, and ny, the
occupation numbers, and x, and uy the chemical potentials for AZ and BZ adsorbed
species, respectively. <nn> means summation over all pairs of nearest lattice sites.

As it was emphasized the exact expressions for the adsorption, desorption and reaction
rate constants were obtained within the frameworks of the lattice gas model and transition
state theory [4]. Let us assume that activated complexes for adsorption, desorption and
reaction do not interact with its environment.

Let us introduce the following notations u =2k, P, /k;, v=k,Py/k;, s=k_,/k;,
Hy =, /RT, gy =,/ RT and 7 = k,t, where R is the universal gas constant, 7 absolute
temperature in K. Then kinetic equations corresponding to mechanism (1) are as follows:

{dx /dt = p,, (u - eXP(Z + !‘_B))

— — 4
dy/d = (v=s expluy 1= x = )= oo explary + 1), @

where p,, is the probability to find an empty couple of the nearest lattice sites.
Within the framework of our model the exact analytical expressions for p,,, x, y are

absent [5] and hence we should use an approximate technique. It is well known, that the one
of the most effective approach is the transfer matrix method [6-8]. Using the latter approach
one can solve the problem of deriving expressions for the rate constants as functions of
concentration. Experience shows that the transfer matrix technique yields very good results
already for small M, such as M =4 [8,9], where M is the number of the sites belonging to the
ring. This ring is used for transfer matrix numerical algorithm.

Taking into account the features of the transfer matrix method we should to move

from the (x, y) variables to the (Z, ,u_B) ones. Then the system (4) can be rewritten as

L] 2ol o~ 213 psali + )

i | om, s 5)
ij == 2 explray + 1t Jowg + 1 x =)~ py exp(Zﬂl—B))}/Aa
T | Op, Opy

where A is the Jacobian.
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It was shown that the number of the internal steady states can be equal to arbitrary

integer number. We have studied numerically twenty seven models with lateral interaction
energies &,,, €5, Egg Which possess the values 10; -10; 0 kJ/mol. All calculations were

carried out at 7= 500 K and M = 4. For these interaction energies sets the total number of the
steady states was found to come up to twelve.

We have done the systematical analysis of the lateral interactions effect on the
possibility of self-sustained oscillations appearance for Langmuir-Hinshelwood mechanism.

3. Results and discussion.

Self-sustained oscillations for the reaction rate were found only for the lateral
interaction sets with A-B attraction. It seems the reason of this phenomenon under
observation is the increase of the reaction activation energy with surface coverage increasing.
This increasing results in nonmonotonous dependence of the reaction rate on the surface

coverages and in self-sustained oscillations

1.0

= appearance. From mathematical point of view
i the self-sustained oscillations for the studied

0.8 model are the result of Hopf’s bifurcation.
04 Let us consider some results obtained
for the model with the lateral interaction
o2 . energies  &,, =10, &,5 =—10, &35 = 0 kJ/mol.
0.0 =, For irreversible adsorption the multiplicity

0.0 0.2 0.4 08 0.8 1.0

Fig. 1. X diagram has domain with eight internal steady

states. We chose the point (-3,93;-4,342) in the parameter plane (lgu; lgv). It belongs to the

——r———— domain with two internal steady states. The

1,5x10° | A A i A \ 1 phase portrait at given parameter values is
= shown in Fig. 1. The reaction rate for the
E 1,0x107 | 1 phase trajectory beginning from the unstable
E focus located into the limit cycle is shown in
EE,DMD‘G i 7 Fig. 2. The reaction rate varies by a factor of
14

i _ . "
00k U U u U U L 10" during the oscillations.

When the parameter s increases the

1 1 1

0,0 50x10° 10x10" 15x10’ § multiplicity diagram becomes simpler and

Fig. 2. after that the multiplicity domain disappears.

Self-sustained oscillations disappear as well.
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We have found that for two sets of the
lateral interactions energies (0;-10;-10) and
(10;-10;-10) self-sustained oscillations were
absent at s = 0, but at s=10" these ones
appeared. We chose the point (-4,065;-4,3825)
in the parameter plane (lgu; lgv) for the

former set. It belongs to the domain with three
internal steady states. The phase portrait at
given parameter values is shown in Fig. 3.

There is the unstable focus into the stable limit

cycle. The filled circle exhibits the second unstable steady state. The third internal steady

state is a stable focus.

4. Conclusion.

In the framework of the microscopic model of a non-ideal adsorbed overlayer the

kinetic behavior of the Langmuir-Hinshelwood mechanism was shown to become essentially

more complex than for an ideal overlayer. The self-sustained oscillations of the reaction rate

have been found for some sets of lateral interactions. From mathematical point of view the

self-sustained oscillations for the studied models are the result of Hopf’s bifurcation. It was

also shown when the parameter s increases self-sustained oscillations disappear. However, the

adsorption reversibility at moderate values of parameter s can be the reason of self-sustained

oscillations.
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STRUCTURED REACTORS PACKED WITH CERAMIC FOAMS FOR
THE PARTIAL OXIDATION OF o-XYLENE
TO PHTHALIC ANHYDRIDE

A. Bareiss, A. Reitzmann, B. Kraushaar-Czarnetzki, B. Schimméoéller*, H. Schulz*,
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The objective of this study is to evaluate the applicability of ceramic foams as structured
catalyst supports in the partial oxidation of o-xylene to phthalic anhydride (PA). In
simulations, the performance of fixed bed reactors packed with foams or filled with catalyst
particles have been compared. A new technique to deposit nano-sized V,0s/Ti0, catalysts on
foams has been developed (Fig. 1). These foam catalysts have shown a considerably higher

catalytic activity than conventionally prepared catalysts.

FSP- R s
Deposition * J«h—" ;

4 w L 3 mim
= I

Fig. 1: Structure of foams and FSP-Deposition of foams

Background and motivation

The partial oxidation of o-xylene to PA is a fast and highly exothermic reaction. Although
cooled multi-tubular reactors are commonly applied to remove the heat efficiently out of the
reactor bed, pronounced radial and axial temperature gradients across the catalyst bed are
observed. The risk of catalyst deactivation due to overheating and of thermal reactor

runaways is given. Commercial catalysts are usually eggshell type containing an inert, shaped
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body (e.g. cylinders, spheres) coated with a thin layer of promoted V,0s/Ti0,. Fixed beds of
these catalyst bodies lead to a significant pressure drop. This aspect together with the
pronounced heat evolution limit the performances of both catalyst and reactor in terms of
activity, PA selectivity and space time yield. One opportunity to improve the performance of
PA reactors could be the application of ceramic foams as structured carriers for the V,05/Ti10;
catalysts. Literature data indicate that these open cell materials with high porosities and high
surface areas improve heat and mass transfer and decrease the pressure drop compared to

fixed beds containing conventional catalyst bodies.

Reactor simulations

In order to estimate the potential of ceramic foams, pseudo homogeneous reactor models
were developed in the software MATLAB. The kinetic model as well as heat transfer
parameters of fixed beds consisting of catalyst bodies and ceramic foams were taken from the
literature and applied to the operational conditions of an industrial scale PA reactor.

Simulations and sensitivity studies showed that under certain circumstances a reduction of
the temperature gradients and an increase of reactor’s thermal stability can be achieved.
Therefore, the application of foams principally allows changes in reactor conditions to obtain
considerably higher space time yields compared to fixed beds containing catalyst particles [1]

(Fig. 2 and Tab. 1).
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Fig. 2: Influence of reactor operation on the conversion of o-xylene (A) and temperature profile

(B) for foams and spheres, conditions and results in Table 1.
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Tab. 1: Quantitative results comparing spheres and foams under different operational conditions.

Case Twall/ THotSpot/ CO, o-xylege/ STY/3 SPA/ YPA/
°O) (°O) (g/Nm”) (kgpa/(m-h)) (mol/mol) (mol/mol)

Spheres 348 475 80 245 0.73 0.730

Foams 348 392 80 229 0.70 0.682

Case 1 348 413 175 496 0.71 0.679

Case 2 408 469 80 249 0.74 0.740

Case 3 395 468 175 542 0.75 0.740

Experimental investigations

In the first step, two types of V,05/Ti0, catalysts were synthesized, one via impregnating
titania (anatase) with vanadia in the wet phase (WP), another one via flame spray pyrolysis
(FSP) [2]. Isothermal kinetic measurements were performed in a plug flow reactor to show
the impact of mass transfer limitations on activity and product selectivities. Different size
fractions of pelletised catalyst particles were used. An significant effect of mass transfer
limitation was observed for the pellets from FSP made nano-particles due to their higher
intrinsic activity as compared to the wet phase made catalyst.
The next step focused on the coating of catalyst carriers. A method for the direct foam
deposition of V,0s/Ti0, nano-particles made by flame spray pyrolysis was developed. The
influence of several operational parameters in this technique (duration, particle size, pressure
drop) on the quality of the coating was investigated [3]. Foams coated with FSP made
particles were twice as active as the smallest fraction of FSP pellets and even 25-30 times

more active than WP pellets (Fig. 3+4).
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Fig. 3: Activity of FSP pellets, WP pellets and FSP foam.
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Fig. 4: Selectivity of phthalic anhydride of FSP pellets, WP pellets and FSP foam

FSP nano-particles, in general, exhibit higher surface areas than WP particles. When
deposited on a foam rather than compressed to a pellet, the active layer additionally exhibits a
very high porosity, enabling a maximum suppression of mass transfer restrictions. Among the

materials under investigation, the PA productivity of coated foams was found to be by far the

highest.

Conclusions

The simulations of a cooled PA reactor have shown that ceramic foams as catalyst
packings allow for much better heat removal as compared to fixed beds of particles and
enable a strong increase in PA space time yields under certain circumstances. The
experimental data obtained so far at isothermal conditions cannot be compared with the
simulation results. They show, however, that the novel coating technique of foams using
flame made nano-particles of V,0s5/TiO,, produces catalysts with an extraordinary activity

and high PA selectivity.
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DESORPTIVE COOLING OF FIXED- BED CHEMICAL REACTORS:
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Strongly exothermic heterogeneously catalysed gas phase reactions are commonly carried
out in multitubular reactors. The inherent limitations of recuperative heat removal lead to hot-
spot formation and can even cause reactor runaway. Apart from recuperative cooling via the
reactor walls, convective, reactive or regenerative cooling principles may be exploited. The
last, somewhat neglected, concept entails heat removal through the regenerative heating of the
fixed-bed followed by a subsequent cooling phase.

Desorptive cooling represents a new hybrid reactive-regenerative process, with desorption
of an inert providing the ‘reactive’ contribution. Initial studies on a test reactor using CO-
Oxidation as a strongly exothermic test system demonstrated the principle feasibility of
integrating the desorption process into the catalytic fixed-bed. The heat of reaction liberated
from the catalyst pellet is locally
dissipated by the desorption of an inert
component from adjacent adsorbent Reaction + M !a% :

g iz

desorption
.ﬁ

particles (see fig. 1), thus leading to
quasi-isothermal conditions within the
bed. This concept permits operation in
a simple adiabatic reactor without
internal cooling surfaces. As a result, Feaeneration
cycle times in a technically relevant o sorption
range and much longer than those for bR
simple - regenerative  processes were Figure 1: Concept of Desorptive Cooling Process
attained. Further work has identified

considerable potential for extending cycle times up to an hour or more: bed structuring and
adsorptive profiling in the inlet to achieve more uniform utilisation of cooling capacity. In

particular the latter proved to be an effective and feasible strategy for exploiting the concept

to its full. While thermal desorption alone provides inadequate cooling capacity, ramping
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adsorptive partial pressure avoids initial subcooling and leads to an isothermal temperature
profile (see fig.2). Furthermore, the regeneration procedure was modelled in order to establish
overall process parameters for a full cycle and the importance of the reaction kinetics for the
breakthrough behaviour and the self-regulating character of the process were identified.
Present work is focussing on scale-up to pilot plant dimensions and the application of
desorptive cooling to the industrial relevant selective hydrogenation of acetylene to ethylene.

The presentation focuses on the most recent results from a research programme supported by
the German Research Foundation (DFG). Following an introduction to the desorptive cooling

process with all the relevant design

280 : .
E——— Yy parameters, a flexible dynamic
260 ~
o o . mathematical model, which is able to
G 240 Sam 1 a1 I Saan I
= 220 !,.- simulate various reactor
o
= -l
?;f 2004 Regenerative configurations will be described.
cooli
2 180 ey . : : ,
£ T Two-dimensional simulations were
2 160 Vit e A e N, .
ol Eartin) presale found to be necessary to achieve
140 4.1.-""“*‘* rampeng
& o .
120 MiAdasasasss s tos reasonable agreement with bench-
1 g T ¥ T T ? T .
0 1000 2000 3000 4000 soo0  scale  experimental results. The

Time [s] degrees of freedom available in the

Figure 2: Manipulation of Cycle Time by Desorption

Driving Force design of desorptive cooling systems

will be discussed. In addition, the
optimisation of key process parameters, such as the distribution of catalyst and adsorbent
along the bed, the regulation of operating parameters, such as the inert level in the feed and
the partial pressure ramping for effective cooling with maximum cycle times and acceptable

conversion rates and selectivities will be addressed.
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Introduction

One of an important subject of environmental catalysis is clean fuels research [1, 2]. In
the past decade clean fuels research including hydrodearomatization (HDA) and
hydrodesulfurization (HDS) processes. This processes are realizing on the sulfide (Ni, Mo)
and (Ni, W) catalysts. The difficult problem of the HAD-HDS processes on sulfide catalysts
is the mutual inhibition of hydrogenation reactions by sulfur-organic compounds and
hydroginolysis reactions by aromatics. In our paper [3] we have considered the unsteady-state
kinetic scheme of a simultaneous performance of the benzene hydrogenation and thiophene
hydrogenolysis on the sulfide (Ni, Mo) and (Ni,W) catalysts. However, the scheme did not
take into account the HDA activity decreasing when thiophene is absent in the reaction
mixture for a long period of time.

The goal of this work is to develop a kinetic model for simulating the transient regime
of catalyst taking into account influence of thiophene in feed gas and process modeling under
periodic of reactor operation.

Experimental

The benzene hydrogenation reaction was studied in an isothermal reactor with a fixed
catalyst bed [4]. Hydrogen was passed through a saturator filled either with pure benzene or a
mixture with benzene and thiophene molar ratio 9:1. After being loaded into the reactor, the
catalyst was treated with a benzene + thiophene mixture until the benzene conversion
becomes permanent. Then the hydrogen+benzene+thiophene flow was changed by a flow of
hydrogen+benzene or hydrogen+benzene+thiophene where molar ratio of benzene/thiophene
was varied from 20:1 up to 140:1. Conversion of benzene into cyclohexane at the reactor
outlet were monitored by chromatography. The experimental conditions were as follows: T =
300°C, P = 2 MPa, t = 0.1-0.5 s. The (Ni, M0)/Al,O5 catalyst contained 2.7% of Ni and
13.9% of Mo.
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Kinetic model and results discussion

The proposed kinetic model is based on the following standpoints, which were

revealed on studying the benzene hydrogenation reaction on the sulfide catalysts under

unsteady state conditions [5-7]:

l.

The active sites of the both reactions of benzene hydrogenation and thiophene
hydrogenolysis are the nickel atoms, entering the composition of the sulfide bimetallic
species, which is an active component of the sulfide hydrotreating catalysts.

The every Ni atom is an active site for adsorption and activation of both thiophene and
benzene molecules and participates in catalysis.

The active sites are covered with the adsorbed molecule of either reagents or reaction
products at the catalysis conditions.

The adsorption heat of molecules on the active site decreases in a row: thiophene >
hydrogen sulfide > benzene > hydrogen > cyclohexane.

The both reaction of benzene hydrogenation and thiophene hydrogenolysis occur via the
concerted mechanism and involves the interaction of bezene (thiophene) molecule with
three (or four) molecules of hydrogen without the possible intermediates being desorbed
into the gas phase.

When hydrogen sulfide is absent in the both gas phase and adsorbed state, the structure-
forming sulfur atoms interact with hydrogen resulted in the destruction of the active

component structure and the catalyst deactivation.

In accordance with this standpoints, the kinetic of both benzene hydrogenation and thiophene

hydrogenolysis on sulfide Ni-Mo/Al,O; catalyst is developed, which includes 7 following

steps:

1) CsHs + [Zuzs] < [Zcsws] + HoS,

2) CsHs + 3H> + [Zcsus] — [Zcsus] + CsH 2,
3) nH, + [Zcsus] — [Zx] + nHS + CgHs,
4) nH,; + [Zys] <> [Zx] + (n+1)HSS.

5) (n+1)C4H4S + (31’1+4)H2 + [Z)(] —)[ZH25] + (l’l+])C4H10 ,
6) C4H,4S + 4H, + [Zcons] = [Zrzs] + CyH 19 + CsHs,
7) C/H,S + 4H> + [Zips] = [Zips] + C4H g + HSS.

The first step involves an interaction of benzene with adsorbed hydrogen sulfide with

the site [Zcsns/ formation, which active in benzene hydrogenation. The benzene interacts with

the activated hydrogen to yield cyclohexane (step 2). In the absence of hydrogen sulfide in the
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gas phase and on the catalyst surface, the hydrogen from the gas phase can interact with sulfur
atoms from the active component structure. This process involves the desorption of hydrogen
sulfide into the gas phase and destruction of the active component structure, i.e. deactivation
of the catalyst (steps 3, 4). There [Zyx]/ is the active site structures depleted of » sulfur atoms.
Since the tiophene has most high the adsorption heat of molecule, it will displace of benzene
and hydrogen sulfide molecules on a catalyst surface. Then, steps (1)-(4) one can add by (5)-
(7) steps.

—_
v
1

Fig. 1. Benzene conversion versus time
at the different benzene/thiophene molar
ratio in feed mixture: 1 — 140; 2 —50; 3 —
35; 4 —20. t=0.18 s (points —
experiments, lines — modeling).

=
o
1

Benzene conversion (%)

0 60 120 180 240 300
Time (min)

Fig.1 shows benzene conversion versus time at different benzene/thiophene molar
ratio in feed mixture. The catalyst in the reactor was preliminary treated with a mixture of
hydrogen+benzene+thiophene until the steady-state conversion was achieved. It can see that
maximum value of the benzene conversion increase with thiophene concentration decreasing.
So, the rate of benzene hydrogenation is strongly inhibited by thiophene, which present in the
feed mixture. For the modeling of the CSTR model was used.

Experimental and theoretical studies in heterogeneous catalysis during the last
decades have given enough evidence that reactor performance under unsteady state
conditions can lead to improvement in process efficiency if compared to optimal steady state
operation. Using surface dynamics it is possible maintain the catalyst surface in an optimal
state in order to increase the mean reaction rate and the selectivity towards a specific product
formation. This can result in an increased yield of the desired product. On of the way of the
catalyst unsteady state regulation is forced oscillations of reagents concentrations (periodic
operations) [8,9].

The influence of various parameters like concentrations of thiophene, cycle split,
period of forced oscillations and so on was investigated. It was shown that under periodic

operations the mean reaction rate can exceed more the twice the steady state value.
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Conclusion

The kinetic model of both HDA and HDS on the (Ni, Mo)/Al,O3 catalyst has been
developed assuming that the catalyst surface contains only one type of active sites - nickel
atoms found in the sulfide bimetallic complex - on which the reactions of hydrogenolysis of
bond C-S and benzene hydrogenation occur. The number of active sites reduces due to both
interaction between the network-forming sulfur atoms and hydrogen and destruction of the
active site structure.

The model describes adequately the experimental data obtained at the preassure 2
MPa, temperature 573 K and variation of the contact time and ratio of benzene/thiophene in
feed mixture.

The optimization of various parameters like concentrations of thiophene, cycle split,
period of forced oscillations and so on was performed. It was shown that under periodic

operations the mean reaction rate can exceed more the twice the steady state value.
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Introduction

Conjugated reactions are subject of theoretical and practical interest for creation of the
new catalytic systems [1-3]. The oxidation of carbon monoxide by molecular oxygen is one of
the simple available model reactions suitable for studying of fundamental regularities of the
conjugated processes [2-4].

This report deals with the mechanistic study results of the conjugated reactions of carbon
monoxide, water, and organic solvent oxidation, and cyclohexene hydrocarboxylation to
cyclohexane carboxylic acid in catalytic systems: PdBr,-1,4-dioxane-H,O, PdBr,—

tetrahydrofuran-H,O, PdI,—Lil-1,4-dioxane-H,O under very mild conditions (1 atm, 30°)(1-6).

CO + H,0 + O, —» CO;, + H,O, (1)
2CO + H,0, — CO, + HCOOH (2)
CO + 1,4-dioxane + O, — CO, + 1,4-dioxene + H,O 3)
CO + 1,4-dioxane + O, —»> CO, + 1,4-dioxan-2-ol 4)

CO + tetrahydrofuran + 1,5 O, — CO; + y-lactone of butyric acid + H,O (5)
CO + tetrahydrofuran + O, — CO; + 1,4-dioxane (6)

The effects of the nature of solvent, of anion, as well as the effects of inhibitors, and
kinetics were studied. The hypothetical mechanisms of conjugated reactions in the above-
mentioned systems were selected (discriminated). The best mechanism includes formation
and transformations of hydride palladium complex (scheme 1). This hydride palladium

complex is responsible for conjugation of the reactions of carbon monoxide, water, and
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solvent oxidation. Experimental kinetic equation (1) does not contradict to proposed

mechanism (scheme 1).

PdX, + H,O —= XPdOH +HX

XPdOH + CO—= XPdCOOH

XPdCOOH —> XPdH + CO, scheme 1
XPdH + O, —> XPdOOH

XPdOOH + HX—>PdX, + H,0,

rcoz= ki[Pd]s[H20] Pco/([H1(1 + k2 Pco)) (1)

The correctness of this hypothesis was tested by experiments with addition of
cyclohexene in the system PdBr, — tetrahydrofuran — H,O. The synthesis of cyclohexane
carboxylic acid is carried out in this system under mild conditions ( 30°, atmospheric pressure
of CO and O, mixture) with rate up to 0.3 mol/l-h (fig 1). It is well known, that hydride
complexes of palladium are truthful catalysts of alkene carbonylation reactions in the

solutions of palladium complexes, for example [5].

lR, mol/1*h
A
0.8 4 A
— AA A
0.6 A N -
’ A
0.4 - *
. *
02 1 . < B}
— . -
0 A g

0 0.5 1 1.5 2
[Ce¢H,,] mol/1
‘ ¢ cyclohexane carboxylic acid m gamma-butyrolacton a CO2 ‘

The overall mechanistic scheme of kinetic conjugation of the reactions under

consideration includes three catalytic cycles (scheme 2).
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H,O CcO
PdX, <= XPdOH <= XPdCOOH
HX
[\ HX 0,
XPdOOH <«——*— XPdH
SO COOH scheme 2
S JHX T O
XPd
CO,H,0O
S-solvent

SO-product of solvent oxidation.
A number of alkenes were tested as substrates of hydrocarboxylation in these systems:
oktene-1, hexene-1, styrene, 4-vinyl-cyclohexene, norbornadiene, norbornene. In the case of

majority alkenes the products of hydrocarboxylation were identified.

Conclusion

It is possible to design catalytic systems for reactions with thermodynamic or kinetic
limitations using information about probable mechanism of these reactions. It is necessary to
find other reaction without thermodynamic or kinetic limitations (basic reaction), which
would be capable to produce key intermediate for desirable reaction. If reagents of desirable
reaction to introduce in the catalytic system of basic reaction under suitable conditions it
would be possible to obtain desirable product under mild conditions. We term this approach

“principle of kinetic conjugation of reactions”.
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1. Introduction

Tightening environmental legislation on the emission of hazardous pollutants is driving
the industries to consider alternative processes such as heterogeneously catalyzed processes.
Zeolites are widely used in chemicals industry in acid catalyzed processes. Unfortunately, the
use of zeolites is restricted by their small pore sizes of around < 8 A°, which makes them
unsuitable for reactions involving bulky substrates. The discovery of the M41S family of
mesoporous molecular sieves (MCM-41, MCM-48, MCM-50) offers pore sizes in the range
of 20-100 A” which opens up new possibilities for liquid-phase acid catalyzed reactions of
large molecules. Pure silica MCM-41 shows a one-dimensional, hexagonally arranged
mesopore system (1.5-10 nm) with amorphous walls of the channels. It exhibits high thermal
stability, a large surface area, a large adsorption capacity and it comprises silanol OH groups
which are practically non acidic. Heteropoly acids (HPAs) are extremely strong acids. As
molecules of Keggin type, the HPAs are spherical and with diameters around 1 nm. Thus,
within the pore volume of MCM-41 molecular sieve, which is comparable to the HPAs size,
can be effectively encaged and mobilized the Keggin type HPAs [1-4].

In this work, 12-tungstophosphoric acid (HPW), which is a Keggin type heteropoly acid,
was immobilized in the pore volume of silicas MCM-41 molecular sieve and its catalytic
activity was tested in the isomerization of the bulky a-pinene molecule, in methanol

conversion and as a green chemistry example, in oxidation of ethyl acetate.
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2. Experimental
2.1 Materials and Characterization

MCM-41 was synthesized in hydrothermal conditions by the method given in [3]. HPW
was introduced into MCM-41 pores using the method described in [5] with some modification
from the methanol solution containing 30 wt% of HPW. The concentration of HPW in the
MCM-41 sample was estimated as 76 wt%. The SEM microphotographs of MCM-41 and
HPW/MCM-41 samples were taken on Philips XL 30S Model Scanning electron microscope.
XRD patterns of the samples were determined by Philips x’Pert diffractometer with CuK,
radiation. Nitrogen physisorption studies of the samples were performed at 77 K using
micromeritics ASAP 2010 model static volumetric adsorption instrument. FTIR spectra of the
samples were taken on a Brucker Spectrometer (Vector 22).
2.2 Catalytic Activity

The a-pinene isomerization was carried out at atmospheric pressure with 0.5 g of catalyst
and 25 ml of a-pinene at 100 °C under a nitrogen atmosphere. Samples, taken from the
reaction mixture, were analyzed with a gas chromatograph on a HP-Carbowax 20M capillary
column.

Methanol conversion and ethyl acetate oxidation were performed in a fixed bed reactor
(0.5 g of catalyst) at atmospheric pressure. On-line gas chromatographic analysis was made

on a Porapak Q and a molecular sieve column using an absolute calibration method.

3. Results and Discussion

The introduction of HPW into MCM-41 channels reduced the pore volume and decreased
the surface area of MCM-41 from 1030 mz/g to 169 mz/g. In the SEM images, the presence of
HPW in MCM-41 structure were observed. Characteristic peaks of HPW appeared in the
XRD reflections and the FTIR spectra of the HPW/MCN-41 sample, as the XRD signals of
the initial MCM-41 sample almost disappeared. Similar results were reported in the literature
[4, 6].

The overall conversion of a-pinene and the composition of reaction mixture after a
reaction time of 3 h were presented in Table 1 for MCM-41 and HPW/MCM-41 samples. The
corresponding data for HPW dried at 100 °C in vacuum for 7.5 h and for HPW calcined at
300 °C at atmospheric pressure for 2 h were given for comparison too.

As it was seen from the data in Table 1, the introduction of HPW into MCM-41 channels
influenced significantly the catalyst activity in o-pinene isomerization, which was an acid

catalyzed reaction. The results supported the knowledge that at high conversion levels of a-
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pinene, limonene isomerized to terpinolenes and terpinenes and they were further transformed

into HRTPs [2, 4].

Table 1. a-pinene conversion (x,) and weight percentages of compounds after 3h reaction.

Catalyst Xq 1 2 3 4 5 6 LRTP* UP° HRTP*

MCM-41 29 8588 2.14 - 176 0.62 0.38 - 3.2 6.02
HPW/MCM-41 983 1.70 1530 579 025 19.73 - 498 185 5039
HPW(at 100°C) 6.2 93.58 3.09 044 087 028 - - 138  0.36
HPW(at300°C) 5.6 9215 372 181 157 047 - - 1.19  0.18

1, a-pinene; 2, camphene; 3, terpinenes; 4, limonene; 5, p-cymene; 6, terpinolenes

* Products with a retention time lower than o-pinene (low retention time products)

® Products with a retention time in the range between a-pinene and terpinolene (unidentified products)

¢ Products with a retention time higher than terpinolene (high retention time products)

The conversion of methanol at low reaction temperatures was dominated by the formation

of dimethylether (DME). DME was registered at values greater than 80 % at temperatures

above 450 K on HPW/MCM-41, Figure 1.
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Figure 1 Methanol dehydration to dimethylether (DME) at different temperatures
on HPW/MCM-line 1 and MCM-41-line 2.

The conversion of methanol to DME began at temperatures above 550 K on MCM-41

sample.The obtained data for methanol conversion and products distribution were in a good

correlation with samples acidity. It was found that HPW/MCM-41 sample possessed higher
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activity than MCM-41 in ethyl acetate conversion. Significant ethyl acetate conversion was
found above 600 K, as ethanol, acetic acid and CO, were the main registered products.

The combined physicochemical and catalytic investigations clearly showed that the
introduction of HPW on silica mesoporous MCM-41 sample influenced in a great extent the
properties of the so obtained sample. The experimental data showed that HPW/MCM-41 was
a very active catalyst in a-pinene isomerization, methanol conversion and in the oxidation of

ethyl acetate.

References

[1] Wilson, K., Clark, J.H.; Solid acids and their use as environmentally friendly catalysts in organic synthesis,
Pure Appl. Chem., 72 (7), (2000) 1313-1319.

[2] Dimitrova, R., Giindiiz, G., Spassova, M.; A comparative study on the structural and catalytic properties of
zeolites type ZSM-5, mordenite, Beta and MCM-41, J. Mol. Catal. A: Chemical 243 (2006) 17-23.

[3] Nowinska, K., Kaleta, W.; Synthesis of Bisphenol-A over heteropoly compounds encapsulated into
mesoporous molecular sieves, Appl. Catal. A: Gen., 203 (2000) 91-100.

[4] Dimitrova, R., Giindiiz, G., Dimitrov, L., Tsoncheva, T., Yilmaz, S., Urquieta-Gonzalez, E.A.; Acidic sites in
beta zeolites in dependence of the preparation methods, J. Mol. Catal. A: Chem., 214 (2004) 265-268.

[5] Lin, H-P., Mou, C-Y.; Salt effect in post-synthesis hydrothermal treatment of MCM-41, Microporous and
Mesoporous Materials, 55 (2002), 69-80.

[6] Kozhevnikov, 1.V., Kloestra, K.R., Sirinema, A., Zandbergen, H.-W., van Bekkum, H.; Study of catalysts
comprising heteropoly acid H;PW,04y supported on MCM-41 molecular sieve and amorphous silica, J. Mol.
Catal. A: Chemical, 114 (1996) 287-298.

131



OP-3-6

HYDROGEN PURIFICATION FOR LOW TEMPERATURE FUEL
CELLS BASED ON AN IRON REDOX CYCLE IN A PERIODICALLY
OPERATED CATALYTIC REACTOR

V. Galvital, K. Sundmacher'”?

! Max-Planck-Institute for Dynamics of Complex Technical Systems, SandtorstrafSe 1,
39106 Magdeburg, Germany,
Tel.: +49-391-6110-391, E-mail: galvita@mpi-magdeburg.mpg.de

2 Otto-von-Guericke University, Process Systems Engineering, Universitditsplatz 2,

39106 Magdeburg, Germany

Fuel cell technology allows the highly efficient conversion of chemical energy into
electrical energy without emissions of environmental pollutants, thereby making fuel cells one
of the most promising sources for future power generation.

For the operation of the polymer electrolyte membrane fuel cell (PEMFC) the
production of high-purity hydrogen is required. This hydrogen can be produced from
hydrocarbon fuels or alcohols by reforming processes. These processes typically yield
mixtures of hydrogen, carbon monoxide, carbon dioxide and steam. The carbon monoxide
level in the gas has to be reduced below 20 ppm to avoid poisoning of the fuel cell electrodes
[1, 2]. This is generally accomplished in a multi-step purification train including high and low
temperature water-gas shift reactors (WGS) and a preferential oxidation reactor for CO
removal (PROX) [1]. The WGS convert CO into CO; by the reaction with water over a
suitable catalyst and yields additional hydrogen. The reaction nearly attains thermodynamic
equilibrium. Two types of catalysts are commonly used in industry: a FeCr-based catalyst for
high temperature WGS and a Cu-Zn catalyst for low temperature WGS. The volume of the
WGS reactors steps takes a considerable part of the overall fuel processing due to the
thermodynamic constraint to operate at the lowest possible temperatures to achieve high
conversions. At these low temperatures most catalysts are not very active. In view of new
applications such as on board hydrogen generation for PEM fuel cells, more active catalyst
formulations are required for down-scaling the reformer, together with fast response

behaviour, long catalyst lifetime and without use of pyrophoric materials.
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As a novel alternative to this conventional technology, hydrogen purification from CO
can be achieved by a novel process which is based on an iron redox cycle [4]. This process
can be performed in a single reactor without any additional post-processing steps for the gas.
The technology is based on a periodic reduction/re-oxidation cycle of iron oxides. During the
first period (iron oxide reduction), CO reduces the iron oxide to iron, according to Eq.(1).
During the second period (iron re-oxidation), steam is used as oxidizing agent for iron from
which simultaneously hydrogen is being produced according to Eq.(2). This product gas also
consists steam and could be supplied directly to a PEMFC. The overall reaction process is the

water gas shift reaction according to Eq.(3).

4 CO + Fe;04 — 4 CO, + 3 Fe (1)
4 H,O +3 Fe — 4 Hy + Fes04 (2)
CO +H,0 - CO, + H, (3)

Fe304-C eZl'Oz

Fe304-Cle02
“ H
CO +H, r\ - PEMFC

FeO,-CeZrO, 3~ CO<10ppm

Electric
FeO,-CeZr0O, power

H,0
(Steam)

Fig. 1. Schematic diagram of novel concept of CO-free hydrogen production by a redox iron process in a
periodically operated catalytic reactor for feeding a PEM fuel cell.

Fig.1 illustrates the novel concept of COy-free hydrogen production for polymer
electrolyte fuel cells. The concept is based on a multi-tubular reactor system which is based
on a bundle of simultaneously operating fixed bed reactors, some of them being in the
reduction period of iron oxide (tubes filled with Fe;04-CeZrO,) and some of them being in
the oxidation period (tubes filled with FeOx-CeZrO,). They are operated at temperatures from
700 to 800 °C. While the first tubes are fed with CO/H, gas which reduces the iron oxide, the
latter are fed with steam for hydrogen production whereby taking up oxygen into the lattice of
the solid material. When the reduction of the solid material in the reducing reactor tubes is

completed, they are switched to the oxidation mode, i.e. they are fed with water vapour for
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hydrogen production. Simultaneously, the other two reactor tubes are switched from steam
feeding to CO/H, feeding. In this manner, a periodic redox cycle is established which requires
the switching of the feed valve at discrete times.

As mentioned above, for use in PEM fuel cells the CO content has to be below 20 ppm.
In our experiments, it was observed that directly after switching from reduction to oxidation
the CO concentration was lower than 10 ppm. Some coke was produced on the catalyst
surface by the Boudouard reaction. Subsequently, COx was detected during the oxidation step
due to the reaction of coke with water vapour. But the formation of carbon oxides could be
minimized by keeping the catalyst oxygen conversion below a certain degree [3, 4]. The
stability of iron oxides was observed during 1500 redox cycles (= 720 h time on stream) at a
temperature of 750 °C.

The proposed process can be used as a downstream process for CO removal no matter
by which process and from which primary hydrocarbon feed the hydrogen gas is being
produced. I.e. methane, higher hydrocarbons, gasoline, alcohols (e.g. bioethanol) can be used

for syngas production by steam, partial or autothermal reforming.
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It has been shown [1], that the adjoint problem of modelling the reaction between
minor impurity in a gas flow and the bed of porous granules of some absorbent (accepting
irreversibility of the absorption and first order of reaction rate with respect to gaseous
impurity content) can be reduced to two successive quadratures and one explicit relationship.
This fact simplifies computing considerably and makes results more reliable; moreover it
makes effects of some parameters more clear. For some cases even closed form solutions can
be found.

Assuming shrinking core model for the reaction of gas admixture with spherical
porous granule allows formulas for local reaction rate in the absorbent bed to be derived. We
treat three cases of increasing complexity. First two of them are widely known [2].

Introducing below specific exposure Ej, allows results to be presented in a uniform
manner.

Model 1

Only diffusion of impurity via fully reacted outer granule shell is rate-limiting. The
absorbent in the bed is described by two parameters: adsorptive capacity Py per unit volume,
kg/m3 , and diffusion time scale 7p, s.

The well-known expression for local reaction rate wy, kg/(m>-s), is

Cy -1/3 B R £ —P
w, =i (). @ () =0.5(n"" =1) L 1y =———— v=— =
s Lo (1), 0, () (7 ) % 6(1—&)D; ¢ ! 5

where ¢ — gas impurity content, kg/m’; ¢y — inlet gas impurity content, kg/m’; ¢ — bed
porosity; Dy — gas impurity effective diffusivity in the outer shell, m?/s; R — granule radius,

m; P — local adsorptive capacity per unit bed volume, kg/m’.
Using results of [1] gives us the following pattern of bed behaviour. When frontal bed

layer is still reacting (77, > 0),

Esp =7,1,(1), 7,. =7 [1(77)_1(770)]’ 7]2[1—1/(1—770)],
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36

Time of full exhausting the frontal bed layer is finite and corresponds to Eg,=7p. After this

1/3
Tl(x):l—3x2/3 +2x, I(x):3ln(1+x1/3+x2/3)—2x/§(arctanl+2x _fj.

moment

Esp =7, +TD[1—I(1—V)],

where £ = ¢,/ P, — specific exposure, s; ¢ — running time, s; 7, — value of # in the frontal
bed layer; z,, =V~ — average contact time, s; ¥ — space velocity, s

At first at the bed outlet v=0 for some time. After the moment corresponding to Eg,=7p+ 7,
(time of full bed exhausting) v=1.

Model 2

Both diffusion and reaction on the core surface are limiting. The latter is first-order
with respect to gas impurity content. One more absorbent parameter is needed there, namely
kinetic scale 7, s.

The expression for local reaction rate is also well-known:

-1
C _ 7, _ R

W, = vip, (). <02(77)=0-5(77 Ul ”j KoK
D D

where K is a coefficient in an expression for the absorption rate ws per unit surface of
unreacted core, ws = K¢, my/s.
As in the previous case the results of [1] allow pattern of bed behaviour to be found.

When frontal bed layer is still reacting (77, > 0),
E, =0, T01)+ 7 T(1) s o = 2o [ 1 () =1 () [+ 7 [F ()= F (m,) ], m=[1-vA=n,)],

1/3
T,(x)=1-x", F(x)zlln(l_—x)—i(arctan -~

20 1-x" 3 $ 6

Time of full exhausting of the frontal bed layer is also finite and corresponds to E,=7p+ k.

1+2x"? ﬂj

After this moment £, =7, +7, [1-10-v)]+z, [I-F1-v)].

v never reaches 0 except for Ey,=0. v=1 after the moment corresponding to Ey,=7pt+ 7.+ 7% ,
i.e. time of full bed exhausting. Frequently used for rough estimations the so-called
“stoichiometric time of exhausting” corresponds to Eg,= 7.

Model 3

Absorption is considered as occurring in the bulk of the unreacted core, its rate being

proportional to the gaseous admixture content and the admixture being transported across the
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core pores by diffusion. Such complication of model results in an extra parameter of

absorbent such as characteristic depth A of admixture penetration into the core.

In this case for local reaction rate we get [1]:

C, _ T
w, =—%vip, (1), ¢3(77)=0-5{77 ol
Ty 7, 37

-1
P , =R
Lo coth(py)-11] ~ 7" A~

where A =4/D,, / k ,m; D, — gas impurity effective diffusivity in the unreacted core, m%/ S; k—

coefficient in an expression for the absorption rate wy inside the core, w, = k¢, s™.

For this model the description of bed behaviour is more complicated:

1

dx

T
E,= rDﬂ(no)+p—K[L<po>—L(pong“)], 7=
0

L(x)=In(xcoshx—sinhx).

I xo, [l—x(l—no)]’

Neither time of full exhausting is finite. As well as in the previous case v never reaches 0

0.1 —

_IHSky o Ll

V= [.5], 7

¢t F_-f'Ji'u"FudEI 3 Model1  Model 2

7
!

00001~

1.8 1.9 2.0 2.1 22 2.2

£ 5 3
Exposure |[H.5],dt. 10 hr-mg/m

Fig.1. Sulphur removal catalyst bed output with gas
analysis data of commercial absorber run.
4% - gas analysis data.

except for E,=0.

In order to evaluate the
applicability of models mentioned
above for estimation of sulfur removal
catalyst bed service time they were
used in calculations of “breakthrough
curve”, 1.e. V(Ey,) relationship for the
typical sulfur absorber of an ammonia
plant using natural gas as a feedstock
and charged with the commercial zinc-
based absorbent.

Operating conditions in the
absorber were as follows: pressure — 40
atm, temperature — 370°C, space

velocity (at NTP) — 1300 hr.

Feedstock sulfur content varied from 59 to 144 mg/m’, which is a fairly severe condition, so

the charge has run only 81 day, but for our purpose such data are most convenient.

Values of the given absorbent parameters were obtained by fitting the results of

laboratory test using expressions for model 3 listed above. They were recalculated to absorber

operating conditions by means of commonly used relationships for diffusivities [3]. The
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coefficient £ was assumed to depend on temperature and pressure like Knudsen diffusivity.

Thus values used are: 7p= 1.94 s, x= 0.07 s (both at NTP), po= 62.4, Py= 400 kg/m3.

“Breakthrough curves” thus obtained are shown in the Fig. 1 along with some gas analysis

data. As x-coordinate it is more convenient to use exposure E= E,P,.

100

S0

s I.J.I'I
(.lllll_

/ by

0
0.9

Fig.2. Local reaction rate behaviour in
the vicinity of x=1.

Model 3 is obviously the most adequate here.
Model 1 predicts prompt rise of v value from 0 up to 0.1.
Model 2 is more realistic, but nevertheless output rise is
too rapid and protective effect is too lasting.

In order to realize that the result obtained here can
hardly be expected let us compare expressions for local
reaction rate ¢i(x), ¢2(x) and ¢s3(x). Fig.2 shows their

values in the vicinity of x=1, where ¢(x) differs

appreciably and @,(x) and @3(x) merge. In the rest of the interval (0;1) all of them merge.

To find anyway more regions where they behave differently, the following functions

can be plotted:
Vi (x) - # (X)
TpPy X

,i=1,2,3.

v

i) |

: LTHEY

From Fig.3 it can be seen that even in such special form 4~

|
|
curves do not merge only for x<0.0001. I wils) |
|
i

5

M | X —

One can hardly expect such differences to be 4 o* 10 1w’

1

observed in the course of conventional laboratory study  Fig.3. Local reaction rate behaviour in

the vicinity of x=0.

of the reaction kinetics. So data received in such a way

are by no means reliable for use in estimation of commercial absorber service time. On the

contrary, in the case of absorbent bed differences mentioned above can be observed definitely.

Therefore the laboratory tests of sulphur absorbents should be set up and interpreted as

absorbent bed tests.
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Introduction

The separation of dissolved catalysts from reaction product(s) has been a major obstacle to the
broader application of homogeneous catalysis in the production of bulk as well as speciality
chemicals [1]. The sensitivity of many homogeneous catalysts to high temperatures often
prevents the use of common techniques such as distillation. A number of separation
technologies are available [2, 3]; filtration for separating supported catalysts (traditional
filtration for insoluble support, ultrafiltration for soluble support), ultrafiltration or
nanofiltration for unsupported catalysts. The main disadvantage of membrane separation is
the necessity of passing the majority of the reacting phase through the membrane and the
energy required to separate smaller molecules using moderate pressure nanofiltration. Another
approach is to use biphasic systems using e.g. fluorous solvent, scCO,, and ionic liquids.
However, the necessary exclusive solubility of either the product or catalyst in one phase
cannot always be realised and constraints are placed on the ligands that can be used to

coordinate the catalyst. Not all reactions are amenable to the supercritical fluids approach.

The aim of this work reported here is to prepare a series of catalysts supported on nanosized
magnetic particles. Their size means that they will operate in the same manner as homogeneous
catalysts but they may be easily recovered by applying a magnetic field. For this proof of
principle project, two reactions have been used: C-C bond coupling and hydrogenation, both

using rhodium compounds as the catalyst.

Experiments

Magnetite nanoparticles (NP’s) used for this work were prepared by two methods: (i)
Nanoparticles coated with a surfactant were produced by chemical co-precipitation from an
aqueous solution of ferrous and ferric salts in the presence of dispersed surfactant or in the
aqueous cores of reverse micellar droplets. (i7) Bare magnetite nanoparticles were prepared by co-
precipitation and stabilised by adsorption of an appropriate amphiphile by introduction of NOs™ or
OH' ions onto the iron oxide crystallite surface. All the NP’s have been easily separated via

magnetic decantation using a permanent magnet.
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A number of methods have been used to immobilize catalytically active functional groups onto
the NP’s: (i) co-precipitation of NPs in the presence of unsaturated amphiphilic compounds
followed by reaction with [Rh(COD)CI], or [Rh(COD),] ' BF, (COD=1,5-cyclooctadiene) or (ii)
treatment of the bare NPs with separately prepared Rh-organic ligand (L;—L7, see Figure 1)
complexes (ultra-sonication a mixture of Rh-complex and NP’s in anhydrous methanol or THF at

room temperature for 1 h under N,).

Ligand functionalised nanoparticles were characterised by means of transmission electron
microscopy (TEM — JEOL JEM-1200EX microscope) and X-ray diffraction (XRD — Phillips
PW1740/00 diffractometer using CuKa radiation source).

C

SOz Na* SOsNa* Hs
\/M\/COOH HyC- COO(CHZCHZO)nCOOH
CHs
: P. : Na'038% : P ; Jg( COOH Ls L
L, L, SO;Na” \,(/\@SO;,H QCOOH
Ls L,

Figure 1. Organic ligands used for preparation of NP-supported catalysts.

Results and Discussion
Rh functionalised NP’s were tested using the carbon-carbon coupling and hydrogenation

reactions, initially using substrates shown in the Table.

Carbon-carbon coupling Hydrogenation
According to o on o on
2 Ho 3
O CH, B(OH), o Chapman and Frost OCHy —— > OCH;
HgGO)K)S(OCH3 QT(ML)» H,CO OCHs [4] (HQO, 100°C, air, HSCO)USO( NP-Rh (cat.) H@OW
1 ° © ~5 mol% of Rh) !
N _He
(o} o . . \/\(/\)n\ NP-Rh (cat.) \/\(\/\)rT _
i‘j QB(OH» According to Hayashi et 3 n=1,4
NP-Rh cat. al.[5] ( 1,4-di0).(ane:HZO = Both syntheses were carried out using a slight
10:1, 100°C, air, ~5 mol%  modification of the procedure reported by
of Rh) Merckle and Bliimel [6] (CH,Cl,, 25°C, 1
atm H»,).

Dimethyl itaconate 1 or 2-cyclohexen-1-one 2 treatments with phenylboronic acid were chosen
as model reactions for carbon-carbon coupling. The use of [Rh(L;)(COD)Cl]-functionalised
NP’s resulted in excellent 100 and 97% conversion for 1 and 2, respectively. The optimisation
of the synthetic procedures as well as kinetic studies is presently underway and will be

described in the report.

The search for an efficient hydrogenation NP-supported catalyst led us to use TPPTS (L,) as
the ligand. We have shown that 1 underwent hydrogenation in the presence of [Rh(L;);Cl]-
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modified NP’s. The conversion after 4 h was < 60% [7], showing that further work to
optimise the reaction conditions is necessary. However, the work establishes the principle of
using Rh functionalised NP’s as hydrogenation catalysts. More recent developments in this

area will be included in the report.

After each reaction, the NP-supported catalyst was easily recovered by attraction with an

external permanent magnet, making recovery extremely simple.

311)

10 20 30 40 50 60 70
2'Theta

Figure 2: Figure 3:
TEM image for NP- XRD pattern for NP-Ls.
[Rh(L;)(COD)CI]

in toluene at magnification 200Kk.

Ligand functionalised NP’s have been examined by transmission electron microscopy and X-
ray diffraction (Figures 2 and 3). Both methods show that we are producing NP’s with sizes in
the range of 7 — 17 nm depending on the system so that we have truly nanoparticulate
catalysts. We are currently undertaking a full characterisation of their catalytic behaviour.
However, significantly, initial work has showed that catalytic activity is retained on
subsequent use after the NP’s have been magnetically separated from the first reaction. While
the activity is somewhat reduced, this is encouraging and demonstrates that metal is bound to

the NP’s. Optimisation and further study is underway.
Conclusions

A series of novel rhodium based catalysts supported on magnetite nanoparticles have been
designed and studied. Nanosized magnetite particles (average diameter of 7-17 nm) were
prepared using co-precipitation methods and were characterized using TEM and XRD. The

nanoparticle cores comprise superparamagnetic iron oxide and thus can be simply and
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efficiently separated from the reaction mixture. Among the various ligands immobilized on
the particles surface, [Rh(L;)(COD)CI] has been found to catalyze the carbon-carbon
coupling reactions with 100% conversion. [Rh(TPPTS);Cl] (L) appears to be most effective
so far for hydrogenations, although efforts are currently being made to improve the reaction
yields. Current work is aimed at fully characterising our systems as well as considering the

engineering aspects of their use in realistic situations.
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Sertraline (1S-cis)-4-(3,4 dichlorophenyl)-1,2,3,4-tetrahydro-N-methyl-1 naphthalene- amine
is a valuable pharmaceutically active substance. An important stage in sertraline production

is the selective hydrogenation of imine to sertraline as shown in Fig. 1

e
~
N N
SO GE®
! Cl ! Cl
Cl Cl

Imine Sertraline

Fig. 1

The challenge in this hydrogenation process is achieving high selectivity to the cis isomer that
is only active in antidepressant therapy. Furthermore, complete conversion of imine and
elimination of by-products. High performance of sertraline production is achieved by
combining the development of a highly selective and active catalyst along with a suitable

reactor design.
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Patent literature includes Raney Ni and supported Pd catalysts yielding 75-78% and 0.8-
1.3% of cis sertraline and dechlorinated (DCS) products respectively [1,2 ].

A novel catalyst containing 12wt% cobalt deposited on low surface area, 1.6 mm pellets
alumina-silica was developed. Tests carried out at 120°C and 15 atm both in the batch and
trickle-bed reactor [3] yielded 90% cis sertraline at DCS (dechlorinated sertraline) products
were less than 0.6%. Catalyst was prepared by deposition of cobalt nitrate the support,
calcinations at 500°C for 4 h and reduction in hydrogen at 450°C for 5h. Tetrahydrofuran

(THF) was selected as the most efficient solvent. Feed content of imine in THF was 30g/L

SEM, ESCA, XRD and TPR methods were used for characterization of the fresh and spent
catalysts. It was found that metallic Co species (crystals 20-25nm in cubic form) provide
selective hydrogenation. Increasing the reduction temperature to >500°C and decreasing of
Co304 crystal size enhanced formation of hexagonal Co phase. This cobalt phase was less
active and lowered selectivity to the cis isomer. Conversion of the cubic into hexagonal phase
during imine hydrogenation and deposition of heavy organic products gradually deactivated

the catalyst over 250 h on stream

Combustion of organic material on the catalyst by a air-nitrogen mixture containing 0.5-5% of
0, at 300-350°C following by catalyst reduction at 450°C yielded complete regeneration of
catalyst.
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The term “porous burners” implies gas burners that employ a porous body to form a high-
temperature chemical transformation zone in which the thermal energy of fuel is released.
Usually, a porous body is produced from heat-resistant ceramics. Some burners include
porous bodies in the form of a set of metallic meshes, the fillings of disperse material and
perforated plates. At times, porous monoblocks are employed. A porous body can represent a
set of complementary elements. There is a great variety of porous burners [1]. Those with the
highest yield of a radiation component of a heat flux are called radiation burners. The porous
burners are used not only as heat generators but also as chemical reactors e.g., to produce
hydrogen [2], synthesis gas [3] and HCI [4].

Commonly, one-section burners are used with a layer of porous material which performs
a series of various functions to provide the combustion of a combustible mixture, the
stabilization and steadiness of combustion zone, the yield of effective IR-radiation, the
completeness of burning-out, explosion safety, etc. over a wide range of operating parameters,
i.e., the equivalence ratio, mixture flow rate, initial pressure.

A porous burner is a complex device which not only transforms chemical energy into the
thermal one but satisfies also a great number of other requirements, i.e., the effective burning
of a combustible mixture, process stability, power modulation over a wide range, the
maximum yield of IR-radiation, etc. These requirements are, as a rule, contradictory and
difficult to satisfy in the case of a one-section burner. On the other hand, the porous burner
refers to a flowing system. Its functional problems are of different physicochemical origin and
the various physicochemical processes run in the various zones of the burner and are
separated in time. Therefore, it is reasonable to produce a multi-section, multi-zone burner

each section (or zone) of which performs a certain function.
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Some modifications of porous burners contain the elements of the section division of
functions. These modifications are, however, of a sporadic character. In this respect, the two-
section burners of the group of D.Trimis and F.Durst are most up-to-date [5].

In one-section porous burners, the conditions for flame front stabilization either over the
surface of a porous body or inside this body, near the surface are realized most often. The
former case is of no practical interest. Flame stabilization in a porous body is promising in
many respects but displays its own disadvantages. First, front location depends on the
parameters of a combustible gas. Second, minor variations of flow parameters can cause
either flame blow-off or flashback.

The focus of attention in the present work is the novel methods of stabilization
determined by boundary conditions. This term means conditions at the interface between two
media with various physicochemical and structural properties: two inert porous media
(PM)/(PM),; two porous media one of which is inert and the second one is active, e.g.,
catalytically active — (PM)i/(PM),; two media one of which is a porous medium and the other
is a structure, e.g., a set of meshes, perforated plates, (PM)/structure, etc.

A particular feature of this type of stabilization is its flexibility and great potentials
because it is in agreement with the principle of porous burner structuring and the principle of
a free choice of combustion regime. In this work, a flame front was stabilized using a
(PM)/structure scheme with LVR in a fine-pore inert medium and HVR in a “structure”
(coarse-porous medium).

The principles of gas burning are based on the steady-state regimes of gas combustion in
inert porous media. At present, the following steady-state regimes are identified: low velocity
regime (LVR, u~10"* m/s), high velocity regime (HVR, S~10 m/s), sound velocity regime
(SVR, S~10% m/s), low-velocity detonation (LVD, D~800-1500 m/s), and normal detonation
with heat and pulse losses (ND, D>1500 m/s)[6]. These regimes have different parametric
dependences of the propagation velocity of thermal wave, the nature of limits, the domains of
existence, and the mechanisms of reaction transfer. The various properties of combustion
waves offer a wide means of both organizing combustion process in porous burners of
different applications and regulating thermal loading, the yield of a radiation component of
heat transfer, and specific thermal capacity over a wide range of these characteristics.

The present work is concerned only with low and high velocity regimes realized
experimentally in a two-section model setup: in a fine-porous layer (LVR) and in a coarse-

porous medium (HVR) under combustion of methane-air mixtures.
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When in the laminar flame the burning velocity is S,9, in the LVR a corresponding
combustion rate is S,zyr = (3-6)S,0. An increase in combustion rate in LVR with regard to the
burning velocity of the laminar flame is determined by thermal interaction between a gas flow
and a porous medium which depends on the properties of a porous medium and gas as well as
on flow rate and interface heat exchange. As a result, in the reaction zone of a stabilized wave
the temperatures and combustion rates are higher than those observed in the laminar flame. It
is this regime that dominates in one-section burners.

In the case of HVR, the S, /S, ratio can amount to 30 which is due to the aerodynamic
interaction between a gas flow and a porous medium which is also determined by the
characteristics of a porous medium and a combustible mixture. However, the parameters that
determine an increase in the combustion rate in LVR and HVR are different. The expected
increase in the range of power modulation up to 1:30 can be one of the merits of section
burners.

As far the unstable work of porous burners, note only one aspect, i.e., the burning-through
upstream. It has been demonstrated that in addition to the common phenomenon of flashback
observed at d>d,, there is the phenomenon of burning-through of flame-arresters and as a
result, the passage of flame upstream even if d<d,,, where d,, is the critical diameter of flame
quenching [7].

Potentialities of porous section burners have been studied in a series of experiments. A
metallic flat burners with a cross-section of 48x48 had three sections, i.e., those of mixing,
fire-extinguishing, and combustion. A flame-arrester was represented by a heat resistant
monoblock of 48x48x20 mm with a porosity of 0.4 and a characteristic pore size of 0.5 mm
produced by the SVS method. A combustion section is composed of ceramic cylinders of 48
mm in length that were aligned in a row with a certain step. The cylinders of three diameters
were employed: 3, 5, and 7 mm. A three-row porous structure was assembled in experiments
which allows various combinations of structural elements, a simple change of element
geometry and material, hydravlic resistance, radiation and other characteristics of a system.

Experiments indicate a stable work of the burner with the flow rate of stoichiometric
methane-air mixture over the range of 0.5-5.5 1/s at a power of 1.7-18.7 kW. A corresponding
range of power modulation is 1:11. The heating of ceramic elements in the combustion zone
was 700-900 K. The radiation flux along the burner axis at a distance of 90 cm was

6-16 W/(cm®s).
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Conclusions

Thus, a new concept of porous burners is that the principles of their functioning, design,

solutions of the problems of combustion organization and efficiency and solutions of

ecological problems should be based on the present data on combustion processes and, in

particular, the processes of filtration combustion of gases. At such base approach, it appears

that the widely adopted burners can be produced on the basis of a multi-section structure of a

porous burner with a spatial distribution of inner functions, i.e., flame front stabilization,

combustion efficiency, the yield of maximum radiation flux, and process stability.
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1. Introduction

In complex heterogeneously catalyzed liquid phase reactions the desired products can be
formed in consecutive reactions. This is the case e.g. in the formation of citronellol as a
second product from citronellal in citral hydrogenation [1]. There are several methods to
enhance the reaction rates and to produce higher yields of the desired products, i.e. utilization
of higher temperatures and pressures or application of higher amounts of catalysts. Another
method to enhance the reaction rates is the use of temperature programmed experiments,
which have, however, a potential drawback, since it can lead to increased amounts of side
products. From the engineering point of view it might be beneficial to enhance the rates of
secondary reactions giving the desired products, not by temperature increase, but by
increasing the catalyst bulk density during the reaction. In this work the aim was to compare
the effect of liquid phase pumping from the reactor during hydrogenation with a conventional
case of constant liquid phase. Another aim was to develop a kinetic model, which could

describe quantitatively the increasing catalyst bulk density.

2. Experimental

Citral hydrogenation kinetics (Figure 1) was investigated in an autoclave (Vi = 325 ml) in
2-pentanol as a solvent in the temperature and pressure range of 50 — 90°C and 5 — 21 bar,
respectively. The Ni/Al,O3 (20.2 wt.% Ni) catalyst with a mean particle size of 13.5 um
(sieved below 100 um) was reduced prior to the experiment in situ at 270°C for 90 min with

flowing hydrogen.
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Figure 1. Scheme for citral hydrogenation.

Typically the initial citral concentration and the initial liquid phase volume were 0.1 mol/l and
325 ml, respectively. The catalyst mass was kept constant in all experiments (500 mg) and the
stirring rate was 1500 rpm. In the experiments with increasing catalyst bulk density about 1
g/min liquid was continuously pumped out. Additionally in some experiments the temperature
was increased during the hydrogenation by 0.8°C/min from 60°C to 90°C. The products were
analyzed with a gas chromatograph equipped with a FI-detector.

3. Results and discussion

The effect of the pumping of the liquid phase from the reactor on the initial citral
hydrogenation rates was the highest at 50°C, when the initial hydrogenation rate was
12.4 times higher than the rate observed in the absence of liquid phase pumping (Table 1,
Figure 2). At higher temperatures (70°C and 90°C) the rate enhancement was 2.6 times higher

in case of pumping.

Table 1. Comparison of the initial hydrogenation rates in citral hydrogenation under 10 bar
hydrogen with and without liquid phase pumping at three different temperatures. The initial
citral concentration was 0.10 mol/l and the solvent was 2-pentanol.

Working mode Temperature (°C) Initi?rlnlzslr/(;l%ienrztigg rate Conversio? 0/il)fter 60 min
Pumping 50 10.5 98.0
No pumping 50 0.85 67.9
Pumping 70 15.6 99.8
No pumping 70 6.11 70.6
Pumping 90 25.1 99.8
No pumping 90 9.8 99.8
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The increased catalyst bulk density increased the concentrations of the desired products,
citronellal and citronellol. The largest increase in citronellal concentration was observed at

70°C, when the liquid phase was pumped out from the reactor (Table 2).

The effect of liquid phase pumping together with a temperature programmed reaction was

investigated in citral hydrogenation (Table 3).
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Figure 2. Kinetics for citral (l) hydrogenation, formation of citronellal (#) and citronellol (s) with
(solid symbol, solid line) and without liquid phase pumping (open symbol, dashed line) in the
hydrogenation of citral in 2-pentanol under 10 bar hydrogen at a) 50°C, b) 70°C and c¢) 90°C.

It turned out that the initial hydrogenation rate increased by 11% when the liquid phase was

pumped out from the reactor compared to the constant liquid phase volume experiment.
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Table 2. The effect of liquid phase pumping on the ratio of the concentrations of citronellal
(CAL) and citronellol (COL) with pumping (wp) and without pumping (wop) at a defined
Pouk time = 20 g/I*min.

Temperature (°C) Cear,wp / Cear,wop Ccor wp / Ccor wop
50 2.5 No effect
70 3.5 2.8
90 1.3 1.6

Table 3. Comparison of the initial hydrogenation rates in citral hydrogenation under
10 bar hydrogen with and without liquid phase pumping with a temperature programmed
reaction from 60°C to 90°C. The initial citral concentration was 0.10 mol/l and the solvent
was 2-pentanol.

Initial hydrogenation rate

. . o
Working mode (mmol/min/g Ni) Conversion after 30 min (%)

Pumping 6.47 90.5

No pumping 5.75 73.8

4. Conclusions
The results for three-phase hydrogenation of citral indicated that the initial reaction rates can
be enhanced by increasing catalyst bulk density, which is achieved by pumping out the liquid
phase during a batch-wise experiment. In the studied temperature range the concentrations of
the desired products at a normalized catalyst bulk density-time scale increased maximally at
70°C. A developed kinetic model containing the increase of catalyst bulk density can be used

for quantitative description of the reactor operation.
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Abstract

The high-active catalysts PZ-65 (0.6%Ru+5%CeO,/Sibunit), PZ-68 (0.6%Ru+8%CeO,/Sibunit) were
prepared by successive supporting CeO, and Ru on Sibunit-4 carbon and tested in catalytic wet air oxidation
(CWAO) of phenol and acetic acid. Experiments were performed with catalysts PZ-65, PZ-68 and Sibunit-4 at
180 °C for phenol oxidation and at 200 °C for acetic acid oxidation at 50 bar air total pressure.

CWAQO reactions runs were carried out in a continuous micropilot trickle-bed reactor for about 300 h. The
initial concentrations of phenol and acetic acid were 1 g/L, catalyst loading was 1 g, and glass balls were used as
an inert material. The treated solution was periodically analyzed, collected and submitted to a recycling run.
Total organic carbon content (TOC), inorganic carbon content (IC) and concentrations of separate organic
substances C; were analyzed by means of a TOC-meter and an HPLC.

All catalysts were rather active in oxidation of phenol and the activity was found very stable in all cases. No
deactivation was observed. After several sets of recycling of treated solutions on catalyst PZ68, the oxidation
activity measured on a fresh phenol solution was found similar to the initial activity. These experiments indicate
directly that the catalyst is stable in phenol oxidation.

Wet air oxidation experiments were also carried out with acetic acid which is very resistant to degradation
by WAO. The Sibunit catalyst did not exhibit catalytic activity up to temperature of 225 °C, whereas the
promoted Ru-CeO,/Sibunit catalysts exhibited high activity at 200 °C; however, their activity decreased
significantly as a function of time on stream after 100 h.

TEM investigations of (Ru+CeO,)/Sibunit catalysts have shown that 1nm-large Ru-particles are associated
with 5 nm-large CeO, particles supported on the carbon surface. This association is probably very beneficial to
the activity of the catalyst.

Introduction

The development of new Ru-CeO,/carbon catalysts for deep oxidation of organic
pollutants is carried out with the purpose of the creation of catalytic reactors of neutralization
and processing of industrial waste water of high level of toxicity. The preliminary studies
conducted with use of the perfect-mixing metal batch reactor have allowed us to evaluate the
efficiency of catalysts, and to determine the initial levels of activity and selectivity of
catalysts in WAO of variety substances during short-term experiments (some cycles of tests -

totally within 3-12 hours) [1-2]. Nevertheless, owing to technical features of the reactor, the
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catalyst in tests of this kind is subjected force to mechanical effects and crushed. Therefore,
the additional long tests of the catalyst are necessary for objective further valuations of
developed catalysts. Besides, the results of tests in a continuous micropilot trickle-bed reactor are
very useful for the scaling of the process. Among the possible methods of long-term tests of a
reactionary medium effect on the catalyst the continuous methods of a measurement of
catalytic activity are most simple and convenient [3]. The experimental technique is well-
described for differ cases of heterogeneous catalytic reactions in three-phase systems. In view
of the aforesaid the trickle-bed reactors (TBR) are most suitable for laboratory and pilot tests of
solid catalysts. The various aspects of TBR applications have been reviewed by Gianetto and
Specchia [4]. Phenol and acetic acid were selected for oxidation as model systems of WAO
reactions.

Experimental and Procedures

The catalysts (Ru+CeO,)/C were prepared by successive supporting CeO, and Ru on
Sibunit-4 as has been described in [1]. The detailed description of the reactor (Hastelloy C22,
length of 0.15 m, ID of 10 mm) and the test procedure used in this study has been given by
Pintar et al. [5]. Reactions runs carried out for about 300 h, periodically the treated solution
was collected, analyzed, and submitted to another WAO run for recycling it. Catalysts ( 1.0 g)
: PZ-65 (0.6%Ru+5%CeO,/Sibunit), PZ-68 (0.6%Ru+8%CeO,/Sibunit), Sibunit-4); solutions:
PhOH/H,0O, CH3;COOH/H,0 (COSOLUTION of 1.00 g/L); experiments were performed at 180 °C
for phenol oxidation and at 200 °C for acetic acid oxidation , 5.0 L/h of V4, 0.06 L/h of Vi,
50 bar of air total pressure. The layer of catalyst was located in isothermal zone of the reactor,
and the glass balls (D = 2.0 mm) were used as a top and bottom inert beds.

Analytically measured values were: content of total organic carbon - TOC, inorganic
carbon - IC, (mg/L), concentrations of separate organic substances C; (mg/L). Selectivity and
conversion were used as calculated values: Sco, = (TOCy-TOC;)/TOCy = A TOC/TOC,,
X= (Co-Cy)/Cy= AC/C,.

Results and Discussion

Figures 1-5 shows the experimental data for phenol and acidic acid oxidation in the
presence of catalysts Sibunit-4, PZ65 and PZ68. Data of the chromatographic analysis of the
reaction mixture show the identical complicated composition of the components for phenol
oxidation in all cases. Intermediate compounds identified are maleic, acetic and fumaric acids,

hydroquinone + catechol at the beginning of the reaction.
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As it was determined, all catalysts are rather active and are stable in oxidation of phenol.
For each of them the observable regularities of activity and selectivity in deep oxidation, and
also the composition of products are identical. The Sibunit catalyst did not exhibit catalytic
activity in acetic acid oxidation up to temperature of 225 °C, whereas the promoted Ru-
CeO,/Sibunit catalysts exhibited high activity at 200 °C; however, their activity decreased
significantly as a function of time on stream after 100 h. Atomic absorptive analysis showed

the absence of Ru leaching, moreover the content of the supported metal (Ru) and promoter
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(Ce0,) have exceeded the initial values for the catalyst samples used in acetic acid oxidation,
that indicates considerable modification of the surface of carbon as a result of interaction of
Sibunit with CH3COOH and oxygen. TEM investigations of (Ru+CeQ,)/Sibunit catalysts
have shown that 1 nm-large Ru-particles are associated with 5 nm-large CeO, particles
supported on the carbon surface. This association is probably very beneficial to the activity of

the catalyst.

051
g 041 —m— PZ-65
%) —e—PZ-68
031 Fig. 5. The comparison of initial activity of
(0.6%Ru+5%Ce0,) /Sibunit and (0.6%Ru+8%Ce0»)
0] Acetic acid /Sibunit catalysts in acetic acid oxidation.
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The results obtained have demonstrated the high efficiency and stability of all Ru-
CeO,/Sibunit catalysts in purification of phenol-containing wastewaters. Pure Sibunit is also
very interesting for process economy because without precious metal it can degrade toxic
effluents such as phenol into intermediate oxidation products that can be treated by
conventional biological process. The research performed in this study presents a high
potential impact for development of the reactors for the treatment of toxic industrial waste

waters.
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BIPOM is the acronym for Blmodal POrous Material. These zeolitic materials with a MFI
type framework exhibit unique structural features as a result of their very sophisticated

synthesis [1]. BIPOM’s can be obtained as so called zeogrids and zeotiles.

zeogrid zeotile-2 zeotile-4

Their potential as sustainable catalyst is currently being investigated in our group. Their
large mesopores should allow mass-transfer limitation free access of substrates to, and
products from the catalytic sites. It might be expected that they exceed the performance of
classical zeolite catalysts. As a model reaction isopropylation of naphthalene to 2,6-di-
isopropyl naphthalene was chosen. A series of zeolitic systems has been tried on this reaction,
and their performance will be compared with the first generation of BIPOM’s.

Specific attention will be paid to the performance of HY and BIPOM-2, an Al zeogrid,
because these catalysts showed a very good activity and selectivity depending on specific

process conditions.

[1] Kirschhock, C.EA., Kremer, S.P.B., Vermant, J., Van Tendeloo, G., Jacobs, P.A. and Martens, J.A., Chem.
Eur. J. 11 (2005) 4306.
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1. Introduction

One of the inherent problems in processing methane selective oxidation to syngas in a fuel
cell, is the low heating value of the reaction and the significantly larger in absolute values of
the reaction free Gibbs energy change (AHr=-5.127 kcal/mol and AGgr= -60.53 kcal/mol at
1173 K). In that respect the thermodynamic efficiency of the SOFC may far exceed unity,
which is in a certain extend quite attractive. However the large positive entropy change of the
reaction (ASg=47.23 cal/mol'K at 1173 K) may cause a severe cooling effect in the SOFC as
the reaction mixture will absorb heat from the SOFC. This may render the autothermal
operation of the SOFC considerably difficult.

A proposed solution is to feed the cathode compartment with CH4 lean CH4/O, mixture
where the complete oxidation of CH4 will be catalyzed by the perovskite cathode electrode
[']. In that manner the direct and controlled supply of heat to the SOFC will be possible, so as
to maintain the reactor ignited. This can be also combined with the SOFC operation under
forced periodic reversal of the flow which was shown to be very successful for the
autothermal processing of reaction mixtures with very low heating values [2]. Such a
transient mode of operation may exploit the dynamic characteristics of the whole reactor,
leading to the formation and propagation of temperature and concentration profiles along the
reactor, which cannot be obtained in any steady state regime.

The reactions taking place at the anode and cathode compartments can be summarized as

follows:
Anode: CH, +0* — CO+H, +2e” (8)
Cathode: %02 +2e” = 20", CH, +20, — CO, +2H,0 )

Since we are mostly interested in the proof of concept of the reversed flow operation of a
partial oxidation SOFC, it is assumed that at the anode methane is selectively oxidised into

CO and H; (eq. 8) while at the cathode compartment beyond the electrochemical reduction of
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0, into O* the catalytic combustion of methane is considered to take place on the LSM
perovskite surface (eq. 9), thus producing heat which will compensate the freezing effect of
the positive entropy change of the partial oxidation reaction.
2. Mathematical model

The simulation is mathematically described by the following system of integro-diferential
equations [3,4] which consists of the continuity equations, the energy balances of the gas
streams and the solid electrolyte as well as the electron balance along the electrical and the

electrochemical circuit:
(1) Continuity equation in the gas streams
Fuel stream

dy cH,.f
Vy
dz

Oxidant stream

= ®f§nCH4,f - yCH4,f§®f (nH2 thep t+ nCH4,f)

d d
vnx yoz - ®ox§n0 (l yO )+ nO ox ox H vox ﬂ = _®nv§n0 yCH + ®ox n‘chH s
dz : dz R ¢
k,L E
r. = exp(—
ox CIN(())X p( RTox )yCH4
(11) Energy equation of the gas streams
Fuel stream
do , O gh (© -6 ) " 2h,L(b1 +cl)
vV, —= . — ) =
g ST S TN Bl
oxidant stream
do 2h L(bl+cl
Vox - oxghox (® @ ) ox M
OXCplobeCI
(1i1) Evolution of the dimensionless gas velocity

Fuel stream

dav,
d_z/ =8h (0, -0,)+0,5(ny, +nco+ney, ;)

Oxidant stream

dv

d_;x = ghox (®v - ®/) + ®n}cé:nO2

(iv) Energy balance of the solid electrolyte
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(v)Electron balance

E=[NI+N2(O, -1+ N3O, +N4O InO_ + N50_ lnkL—N6§T]exp(g)

P s

where the total dimensionless current density is defined as

1
| {[Nl +N2(®, —1)+ N30, + N4©_1n®_ + N50_ In kl] exp(]g)}dz

V4 N

& = 1
N7

1+ N6 |lexp(—)d.

Oj P, )

N

The dimensionless parameters N1 through N7 are defined

nL(—AH") o nL(=ACp )T/ V3 nL(AS)TY v E

act

= 2 770 ) = 2 770 ) = 2770 ) -
(4F) prodlcl (4F) prodlcl (4F) prodlcl RTJ.
0 0
__nLAGRTY LRI e LRex+(Z + DRelbl
- 2 770 ’ - 2 270 ’ -
(4F) prodlcl (4F) prodlcl Zp,dl
The dimensionless cell potential or thermodynamic cell efficiency 1 is given by:
n=r.s,
where re is the dimensionless external resistance and is defined by:
bICIN} (4F)*[(Z +1)Re+ Rex]
v, = '
“ nZ(-AH )
3. Simulation results
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Figure 1: The temperature and concentration profiles are plotted for successive times thus depicting their

movement along the reactor. N° =20 mol/m’K, Rex=1 ohm, 1,=100, ycp4=0.024, T 0 = 500 K
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Fig. 1 shows typical simulation results of the reversed flow operation of the SOFC. The
temperature and concentration profiles are plotted for successive times thus depicting their
movement along the reactor. The direction towards which the profiles move is defined by the
direction of the flow. The features of these creeping profiles are quite similar with the
behavior of the creeping heat fronts that are developed in an infinite catalytic bed [2].
However in the present case since the length of the reactor is not infinite by keeping the flow
direction unchanged the creeping profiles will move out of the reactor thus resulting in the
extinguish of the SOFC’s operation. If prior to this the flow direction through the reactor is
reversed the temperature and concentration profiles will start moving towards the opposite
direction and the high temperature reaction zone will be confined inside, wondering back and
forth along the reactor.

The beneficial operation of this transient mode of operation is depicted in Fig.2 where the
reversed flow and steady state operation is compared in terms of fuel utilization,
thermodynamic efficiency and power output plotted against inlet temperature. The steady
state operation of the SOFC without the catalytic combustion of methane at the cathode
compartment is presented too. It is clearly observed that both steady state operations result in
an extinguished reactor at lower inlet temperatures while the reversed flow operation runs
autothermally even at inlet temperatures as low as 300 K. In this way a more compact reactor
system can be constructed since the use of heat exchangers for the preheating of the inlet gas

streams at the SOFC is avoided.

0.16
—=—reversed flow with CH, at cathode o1a /.//'
—e— steady state with CH, at cathode ) - n—a— " /
6 0,30 & steady state no CH, at cathode o] .//
54 /'//’ _//' /
o / 0,244 ] ° 0.10 /
44 b " / § 0.08 /
/ 0,18 — / G /
34 /F — » ® 006 /
c / = /
2 // 20,12 > 004 y
/
14 0,06 y 002 /
0 7/./ 0.00 _ ,/ 000 o . o—
T T T T T T 1 ' T T T T T T 1 -0.02 T T T T T T 1
300 400 500 600 700 800 900 300 400 500 600 700 800 900 300 400 500 600 700 800 900
Tin, (K) Tin, (K) Tin, (K)

Figure 2: The reversed flow and steady state operation is compared in terms of fuel utilization, thermodynamic
efficiency and power output plotted against inlet temperature. Inlet conditions as in Figure 1.
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Introduction

Nitrate concentration in water supplies has experienced an important increase in the last years,
mainly caused by the use of fertilizers necessary for an intensive agricultural production. The
increasing rigorousity of the drinking water quality standards, generates the urgent need to
develop a new technology for the nitrate removal from aqueous solutions. Conventional
techniques for ground water denitrification are relatively costly and they need in some cases a
secondary post-treatment of the effluent and the sludge generated. Recently, it has been
shown that the most adequate way to remove nitrates, from the environmental point of view,
is to convert them into N, by liquid phase nitrate hydrogenation on noble metal catalysts [1-
5]. However the catalyst has to be selective to avoid the production of NO, and NH," .
Typically, metal-oxide supported bimetallic catalysts, combining a noble metal, usually Pd or
Pt, and another metal, such as Cu, Sn or In, supported on alumina have been applied for this
reaction [4-6], but it has been suggested that the kinetics and the selectivity of the process are
severely limited by mass transfer limitations [2, 7]. The diffusion of the reactants towards the
active centers is very influenced by the nature of the support and by the reactor, for this
reason it is necessary an adequate selection of them to design an active catalyst.

In the present work, we have studied the influence of different supports on the activity of the
catalysts to show that it is possible to diminish the problems associated with diffusion
limitations by choosing an adequate support. After optimizing the catalyst design, the activity
of this catalyst have been tested in different reactor types.

Experimental

Beta (Si/Al=12.5) and ZSM5 (Si/Al=15) zeolites were supplied by PQ Zeolites, ITQ2 zeolite
(Si/Al=12) and hydrotalcites were synthesized in our laboratory and y-Al,O3 was supplied by
Merck. Palladium and copper were added to the support by standard impregnation methods in

order to have a metal concentration of 5 % and 1.5 % respectively. The sample was calcined
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in air at 500°C for 1 hour and reduced in hydrogen flow at the same temperature. Powder
catalyst was tested in a 1 liter glass reactor and the gas flow was introduced into the vessel
below the impeller. In a typical run, 0.8 g of the catalyst was charged into the reactor
containing 0.6 liters of distilled water with KNOs3, in order to have a nitrate concentration of
90 mg/l. The content of the reactor was purged with nitrogen and brought to reaction
conditions, then a Hy/N, mixture was sparged continuously through the suspension at a
metered rate. The concentrations of NOs, NO,” and NH," in the aqueous-phase samples were
determined by UV/VIS spectroscopy.

The optimized catalyst have been tested in different types of continuous reactors.

Results and discussion

The liquid phase nitrate hydrogenation has been studied on various catalysts based in a
combination of Pd and Cu supported on various materials (Table 1). As it can be observed in
Figure 1 the activity of the catalyst is very dependent on the support used. Catalysts supported
on alumina or hydrotalcite show a fast reduction of the nitrates. On the other hand, those
supported on zeolites exhibit a lower reaction velocity and only with the catalyst supported on
a laminar zeolite, as ITQ2, the complete removal of nitrates is observed. The nature of the
support is also influencing the selectivity of the catalyst and it is shown that with hydrotalcites
the formation of intermediate products as nitrite or final subproducts as ammonia is much
lower than with alumina.(Table 1).

It seems that hydrotalcites diminish the problems associated with diffusion limitations, since
when calcined hydrotalcites are contacted with water, they recover its layered structure by
capturing the anions present in the media (nitrates). The nitrates are located in the interlayer
space next to the metallic active sites, overcoming in this way the problems related with mass
transfer limitation. This does not occur when the support is alumina or zeolites.

Hydrotalcites can be prepared with different metals in its structure (Li-Al, Ca-Al, Zn-Al, Mg-
Al), then the next step was to test these supports in order to optimize the design of the
catalyst. The best results in activity and selectivity were obtained with Mg-Cu/Al
hydrotalcites were copper is in the hydrotalcite structure substituting Mg atoms. Other noble
metal as Pt was impregnated in the hydrotalcites substituting Pd, but the best results were
obtained with the last one.

This clearly indicates that for an adequate behavior of the catalyst in the liquid phase nitrogen
hydrogenation, it is necessary to look for a catalyst with the adequate metal active sites but in
addition, all the factors that contribute to increase diffusion limitations has to be overcome. In

order to do this, the first step has to be to choose an adequate support, as Mg-Al hydrotalcite,
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but the next steps have to be related with an adequate reaction system where all the mass
transfer problems, as the particle size, the stirring or the previous removal of particles and
colloids, have been minimized.

In order to do this, different continuous reactor configurations were tested. It was observed
that a good contact of the three phases present (the optimized solid catalyst, the liquid media
containing the nitrates and the gaseous hydrogen) it is basic in order to obtain good results no
only in the catalyst activity but also in its selectivity. In this way to obtain a very small
diameter of the bubble gas when contacting with the solid catalyst it is the controlling step in

order to obtain good results, similar to those obtained with the batch reactor.

Figure 1. NO5™ concentration profile as a function
of time for Cu/Pd catalysts.
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Catalytic partial oxidation of methane (POM) at short contact times is now considered
as an attractive technology for the small-scale and distributed production of syngas in the
stationary and mobile fuel processing [1]. It is also of great practical interest to integrate POM
into stage combustors of methane for gas turbines wherein, primarily, methane is partially
oxidized to syngas in the fuel-rich combustor. Subsequent addition of syngas to ultra-lean
feeds allows to stabilize combustion and reduce the nitrogen oxide content of exhaust to 1-5
ppm. Syngas may also be added to the conventional vehicle internal combustion engine in
order to decrease pollutant emissions especially during the start -up period. In view of such
applications, realization of POM at contact times < 0.1 sec to miniaturize the reactors is the most
promising route, which determines the use of monolithic catalysts having a low pressure drop
[2]. Furthermore, due to mild exothermicity, the process can be realized in an authothermal
regime ensures a high yield of syngas.

Previous studies of POM using monoliths have been carried out mainly over small
fragments of ceramic monolithic catalysts containing Pt or Rh [2]. Several problems associated
with performance of such monolith catalysts exist. They are high contents of expensive Rh(Pt),
their evaporation due to high temperatures developed in the inlet part of monolith, deactivation
due to carbon build up in the outlet zone. Another problems associate with the insufficient
thermal stability and conductivity of monolith ceramic supports. To solve these problems, new
types of monolith support and more stable active components were developed earlier by the
authors [3].

In this work, performance of developed catalysts comprised of CeO,-ZrO, and LaNiOy
promoted by Pt supported on different types of full-sized monolith substrates was studied in a

POM autothermal reactor at transient and stationary conditions with its subsequent modeling.
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The effect of the linear velocity, feed composition and inlet temperature on the catalysts
performance was elucidated.
Experimental. To prepare catalysts, two types of full-sized monolithic substrates were used:
thin-wall corundum monoliths and honeycomb monoliths based on fechraloy foil. The
corundum monoliths are a hexagon prism with a side of 40 mm and triangular channels with
wall thickness of 0.2— 0.3 mm. The metallic support of 50 mm diameter is made of foils 20 to
50 um in thickness and has the density of cells 200 - 400 per square inch. The foil surface is
additionally protected by coating it with a protective nonporous film of thermally stable
oxides, a few microns in thickness, using the unique technology of blast dusting [3]. Active
components including both mixed oxides and platinum are supported by successive
impregnation with appropriate suspensions or solutions followed by drying and calcination.
For POM experiments, the monolith catalysts along with front and back-end thermal
shields were placed into a tubular stainless-steel reactor with required housing and thermal
insulation. The axial temperature at selected points along the monolith was scanned by
thermocouples located in the central channel plugged with alumina-silica fibers. The linear
velocity of the feed was varied in the range of 0.5-6 m/s. The feed composition was CHy
(natural gas) - 22-29 vol.%, air — balance. Gas composition was analyzed by GC method.
Modelling. For description of the monolith catalyst behavior, one-dimensional model was
used. Reactor was assumed to be adiabatic. The kinetic model of partial methane oxidation
includes the stages of complete methane oxidation shift and reforming reaction. All reaction
stages occur independently and simultaneously [4]. Internal mass transfer control of reaction
rates is negligible. External mass transfer control is significant and taken into account. The
plug flow mode is assumed with respect to the gas phase, heat is dispersed along the monolith
length due to thermal conductivity of substrate.
Results and discussion. To study the performance of the monolith catalyst during start-up,
the air-natural gas mixture heated up to 200-450°C was continuously fed through the cold
monolith catalyst until ignition occurred. At the ignition point, the rapid increase of the
catalyst temperature, methane and oxygen conversion and syngas concentration is observed.
For both catalysts based on corundum and metallic supports, the scan of the axial monolith
temperature in the different points during start-up shows that at all linear velocities in the
range of 0.25-6 m/s, ignition starts in the rear zone of a monolith. After ignition, the thermal
front (maximal catalyst temperature) moves towards the monolith entrance until the stationary

state is attained (Fig.1). At increasing the linear velocity, the time required to attain the steady
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state decreases. At the same linear velocity, the temperature profile stabilizes more rapidly for

the catalysts based on metallic substrate as compared to corundum ones due to
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Fig.1. Temperature profile at different points of the catalyst
based on the corundum substrate during ignition. Linear

velocity — 1 m/s

Fig. 2. Axial temperature dependence on the
monolith length for the catalysts based on different
support types. Linear velocity for catalysts
supported on Fechraloy-foil - 0.78 m/s, corundum
— 1 m/s.

high thermal conductivity of the metal foil.

However, the temperature profile at stationary

state is the same for catalysts based on both corundum and metallic foil (Fig.2).
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Fig. 3. Axial temperature profile along the catalyst
based on corundum monolith at different linear
velocities.

Fig. 4. Temperature profile of the solid and gas phase
for the catalyst based on corundum monolith. Steady
state regime, linear velocity- 1m/s, CH, — 28%. Circles
—measured catalyst temperature, lines — simulated
temperature of catalyst and gas.

At the steady state regime, the location of the hottest monolith zone depends on the

linear velocity. As the linear velocity increases, this zone moves to the monolith exit due to

monolith cooling by the incoming gas (Fig.3)

1

. At the inlet gas temperature of 300°C and the
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linear velocity in the range of 0.5-2 m/s, methane conversion and syngas concentration are
nearly constant being equal to 77-72% and 45-41%, correspondingly. They decrease with
decreasing the inlet gas temperature.

It is known that partial methane oxidation can occur through an indirect route
including total oxidation of CH4 to CO, and H,O followed by steam and dry reforming of
remaining CHy4 [1]. Hence, in the narrow hottest zone of the monolith, highly exothermic total
oxidation occurs producing heat, which leads to the steep increase of the temperature. While
oxygen is consumed in this zone producing mainly CO;, and H,O, syngas is formed further
downstream via steam and, apparently, dry reforming of methane. The endothermic reforming
reactions lead to the temperature decrease along the catalytic monolith.

The simulation of the temperature profile along the catalyst based on corundum
monolith is in a good agreement with the experimental results (Fig. 4). In the exit zone of the
monolith, the simulated temperature of the gas phase is shown to be lower than the catalyst

temperature.
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Introduction

Improvement of selectivity and desired product yield in complex reaction systems is
one of the major problems in catalytic reaction engineering and also one of the main
challenges in the catalytic reaction engineering area. Usually such problems are solved by
development of new highly selective catalysts and by optimization of process operation
parameters, though it cannot guarantee the desired results in all cases.

One of the most prospective approaches for solution of the problem is application of
transient nonstationary regimes [1,2] and, in particular, periodical separate feeding of oxidant
and reductant. Studies [3,4] on propane oxidative dehydrogenation at vanadia catalysts
demonstrated that FFCC under isothermal conditions provided by periodical oscillations of
propane/oxygen concentration ratio in feed leads to increase of propylene yield compared to
steady-state conditions, with maximum Cs;Hg production at separate feeding of reagents.

Simulation of transient temperature and composition phenomena in an adiabatic
packed catalyst bed arising under periodical separate feeding of reagents was earlier
investigated by author for a complex consecutive system of model reactions [5]. The current
research is devoted to the case study of selective oxidative dehydrogenation of propane to

propylene.

Model formulation

As it was demonstrated in [4], the propane conversion at vanadia-titania catalyst may be
described by Eley-Rideal mechanism, proposing that oxygen is involved into reaction via step
of chemisorption, while hydrocarbon species react with chemisorbed lattice oxygen only (and
not the gas phase one). In this case the reaction scheme may be formulated as follows [4]:

Cs3Hg + [V20s5] = CsHg + H,O + [V204] (1)
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C3Hg + 9 [V205s] = 3 CO, + 3H0 + 9 [V504] )
C3Hg + 10 [V20s5] = 3 CO, + 4H,0 + 10 [V,04] 3)
[V204] + % 02 = [VzOs] (4)

At formulation of the process mathematical model two important factors were taken
into account: possibility of significant changing both the reaction mixture volume and heat
capacity in course of reaction performance. To simplify the model at this stage of research,
the dispersion factors (heat conductivity of the catalyst bed, mass transfer by gas diffusion), as
well as inter-phase heat/mass exchange were excluded from the description. The bed was
accounted as adiabatic and one-dimensional.

With account of these factors, the mass balance for species in the gas phase was

expressed as:

O(uc,

(7’) =D VW, (5)
with boundary conditions:

=0 = wu=u,; c,=c (6)

where u — superficial gas velocity, ¢; — molar concentrations of gas species (i = C3Hg, C3Hg,
CO,, HyO, O,, N»), v; — stoichiometric coefficients of i-th species in j-th reactions, w; —
reaction rates (j = 1+4 correspond to reactions (1-4)), index in specifies values at the bed inlet.

Mass balance for lattice oxygen at the catalyst surface was given by equation:

00
_—= V.. . 7
A, o Ej g (7)

TAC dmq: — Maximum chemisorption capacity of catalyst surface in respect to lattice oxygen,
@ - surface fraction of oxidized active sites [V,0s] at the catalyst surface.
Kinetic equations (as well as values of their parameters) for w; were taken in
accordance with [4]:
Wy = kiCesps0
W, = KyCesp0”
Wy = i€z’ ®
w, =k,c,,(1-0)
Due to significant changing of gas heat capacity in course of reaction it was
impossible to use conventional technique of adiabatic heat rise application, therefore, energy

balance was formulated in enthalpy terms:
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0H,(T.0) _ 0uH (T.c)

l-¢ 9
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0 h (T
ooy T g 20 BT "
Tor Oy ot
with boundary conditions:
=0 =u,; T=T
= u um’ in (11)

t=0 = T()=T,;,(0);0() =80, ()
where T — temperature, H.,, and H, — enthalpies of catalyst and gas, respectively, y - heat
capacity of catalyst support material, AHy = AHy205 - AHy204, hi — enthalpies of individual
(i-th) components of reaction mixture.

Analysis of thermodynamic data showed that it is possible to neglect temperature
dependence for y and A4Hp and to simplify polynomial functions 4; (7) by linear
dependencies. Thermodynamic properties of surface species (V,04 and V,0s) were assumed
to be equal to ones for the bulk state of these compounds.

Preliminary estimation of heat effects for reactions (1-4) showed, that stage of surface
selective oxidation (1) has slightly negative heat effect (app. -1.1 kcal per mole of propane),
while total exothermal character bulk selective oxidation (27.9 kcal/mole) is caused by high
enough heat effect of catalyst reoxidation stage (4) — ~ 29 kcal per mole of [V,04]. At the
same time both deep oxidation stages (2,3) has fairly expressed positive heat effect (equal to

~ 200 kcal/mole for both stages).

Simulation results

Fig.1 represents the movement of heat front during feeding of pure propane with
elevated inlet temperature in the cold bed of preliminary oxidized catalyst. It is seen that (due
to practically zero heat effect of target reaction (1)) the maximum temperature of the catalyst
does not significantly exceeds the inlet gas temperature. In such conditions the observed
average-per-cycle selectivity of propane conversion into propylene is significantly higher than
in steady-state processes. In turn, reoxidation of the reduced catalyst by air also occurs at
moderate maximum temperatures (not exceeding 400°C), therefore, the process may be
realized without catalyst overheating even in case of using undiluted propane as feed.

Evidently, application of undiluted propane feed together with higher selectivity
provide higher unit propylene (per catalyst unit volume) output, compared to steady-state

processes, despite lower observed average conversion.
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Among other process advantages (compared to steady-state processes) the following
may be stated:

e higher propylene concentration in outlet gases and absence of diluents will simplify
separation of product propylene;

e absence of direct contact between hydrocarbon flammable species and oxygen,
impossibility of catalyst overheating will improve process safety;

e air may be used as oxidative agent instead of pure oxygen without decrease of process
efficiency;

e Jow coke formation (due to moderate process temperatures) as well as efficient
incineration of deposited coke during each reoxidation cycle may lead to higher

lifetime of the catalyst.
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Fig. 1. Temperature profiles vs catalyst bed length in different time points
(time from cycle beginning is given at the right in seconds) under feeding
of pure propane into oxidized catalyst bed. Conditions:
clis =L chy =0, Ty=300°C, T;i=20°C, Gpi=1, L=1 m, u =1 m/sec, aya = 20.8.

Gas filtration direction is shown by arrow.
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Abstract

The emission of industrial exhaust gases containing diluted Volatile Organic
Compounds (VOCs) into the atmosphere is an important source of air pollution and an
environmental concern. Abatement of VOCs needs highly efficient low cost processes.
Conventional techniques for the abatement of VOCs mainly include thermal and thermo-
catalytic oxidation. However, at low VOC concentrations (< 1000 ppm), these techniques are
limited by the energy supply. Among the alternatives, non-thermal plasma (NTP) generated at
atmospheric pressure is advantageous. The NTP selectively produces high energy electrons at
ambient temperature without heating the flue gas. The NTP has been tested for the destruction
of various VOCs, but the low selectivity (0.3 to 0.5) to total oxidation products (CO, and
H,0) limits the application. In order to improve the efficiency of NTP technique, plasma is
often combined with a heterogeneous catalyst. In practice, the catalyst can be placed either in
the discharge zone (in-plasma catalytic reactor) or after the discharge zone (post-plasma
catalytic reactor). However, both reactors suffer due to the deactivation of the catalyst caused
by carbonaceous deposits on the catalyst surface. Hence, novel reactors combining plasma
with the catalytic action are needed. Present study deals with the design and performance of a
novel dielectric barrier discharge (DBD) reactor for the destruction of VOCs. Influence the
catalyst, voltage, frequency and energy input are studied for VOCs of different nature.

A novel DBD reactor with catalytic electrode is shown in Fig.1. The novelty is that the
metallic catalyst made of sintered metal fibers (SMF) also serves as the inner electrode. The
dielectric discharge was generated in a cylindrical quartz tube with a modified stainless steel
filter (SMF) as the inner electrode. The SMF was doped by Mn and Co oxides. Typical
discharge length was 10 cm and discharge gap was varied between 1.0 to 3.5 mm. The
specific input energy (SIE) in the range 165-1650 J/I was applied by varying the AC high
voltage (12.5-22.5 kV) and frequency (200-350 Hz). The V-Q Lissajous method was used to

determine the discharge power (W) from which SIE was calculated. Destruction of model
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VOCs (toluene, isopropanol (IPA) and trichloroethylene (TCE)) was carried out in the DBD

reactor designed.

- — :

— _ = VOC

I I

CO, + H,0 ‘=

SMF  Microdischarge Copper rod

Fig. 1. Schematic representation of the novel DBD reactor

Typical results obtained show that under the same experimental conditions (discharge
gap of 3.5 mm) MnOx and CoOx supported SMF electrodes shifted the product distribution
towards total oxidation. At a fixed initial concentration of the VOC:s, it has been observed that
total oxidation of an alcohol (IPA) can be achieved at low SIE compared to an aromatic
hydrocarbon (toluene) followed by chlorinated hydrocarbon (TCE). The optimized results
with MnOx/ SMF electrode indicate that for 250 ppm of VOC, a SIE of 760 and 1650 J/1 was
required for the complete oxidation of IPA and toluene, respectively, whereas for TCE the
selectivity to CO, was ~ 50 % even at 1650 J/1. The better performance of MnOx/ SMF might
be due to the formation of active oxygen species by the in-situ decomposition of ozone on the
catalyst surface. The selectivity to CO, during TCE destruction was further improved up to ~
85 % at 650 J/1 by modifying MnOx/SMF with TiO,. The catalysts were characterized by

different methods and the results will be presented in detail.
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One of the specific features of heterogeneous catalytic processes in the reactors with
fluidized bed is that catalyst particles move continuously in non-uniform field of gas
concentrations. The concentrations of active species on the catalyst surface depend on the
surrounding gas composition due to reaction stages and various physical processes on the
surface and in the bulk of the crystalline lattice. The time scale required for attainment of
steady state of the catalyst surface could be close or exceed the time scale of particles moving
along the bed height. In this case, in spite of stationary operation conditions of fluidized bed
reactor as a whole, the process is realized at unsteady coverage of the catalyst surface by
reactive species with respect to reagent and product concentrations [1].

Under unsteady state of the catalyst the main process characteristics such as reagent
conversion, selectivity to desired product, process productivity etc., could differ considerably
from the ones for steady conditions. The studies illustrated the similar effects were fulfilled
for the processes in the fixed catalyst bed with forced feed composition cycling. It was shown
that such approach may provide enhancement of selectivity for a number of reaction systems
[2,3,4]. But effects of unsteady state of the catalyst surface in fluidized bed reactors were
studied only in a few works [1, 5, 6].

This work considers such effect on products selectivity in fluidized bed reactor (without
inlet and outlet of catalyst particles) for the partial oxidation processes. At first the numerical
simulation of the system behaviour is carried out for model kinetic scheme. Examples of the
comparison of modeling and experimental results are discussed also for some processes of

selective oxidation of hydrocarbons.

Mathematical model. The review of equation systems of material balance based on the
kinetics with steady coverage of catalyst surface and used nowadays for process modeling in

the reactor with fluidization regime is given in the publication of J. R. Grace with co-workers
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[7]. To simulate the system behavior with catalyst unsteady state this mathematical
description includes in addition the differential equation of the Focker-Plank type [1]. In
studies presented below the simple two-phase model is applied to describe gas concentration

profiles.

Model kinetic scheme. The simplified reaction scheme used for simulation contains two
consecutive pathways of partial and deep oxidation: A+v; B—>C, C+ v, B — D, where
is A — the reagent, B — the oxidant (oxygen), C — the desired product, D — the undesired
product. These reactions were supposed to occur according the following steps:

a)B+[] > [B]b)A+vi[B]>C+vi[] ¢)C+vy[B]>D+wv,[]

Catalytic step rates were in accordance with mass-action law assuming that activation
energies may depend on the surface coverage [8].

Account runs were fulfilled using complete model, reflecting unsteady coverage of the
catalyst surface, with variation of stoichiometric coefficients and step rate constants as
functions of the fraction of surface oxidized sites. To reveal the effect of unsteady catalyst
state, the results were compared with the data simulated for the steady coverage of the catalyst
surface. For the second stage, as usually, the surface oxidant concentration was taken to be
stationary with respect to gas concentrations and excluded from kinetics, all other parameters
were the same. Summarizing results it is possible to choose three types of effects for studied
system:

— Catalytic step rates are linearly dependent on surface oxidant concentration. Unsteady and
steady catalyst state in fluidized bed lead to the same output yield of desired product C.

— The dependence is not linear, selectivity rises with the increase of the fraction of oxidized
active sites. Process selectivity in the reactor declines because of more reduced unsteady
state of the catalyst surface.

— Selectivity increases with the growth of the fraction of reduced surface sites. Unsteady
surface coverage results in the rise of process selectivity and output yield of purposeful
product C.

Thus, due to integral unsteady state of the catalyst the selectivity to purposeful product in
the fluidized bed reactor might be considerably lower or higher as compared to that for
corresponding stationary state. The state of the catalyst in the fluidized bed could be one of
the main factors governing the product selectivity. The examples of such effects are given

below.
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Effect of unsteady state for the selective oxidation processes. Numerical simulation of
three processes of selective oxidation of hydrocarbons was carried out comparing with the
experimental results of laboratory and pilot setups with fluidized bed reactor.

Propylene oxidation to acrolein and acrylic acid

The process was realized on Co/Mo/Te/P catalyst in the pilot fluidized bed reactor. 11-
12% decrease of the yield of acrolein and acrylic acid was obtained in comparison with the
data simulated on the basis of stationary kinetic model.

Modeling has shown that the product selectivity decrease takes place as a result of mass
transfer between a dense and bubble phase, by about 1-2%, and as a result of unsteady state of
the catalyst, by about 10%. The special comparison experiments in laboratory reactors with a
fixed and fluidized bed have confirmed these results. At studied operation conditions the
catalyst surface was found to be more reduced in the fluidized bed reactor than one of the
reactor with the fixed bed.

Propylene ammoxidation to acrylonitrile

The transient experiments obtained on 8-component catalyst (C-41 type) showed that the
reduction of catalyst surface results in an increase of the selectivity to acrylonitrile. In the
fluidized bed reactor, the state of the catalyst surface depends on the ratio of inlet
concentration of ammonia to oxygen one. The optimal conditions were found by simulation to
exclude unsteady state of the catalyst with a high degree of oxygen coverage and to provide
maximum selectivity to acrylonitrile. The experiments in the pilot reactor confirmed the
modeling results to demonstrate the 3-4% increase of the acrylonitrile selectivity.

O-xylene oxidation to phthalic anhydride

The simulation has been carried out based on the dynamic kinetic model. Quantitative
estimations of surface species on V-Ti-O catalyst were received for the process in the
fluidized bed reactor. Reactor modeling was performed for isothermal and nonisothermal
fluidization regimes and for such regimes to assume steady catalyst state. Simulation results
were in an agreement with experiments carried out in the lab fluidized bed reactor by A.A.
Ivanov with co-workers [5].

At studied operation conditions the process occurs with unsteady state of the catalyst.
This state generated for isothermal conditions results in significant decrease of phthalic
anhydride selectivity in the reactor. The selectivity loweres by 6-8 % in comparison with one
simulated with stationary kinetics. Conditions to form the unsteady selective state of the

catalyst with the high yield of phthalic anhydride have been specified. In nonisothermal

177



OP-3-19

regime the alteration of catalyst state takes place in comparison with isothermal conditions

and phthalic anhydride yield increases by about 20%.

Acknowledgments
The authors are grateful:

— to colleagues from Boreskov Institute of Catalysis T.V.Andrushkevich and A.A. Ivanov
with co-workers for a large number of precise experiments and fruitful discussion;

— to V.P.Gaevoi (Sobolev Institute of Mathematics ) and E.M. Sadovskaya (Boreskov

Institute of Catalysis) for assistance in software development.

References
1. Slinko M.G., Pokrovskaya S.A., Sheplev V.S., Dokl AN SSSR., 221 (1975) 157-161; 244 (1979) 669-673.

2. Yu.Sh. Matros, Catalytic Processes Under Unsteady-State Conditions, Elsevier Science Publishers,
Amsterdam,1988.

3. P.L. Silveston, Composition Modulation of Catalytic Reactors, Gordon and Breach Science Publishers,
1998.

4. AN. Zagoruiko, Chemical Engineering Journal, 107 (2005) 133-139.

5. A.A. Ivanov and B.S. Balzhinimaev, In Proceedings of the International Conference “Unsteady State
Processes in Catalysis” (1990) 91-113, Utrecht, The Netherlands, Tokyo, Japan: VSP.

6. Reshetnikov S.I., Balzhinimaev B.S., Gaevoi V.P., Ivanov A.A., Chemical Engineering Journal, 60 (1995)
131-139.

7. H.T.Bi, N.Ellis, I.A.Abba, J.R.Grace, CES, 55 (2000) 4789-4825.

8. A. Renken, In Proceedings of the International Conference “Unsteady State Processes in Catalysis” (1990)
183-203, Utrecht, The Netherlands, Tokyo, Japan: VSP.

178



OP-3-20

MATHEMATICAL MODELING AND EXPERIMENTAL STUDY
OF HIGH PRESSURE ETHYLENE POLYMERIZATION REACTORS

A.M. Saveljev¥®, Ju.N. Kondratjev*, A.E. Sofiev*, S.S. Ivanchev**

*Central R&D Institute for Complex Automation
8, Mozhaisky Val, Moscow, Russia
fax: +7 (495) 2404206, e-mail: AMSAVELIEV@mtu-net.ru
**8t-Petersburg Department of the Boreskov Institute of Catalysis SB RAS
14, prospect Dobrolubova, 197198, St-Petersburg, Russia
fax: +7 812 2330002, e-mail: ivanchev@SM2270.spb.edu

Mathematical models and experimental data are discussed for high pressure ethylene
polymerizations in stirred tank and tubular reactors. The model is based on free radical
mechanism of ethylene polymerization using material and energy balance equations as well as
impact balance (for tubular reactors).

A stirred tank reactor is modeled taking into account mixing modes in the reactor on
the basis of the segregation approach. Models for single- and double-zone stirred tank reactors
are considered upon the comparison of the relating calculations with experimental data
obtained using commercial polymerization reactors. The developed mathematical model was
used to study the stability of stirred tank reactors and determine the range of the process
parameters corresponding to their sustainable functioning. The possibility and conditions
responsible for arising of bifurcation modes in the reactor at certain process parameters as
well as the effect of the initiation and mixing modes upon the stable functioning ranges are
theoretically revealed and experimentally confirmed.

The experimental data show that at the temperature increase in the top cross-section of
the reactor (S1) due to the control of the initiator amount supplied in this zone the temperature
growth profile in the next cross-section (S2) gradually drops and the polymerization zone
continuously shifts towards S1. This phenomenon is accompanied by the decrease of the

polymer molecular weight and initiator efficiency (Fig. 1, 2).
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Figure 1. Temperature profiles in S1 and S2  Figure 2. Temperature gradient in two cross-
cross-sections at temperature increase in S1 sections at temperature increase in Sl

Industrial stirred tank reactors operate in a nearly adiabatic mode with the ratio
G*C,/KF > 5 and the temperature difference between the cross-sections S2 and S1 (T, - Tgp)
being always positive. Bcerga nonoxurensHa. (G*, C, are the reaction medium mass flow
and heat capacity accordingly and K, F are the heat transfer constant and surface area in the
stirred tank reactor). However, for a pilot stirred tank installation at G*C, /KF~0.5 the
temperature growth in the cross-section S1 leads to negative values of the temperature
gradient between these cross-sections confirming the process shift towards S1.

At reduced temperatures in S1 zone for a certain initiator the process temperature
should be controlled on the basis of the temperatures in this cross-section while at higher S1
temperatures the control can be based on the levels for either S1 or S2. The further increase of
S1 temperature with S2-S1 temperature gradient approaching zero is undesirable in view of a
high risk of the process thermal stability loss.

The considered changes in the polymerization behavior are qualitatively intrinsic to all
the applied initiators, however a certain initiator type affects the temperature gradient value in
S1 cross-section. For Trigonox-36 the low temperature level is 170-175°C whereas for
Trigonox-42 this value is about 215°C.

For a multi-zone tubular reactor the mathematical model is based on the plug-flow
admission and the following aspects are presented and discussed:

- calculation results and experimental data for a series of commercial ethylene
polymerization reactors;

- recommendations for the selection of optimum technological conditions and modes
for the exploration of such reactors as well as for their geometric (length, number of zones

and their diameters) and heat exchange system design.
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The adequacy of the developed mathematical models was tested using experimental
data obtained for various commercial tubular polyethylene production reactors. First the
sensitivity towards the main process parameters was analyzed followed by the determination
of criteria to the experimental data. The studies were carried out relating to industrial high
pressure reactors with a merely peroxide (stirred tank and tubular reactors), oxygen and
complex (tubular reactors) initiation.

The results of mathematical modeling for a double-zone tubular reactor with different
initiating systems are shown in Fig. 3 and fitting of the calculated and experimental
temperature profiles are illustrated in Fig. 4. The theoretically expected and measured data for
the initiator consumption, temperature profiles and process control parameters are found to be

in a good agreement.

1 and

0 100 200 300 400 500 600 700 800 900 1000 1100 1200 1300 1400

A e A@ length,m

Figure 3. Temperature profiles in a double-zone tubular reactor with different initiating

systems

1 — oxygen initiation in both zones;

2 — first zone: oxygem + Trigonox-36 (1.9 kg/h), second zone: oxygen;

3 — first zone: oxygen + Trigonox-36 (1.3 kg/h)+Trigonox-C (0.52 kg/h), second zone:
oxygen + Trigonox-C (1.9 kg/h). Conversion growth up to 23 %.

A - initiator solution input points; e - control points.

181



OP-3-20

[
=]

—TgM
—TwM
- 0~ TgE
=== TwE

BBElrdgis

g =

Temperature, C

@ig
o

1% w a - W owm m w
length m

Figure 4. Comparison of experimental and modelling data.

Experiment: PE=10.9tons/h; first zone - Tr-36+Tr-C+0O, (26+15.4+54.6) ppm;

second zone - Tr-C+0O, (28+14.1) ppm

Modeling: PE=11.045 tons/h; first zone — Tr-36+Tr-C+0O, (26+15.4+10.7) ppm;

second zone — Tr-C+0; (30.2+4.33) ppm
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Dimethyl carbonate (DMC) has drawn considerable attentions as it is considered as an
environmentally benign building block and has wide usage in chemical industry. It may be
used as methylation reagent to substitute extremely toxic dimethyl sulfate or as carbonylation
reagent for replacing phosgene [1-3]. However, the current routes of the DMC synthesis suffer
from some drawbacks, such as using of poisonous and/or corrosive gases of chlorine, nitrogen
oxides and carbomonoxide and bearing the possibility of explosion. Recently, a novel process
for the synthesis of DMC from urea and methanol over heterogeneous solid bases catalyst has
been presented and successfully carried out in packed reactive distillation at bench and pilot
scale[1].

The packed reactive distillation (RD), a kind of reactive distillation, which combine a
chemical reaction and distillation in a single unit, has become more important in the chemical
processing industry for it can provide many advantages, such as high product conversion and
selectivity, energy saving, simpler operation, overcoming of the azeotropic limitations and
prolonging the catalyst lifetime[4]. Its application in chemical industry has increased rapidly in
recent year. Up to now, a quite number of publications on nonequilibrium models have been
presented on investigation of the performance of the RD.

In this work, a nonequilibrium model has been developed for the packed RD process of the
DMC synthesis by urea methanolysis method over heterogeneous solid bases catalyst, which

has been operated in the pilot scale. The mass and heat transfer between the vapor and liquid
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surface is taken into account based on the Maxwell-Stefan theory. The heterogeneous reaction
in the DMC synthesis process is considered as a pseudo-homogeneous description, so the total
amount of the catalyst presented in the RD is the necessary parameter to meet the need of the
chemical reactions [5]. The mathematical model has been solved by discretizing the
differential equations along the spatial dimension using a high order finite-differential
approach [6].

The synthesis of DMC from urea and methanol was considered to be a two-step reaction
(shown as following). The intermediate methyl carbomate (MC) was produced with high yield
in the first step and further converted to DMC by reaction with methanol in the second step. It
was also found that the first step is much easier than the second step which might take place
even without catalyst[1]. As a result, the first reaction of the DMC synthesis has been omitted
in the kinetics model.

]

o}
/U\ +  CH;OH —— )]\ + NH, (1)
NH,

H2N NH, H3CO
o} o
)J\ + CHOH ———————> )J\ + NH, 2)
HsCO NH, H4CO OCH;

As can be seen from Egs. (1) and Egs. (2), the reaction system includes a light component
ammonia and a binary azeotrope methanol-DMC. Considering the system nonideality, the
Wilson model for the liquid activity and the Virial function for the gas fugacity are used to
calculate the vapor-liquid equilibrium.

As a result, the following assumptions are made for the NEQ model:

(1) The process reaches steady state;

(2) The first reaction is omitted as the first step may be take place in the preheater without
catalyst.

(3) The reactions take place entirely in the liquid bulk.

(4) The heat effect of the reaction is omitted in the model.

(5) Total mixing for liquid bulk.

(6) Vapor-liquid equilibrium occurs at the vapor-liquid interface and in the condenser and the
reboiler.

(7) The reactions are considered to be pseudo-homogeneous.
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(8) The pressure drop per meter along the RD column is considered as constant.
The nonequilibrium differential model equations are described below:

Material balance is defined as:

—%+fiL+Rl.+N,.L:O &)
dz

Dy N =0 (4)

dz

The energy balance is defined as:

d(LH")
—7+FLHL+eL+Q=0 )
Vv
CZ(V—I;I)+FVHV—eV+Q:O (6)

where the vapor and liquid energy transfer rate is considered as equal. The vapor heat

transfer rate is defined as:

8TV C
e =—h'a——+> N'H" ™)
on ‘S
Vapor-liquid equilibrium occurs at the vapor-liquid interface:
1 1.1 (8)
Vi —Kix; =0
The equilibrium constant is computed by
0 0
K = by.f, (€))

i Pf

The mathematical model is discretized along the spatial dimension of the packed reactive
distillation using a high order finite-differential approach to generate the differential-algebraic
equations [6].

The simulated column is configured with two feeding inlets and a side outlet, two preheaters
for each feeding inltet, in which the first step reaction of the DMC synthesis occur. The catalyst
pellets are randomly packed in the reaction section. As for releasing the noncondensing gas of
ammonia, the distillation has configured a partial condenser.

The process for the DMC synthesis has been operated at the pressure of 10-16 atm. and the
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reactions took place at the temperature of 420-450 K. The mixture of urea and methanol and
the pure methanol were fed to the RD respectively and the product was sampled from the side
outlet. Based on the nonequilibrium model, the catalytic feasibility, effects of the feed
locations of the reactants, the strong interaction of the components and the mass transfer in the
packed RD column has been investigated. The predicted result was in accordance with the
experiment data.

Conclusion: In this work, a nonequilibrium model of the packed reactive distillation has
been carried out to investigate the process for the synthesis of DMC from urea and methanol
by using solid base as catalyst. As the process includes a binary azeotrope, the reactive

distillation has shown its advantages on the synthesis of the DMC and the product separation.

Notation

a efficient interface area, m?/m’

e e’ liquid and vapor heat transfer rate, J/s

AN liquid and vapor feed of component i, mol/s
F' " liquid and vapor feed, mol/s

h heat transfer coefficient, J mZs'K!

H* liquid enthalpy, J/mol

H" vapor enthalpy, J/mol

K! equilibrium ratio

. liquid flux of component i, mol/s

NE, N/ vapor and vapor mass transfer rate of component i, mol/s
P pressure, kPa

P’ vapor pressure of component i, kPa

0 heat duty, J/s

T absolute temperature, K

v, vapor flux of component i, mol/s

x liquid composition, molar fraction

y vapor composition, molar fraction

References

11 W. Mouhua, W. Hui, Z. Ning, Catal. Comm. 7 (2005) 6.

2] A.G. Shaikh, S. Sivaram, Chem. Rev. 96 (1996) 951.

3] P. Tundo, M. Selva, Chemtech. 25 (5) (1995) 31.

4] L. Huping, X. Wende, Chem. Eng. Sci. 56 (2001) 406.

5] Higler, A, Taylor, R., & Krishna, R. Comput. Chem. Eng. 22 (1998) 113.
]

[
[
[
[
[
[6] Sebastien Lextrait, R. Bruce Eldridge, Ind. Eng. Chem. Res. 43(2004) 3860.

186



OP-3-22

CITRAL HYDROGENATION OVER DIFFERENT ZEOLITES AND
MCM-41 SUPPORTED Ni AND Ni-Sn CATALYSTS

Hilal Giilec', Selahatttin Yilmaz!, Levent Artok’

" Department of Chemical Engineering,” Department of Chemistry,
Lzmir Insitute of Technology, Giilbahge Koyii, Urla,zmir, Fax:00-90-232-7506645,

e-mail:selahattinyilmaz@jiyte.edu.tr

1. INTRODUCTION

The selective hydrogenation of a-f unsaturated aldehydes is a difficult challenge since the
C=C bond is much easily attacked then the C=0O bond when a conventional heterogeneous
catalysts used. Therefore, many efforts have been made to develop a suitable industrial
catalyst that would be able to lead to the hydrogenation of C=0O bond to get unsaturated
alcohols. Citral hydrogenation was performed over noble metals (Pt, Rh, Ru, Pd and Ni) on
different supports [1-5] over bimetallic catalysts such as Ni-Cu [5], Ru-Fe [3] and Ru-Sn [7,8]
and over basic catalysts [9]. These studies showed that modification of the metal properties by
promoter increased selectivity to unsaturated alcohols (nerol, geraniol, citronellol) and the
support also affected the product distribution. Electronic effects and geometric effects have
been suggested as explantaion for the improvement in the selectivity to unsaturated alcohols.

Zeolite supports induce the possibility of metal support interactions: active metals can be
polarized by nearby cations or by metal support interaction [10]. Zeolite supported
monometallic catalysts were tested in citral hydrogenation recently [4,5]. Maki-Arwela et
al[2003] reported that the Ni supported on H or NH4 forms of Y zeolite catalysts gave lower
selectivities (<5%) and this was attributed to the presence of acid sites in the zeolite.
However, in our study [5] Pd supported on clinoptiolite rich natural zeolite, the major product
was citronellal (90 % selectivity). Further research is needed to determine the role of zeolite
supports in citral hydrogenation reaction.

In the present study, monometalic (Ni) and bimetallic (Ni-Sn) catalysts supported on
Na-Y, Na-Beta, Na-Mordenite (Na-MOR) and MCM-41 and clinoptilolite rich natural zeolite

(CLINO) were prepared, characterized and tested in citral hydrogenation.
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2. EXPERIMENTAL STUDY
2.1. Preparation of Catalysts

Clinoptilolite rich natural zeolites (Gordes-Manisa, Turkey) [4], Na-MOR (Siid-Chemie,
MOR powder), Na-Y (Zeolyst, CBV100), and Na-f (Siid-Chemie, BEA powder) were
calcined at 500 °C under N; flow (100 ml/min) for 5 h in a tubular reactor. MCM-41 was
synthesised according to a method given literature[11] It was calcined at 560 °C with
1.5 °C/min heating rate for 6 h in order to remove the template.

Monometallic Ni catalysts were prepared by impregnation method from a ethanolic
solution of 0.01 M Ni(NOs3),.6H,O. Bimetallic catalysts were prepared by coimpregnation
method. The Ni loading of the catalysts were kept constant (10 wt %) while the Sn/(Sn+Ni)
mole ratio was 0.2. For this catalyst, the ethanolic solution of Ni(NO;),.6H,O and
SnCl,.2H,0 was used. The impregnated samples were dried at 120 °C overnight and then they
were calcined at 500 °C under dry air (100 ml/min) for 5 h.

2.3 Catalyst Testing

Hydrogenation experiments were performed in a stirred, semibatch reactor (500 ml, 4574
model, Parr Instrument Co.). The catalysts (0.25 g for each test) were activated in situ. Citral
(200 ml of 0.1 M citral in ethanol) was hydrogenated at 80 °C under 6 bar H, with a stirring
rate of 600 rpm.The products formed were analyzed by a GC and were identified by GC-MS
technique. The compositions of components in the reaction mixture were determined by

internal standardization method.

3. RESULTS AND DISCUSSION
3.1. Catalyst Characterisation

Elemental and textural properties of supports, monometallic and bimetallic catalysts are
given in Table 3.1. The Sn/Sn+Ni mol ratio of bimetallic catalysts are shown in brackets. The
catalyst surface areas were found to decrease with the metal loading. This could be due to
blockage and/or narrowing of some of the pores due to the loading.

SEM micrographs of zeolites showed that the morphologies of the samples were different.
The crystallite sizes of Na-Y, Na-f, Na-MOR, MCM-41 and CLINO supports were around as
400 nm, 100 nm, 150 nm, 500 nm and 7 pm respectively. XRD diagrams showed that the
structures of the support materials were preserved. The peak of Nickel Sin Alloy (NisSn) was

also observed at 20 = 44.8 ° for Na-Y and Na-MOR supported bimetallic catalysts.
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Table 3.1. Properties maximum selectivities of UOL observed with the corresponding

conversion and for the different catalysts tested.

Ni Sn | Si/Al BET Area v, X! Svor”
Catalysts ) N
(Wt %) | (Wt%) (m’/g) (em’/g) (o) (%)
Na-Y - - 2.6 886.1 0463 - -
Ni/Na-Y 8.2 - 2.6 785.7 0.404 57.6 1.5
Ni-Sn/Na-Y (0.2) 8.1 4.1 2.6 703.0 0.324 10.3 274
Na-p - - 12.4 558.8 0413 -
Ni/Na-$ 8.2 - 12.4 549.2 0.350 - 0.0
Ni-Sn/Na-B (0.2) 81 40 12.4 515.8 0.297 18.1 29.7
Na-MOR - - 9.0 390.2 0.233 -
i/Na- - 0
Ni/Na-MOR 38 ] 9.0 394.7 0.182
Ni-Sn/Na-MOR(0.2) 8.1 3.87 9.0 348.2 0.138 26.6 355
MCM-41 - - - 1449.0 0866 -
Ni/MCM-41 85 ] - 1074.2 0.506 29.8 24.8
Ni-Sn/ MCM-41(0.042) 92 0.83 - 970.7 0.564 374 16.9
CLINO - - 53 433 0.065 - -
Ni/CLINO 90 _ 53 38.6 0.055 37.6 13.4
Ni-Sn/CLINO(0.2) 85 46 53 34.1 0.050 26.7 17.1

1) conversion at maximum selectivity to UOL, 2) maximum UOL selectivity observed

3.2 Activity and Selectivity of the Catalysts

Citral hydrogenation reaction over monometallic and bimetallic catalysts gave variety of
products, which were citronellal, citronellol, nerol, geraniol, isopulegol, 3,7-Dimethyl-1-
octanol, menthols and acetals. Unsaturated alcohols nerol and geraniol were reffered to as
UOL in the text. The maximum selectivities to UOL observed for different catalysts with
corresponding conversions are given in Table 2.

The major product over all monometallic catalysts and bimetallic catalysts was citronellal
except for Ni/Na-f catalyst, which gave acetal as the main product. The product distribution
was affected by the different supports. The acetal formation is related to presence of acid sites
[5]. The high silica to alumina ratio of Na-B (compared to other supports) together with its
smallest crystallite and irreqular morphology might be the reason for the acetal formation.
Among the monometalic catalysts, geraniol and nerol formed only Ni/Na-Y, Ni-MCM-41
and Ni/CLINO. Their amounts were initially high and dropped with reaction time. The
maximum selectivity to UOL was observed with Ni-MCM-41 (24.8%).
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Monometallic catalysts showed high activity (conversions> 90 %) over the whole reaction
time (300 min). Ni/Na-Y catalyst gave the highest conversion among the catalyst giving
desired products. This could be related to its high surface area and its Al content compared to
other catalysts.

The addition of Sn affected monometallic catalyst product distributions and activities
differently. Selectivity to UOL significantly increased over Ni-Sn/Na-MOR (from 0 to
35.5 %), Ni-Sn/Na-Y (from 1.5 to 27.4 %) and Ni-Sn/Na-Beta (from 0 to 29.7)%. SyoL was a
little improved over Ni-Sn/CLINO. However, an unexpected trend was observed with
Ni-Sn/MCM-41 for which Syor decreased by 1/3. The significant increase in the Syor was
observed over the catlayst having Ni-Sn alloy formation. Probably these sites were
responsible for enhance UOL formation [7,8]. Amount of acetal formation was also lowered
with bimetallic catalysts. This implied that some of the active acid sites and metal sites were
covered by the promoter. As a result asetal formation decreased

The activity of catalysts dropped with promoter addition except Ni-Sn/MCM-41, this was
the catalyst for which Sn addition decreased Syor. This was the only catalyst that did not
contain Al. The reason for the increase in activity was not clear. This awaits further

invetigation.
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Partial oxidation of methane

The partial oxidation of methane to methanol has considerable potential for the utilization
of vast natural gas fields in remote areas of the world. This process would not only be easier
to of transport, but also increases the range of subsequent applications for further processing.
The number of recent publications in this area reflects renewed interest in this reaction as an
alternative to the two-stage steam reforming route to methanol [1-4]. The partial oxidation
reaction is, potentially, a simpler and more energy-efficient process than the steam-reforming
route, but in spite of the effort of investigators, no catalyst has been obtained to achieve

desired levels of selectivity and conversion to take this process at industrial practice.

The gas-solid-solid reactor

Bearing this in mind, this work focuses in the way to increase the conversion of reversible
reactions in a special kind of multifunctional reactors [5-7]: the gas-solid-solid reactors. In
this reactor, a mixture of gaseous reactants is fed at the bottom of the packed column. The
solid packing contains catalyst pellets. Another solid material, a selective product adsorbent,
is fed at the top of the column and trickles down over the packing. The solids stream adsorbs
the product immediately after it has been released from the catalyst surface. The reaction
product therefore leaves the reactor in the adsorbed state at the lower end of the reactor. The
unconverted reactants leave the reactor at the top, together with the non-adsorbed fraction of
the product formed. With such design the reaction rates are not hampered by a reversed
reaction and remain high. In this way, higher conversions and reaction rates can be expected.
It may be possible even to find out operation conditions so that almost complete conversion
can be achieved, so that the recycling is no longer necessary. This necessarily will result in

considerable investment and operating costs savings.
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Model of the reactor

In this work this concept of reactor design is explored. A two dimensional steady-state
model for the reactor is developed based on the mass and energy balance. The model was
solved numerically through the finite difference method with software written in FORTRAN
90 with the NAG routines. The influence of the process parameters on the behavior of the
reactor is discussed. The model was applied to the case of methanol synthesis directly from
methane over ferric molybdate [8-9], with an amorphous silica-alumina powder as the
methanol adsorbent [10]. The concentration of the adsorbed methanol was optimized at the
exit of the reactor using as decision variables the feed relationship CH4/O; and the supply rate
of adsorbent. The results show that this reactor, in principle, must be cable to lead to high

conversions of the feed gas to product in spite of unfavorable equilibrium.
On the basis of the results of this study, we conclude that a gas-solid-solid reactor offers a
very attractive alternative to today's processes based on catalytic equilibrium reactions and

deserves further evaluation in a pilot plant.
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Introduction

Wastewater has been recognized as one of the most important environmental pressures in
Mediterranean region. The last decades centralized conventional wastewater treatment
systems were typically provided to large cities and secondary towns. However, the
establishment and operation of theses systems in the Mediterranean region have been costly
and problematic (Ansola et al. 2003). As a result, the last decades several efforts have been
made towards the development of alternative methods of wastewater treatment systems well
established in the environmental and socioeconomic status of Mediterranean region. In order
to fullfill the above mentioned expectations a low cost treatment system that is based on solar
photocatalytic oxidation and natural processes has been developed. The system combines the
synergetic action of the heterogeneous photocatalytic oxidation with the surface flow
constructed wetlands in order to utilize the high solar irradiation (Malato et al. 2002) and the
ability of the constructed wetlands to improve water quality through natural processes (Kadlec
and Knight 1996). Comparing to conventional systems of wastewater treatment, the main
advantages of the combined system are:

e Low cost of establishment and operation

e Ability to treat wastewater with great variability of hydraulic and pollutants load.

e Low requirements in chemicals and energy and utilization of solar energy and natural

processes

e No need for additional disinfection method.
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e Wastewater reuse opportunities
Aim of this work is to present the preliminary results regarding the compatibility of the
two methods (heterogeneous photocatalysis/constructed wetlands) and the effectiveness of the

combined system.

Materials and Methods

Experiments were conducted at laboratory scale using of both synthetic (OECD 1999)
and cesspool wastewater. Each experiment consisted of two phases. In the first phase the
wastewater was treated by using heterogeneous photocatalytic method, and the final effluent
was channeled into surface flow constructed wetlands for the final purification. The
photocatalytic treatment was tested using both artificial and natural irradiation in a lab-scale
reactor able to treat 12 liters wastewater. For the needs of the experiment 9 surface flow
wetlands were constructed. The dimensions of each wetland were 60 cm % 30 cm X 50 cm,
the hydraulic residence time was 6 days, and the hydraulic loading rate was 1,5 lit/day. As
wetland substrate a mixture of sandyloam soil and zeolite (5:1) was used and all wetlands
were planted with Typha spp. Dissolved Organic Carbon analysis was performed using a TOC
analyser (Shimadzu, model 5000A).Chemical Oxygen Demand (COD) and phosphates were
measured according to APHA-AWWA-WEF (1992). COD was determined by the COD
micromethod, while phosphates by the use of a spectrophotometer Perkin-Elmer Lambda 3.

Nitrates and ammonium were measured using a Merck RQ Plus Reflectometer.

Results and Discussion

Preliminary experiments using synthetic wastewater under artificial irradiation revealed
that the heterogeneous photocatalytic oxidation led to a 77 % reduction of the organic load,
while the constructed wetlands led to a 17 % reduction (Figure 1). The concentrations of
ammonium and nitrate ions were increased in the treatment process but the final outflow was
below the disposal limits (Figure 2). The concentration of phosphate ions was reduced by
71,56 % in total. Experiments using real cesspool wastewater under solar irradiation revealed
a 98,46 % decrease of the organic load in total (Figure 3). The concentrations of ammonium
and phoshate ions were decreased by 95,6 % and 84,1 % respectively. Nitrates were increased
in the treatment process but the final concentration in the outflow of the combined system was

below the disposal limits (Figure 4).
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Conclusions

The combined system effectively reduces the organic load and nutrients of both synthetic
and cesspool wastewater. In all cases the quality of the outflows fulfilled the environmental
legislative requirements in the region of Thessaloniki (Greece), where the system was tested.

The combination of homogeneous photocatalysis and constructed wetlands provides
several advantages to each other, resulting in a flexible and operational system of wastewater
treatment. The positive effects of Constructed Wetlands on Photocatalysis include:

a) Reduction of treatment time, b) Reduction of the required amounts of chemical additives,
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c) Lower cost of operation, d) Seasonal operation in touristic areas may effectively cope with
peaks of hydraulic and pollutants load, and e) Reduction of nitrogen and phosphorous
concentrations.

On the other hand the main positive effects of Photocatalysis on Constructed Wetlands
include: a) Reduction of the required area, b) Lower cost of establishment, ¢) Elimination of
clogging problems, d) Extension of operational lifetime, and e) Elimination of problems
related to hard degradable substances (e.g. dyes, pesticides)

The preliminary results revealed that heterogeneous photocatalysis and constructed
wetlands are compatible methods and their combination results in an effective treatment
system for synthetic and cesspool wastewater. However further research is needed for the

optimization of the system’s performance and the operational evaluation at large scale.
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This paper presents current activity of the six Institutes from the four countries on applying
chemical reactions in modern devices for production of heat and cold, which are driven by solar
energy. It is being performed within on-going project N 03-51-6260 “Study of solar assisted
adsorption cooling unit (SAACU) using new adsorbent materials” supported by INTAS.
The main objectives of the project are the development of new chemisorbents, belonging to a
family of composite materials (known as Selective Water Sorbents, SWSs [1]), and the
assessment of their utilization efficiency in a cooling thermochemical system driven by
renewable energy sources, e.g. solar energy. The design of the chemisorption reactor and solar
receiver in an integrated unit is also a paramount objective. A small experimental device is

being under development.
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Solar cooling is one of one of the promising ways to transform solar heat for preservation
of food and medicine, production of cold water and ice in arid areas, where other sources of
energy are not available. A solar refrigerator consists of an adsorber 1 (Fig. 1), filled with
solid sorbent and integrated with a flat solar receiver 2, a condenser 3 and an evaporator 4
integrated with an insulated cooling chamber 5 for food preservation.

An ideal cycle of thermochemical refrigerator includes two processes, namely, a
monovariant vapour-solid chemical reaction S + G = G*S with the formation of non-volatile
complex G*S (line 1 on Fig. 2) and, in simple version, an evaporation/condensation of pure
vapour (line 2). The first process can be considered as a sorption of the vapour by the salt.
Heat is consumed in the evaporator at T, and released in the condenser at T, so that both cold
and heat are produced. The cycle is driven by an external heat source, which causes the
decomposition of complex G*S in chemical reactor (adsorber) at pressure Pc and temperature
Td. First demonstration unit was realised by Michel Faraday in 1824 with a reaction between
AgCl and NH; [2].

Sorption systems for heating and cooling based on chemical reactions are considered to
be an alternative to vapour compression cycles using CFC’s that are unacceptable any more
according to the Montreal Protocol of 1988. One more reason concerns the effect of global
warming (the Kyoto Protocol of 1997). Having zero Ozone Depletion and Global Warming
Potentials, thermochemical systems are completely friendly for the environment, and their
large scale dissemination requires searching new advanced chemical reactions, intensification
of heat and mass transfer and improvement of interplay between chemical and thermal

Processces.
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The new composites of SWS type (chemisorbents) have been described elsewhere [1, 3,
4], and here we focus on various aspects of chemical and thermal engineering of this

advanced systems:
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e thermodynamic criteria for choosing a chemical reaction proper for particular cooling
cycle;

e thermodynamic, kinetic and thermal properties of new chemosorbents,

e model of the integrated system taking into account variable climatic conditions;

e detailed mathematical model of chemical reactor/solar receiver unit and exergy analysis;

e design of the thermochemical refrigerator driven by solar energy.

First, we analyzed a basic thermochemical cycle for choosing a proper vapour-solid
reaction (or proper solid sorbent) [5]. The minimal temperature T, necessary to drive this
cycle was found, to depend only on the condenser and evaporator temperatures, T, and T,
which are dictated by ambient climatic conditions. T, was calculated using the Trouton's rule
(Fig. 3). The requirements to the optimal reaction are: a) complete decomposition should
occur immediately at temperature T,; b) amount of vapor desorbed at T, should be maximal.
The optimal adsorbent for the cycle considered in this project is to be searched among the
class of hydrated compounds, first of all, the dehydration of CaCl,-2H,0, Ca(NOs),-2H,0,
Ca(NOs3),:3H,0 and Na,HPO4-2H,0.

These substances were confined to pores of various host materials (silica, alumina) to
improve dynamics of mass transfer and avoid a hysteresis between the formation and
decomposition reactions. Sorption equilibrium with water vapor was measured at T = 35-
150 °C and P(H,O) = 6-70 mbar [7, 8]. Sorption kinetics is controlled by the intraparticle
Knudsen diffusion of water. Appropriate diffusivities have been measured as function of
temperature, water uptake and salt content [9, 10]. For CaCly/alumina a crossover to chemical
reaction limitation was found at large salt contents. The equilibrium and dynamic data served
as input parameters for further mathematical modeling.

One of the main peculiarities of a solar refrigerator is the variation of its working
conditions (the ambient temperature and solar radiation). To put this factor in evidence we
collected, systemized and processed climatic information for different sites (South of Russia,
Italy, Germany, South-Eastern Asia, Africa, etc.) in formats necessary for the dynamic
simulation of solar chiller. Typical Meteorological Years were generated for these selected
sites for further utilization under the TRNSYS software [11]. Fig. 4 presents the averaged
daily solar radiation for Messina.

Developed mathematical model of the thermochemical refrigerator allowed the simulation
of the unit operation in real climatic conditions as well as the study on how different

parameters affect the system thermal ratio STR and specific cooling power SCP at different
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rated evaporator temperatures, varied in our calculations from 5 to 10 °C. If use the composite

CaCly/silica, the model for different sites predicted the SCP = 35 — 60 W/m? and STR ~ 0.2,

that is better than for common adsorbents. To reach these values the optimal mass of solid

sorbent should be 12-16 kg/m” and the typical time for setting sorption equilibrium in the

granulated sorbent layer should be less than 1 h. The latter value takes into account both heat

and mass transfer in the layer as well as the rate of chemical reaction. Detailed analysis of

these processes, which will carefully consider the effect of the vapor re-adsorption along the

layer (the heat pipe effect), is on the way.
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As a result of this comprehensive study a prototype of the thermochemical refrigerator

driven by solar energy has been designed and built (Fig. 5). It will be tested in Crimea during

summer 2006.

The authors thank INTAS (grant Ne 03-51-6260) for financial support of this work.
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Introduction

Size reduction is a critical issue for the applicability of mobile fuel cell and fuel
processing systems, which is currently addressed by widespread international research. The
benefits gained by microstructured heat-exchanger / reactor technology [1] are thus under
investigation in numerous research projects related to fuel processing [2, 3].

Based upon experience with processing of methanol [4], ethanol, propane [5], gasoline [6]
and diesel, a comprehensive study of advantages and drawbacks of different fuels is provided. It
covers not only catalyst activity and durability issues [7, 8] and reactor design, but also the
aspects of heat- and water management, start-up procedures, choice of reactor material, joining
techniques and the aspects of future mass production of these devices, which are dedicated for
the future distributed and clean energy production. Another issue, which needs to be taken into
consideration, are the gas purification system requirements. This clean-up system needs to be
installed downstream the reformer itself and deals mostly with the removal of carbon monoxide
out of the reformate, at least as long as conventional PEM fuel cell systems are applied. In case
catalytic CO-clean-up is chosen as strategy, it usually comprises water-gas shift and preferential
oxidation of carbon monoxide, which both bear significant potential for improvement by the
application of microstructured heat-exchangers [9, 10, 11, 12]. The efforts required for this
purification system depend, once again, strongly on the fuel applied.

Alcohol Fuels

Alcohol fuels such as methanol and ethanol have significant advantages concerning the
operating temperature of the reformer itself, which is significantly lower compared to
hydrocarbon reforming. Methanol reforming, especially in case steam reforming, may well be
operated at temperatures below 300°C. However, recent catalyst development work will be
presented, which deals with new formulations allowing for a lower operating temperature for
ethanol as well. Due to its lower toxicity and its potential production from organic waste,
ethanol appears even more attractive than methanol on the longer term. The low operating
temperature makes alcohol fuels attractive especially for portable energy generation systems.

The smaller the size of the fuel processor the more drastic are the effects of heat losses on
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system efficiency and consequently system size. Examples of the effects of heat losses on fuel
processor efficiency will be presented.

However, the lower the operating temperature of the reforming reaction, the lower the
activity of the catalytic systems is. A comparison of the activity of commercial and self-
developed catalyst systems for different fuels will be provided. However, lower catalyst
activity relates to higher reactor size, regardless if microstructured plate heat-exchanger
technology, metallic or ceramic monoliths or even fixed beds are applied.

Finally, low operating temperatures allow for alternative choice of the reactor material
different to stainless steel, such as aluminium, which helps to reduce the system weight.
However, the laser welding procedure usually applied for joining microstructured plate stacks
at IMM (see Fig.1) is not applicable for this novel material. Consequently, new joining
techniques such as brazing (see Fig.2) and electron beam welding, which were so far only

applied for stainless steel, need to be adopted for aluminium.

Fig.1: Integrated Methanol steam reformer / Fig.2: Micro-structured heat-exchangers
catalytic afterburner developed at IMM joined by brazing

Propane / Butane

Propane, butane and mixtures thereof are attractive fuels for small scale applications due
to the existing distribution grid. Due to the higher operating temperature normally exceeding
700°C, catalyst activity is less an issue but rather rather catalyst stability, which is affected by
sintering procedures. In fact, very high catalytic activity may be achieved even for steam
reforming owing to the improved heat and mass transfer in microstructured reactors. WHSV
values as high as 750 Ndm?®/(h g.,) have been realised at IMM for a duration of 1,000 hours
over PGM catalyst formulations.

As soon as oxygen is added to the feed, the activity even increases. WHSV values up to
2400 Ndm?/(h g..t) were achieved at IMM for the partial oxidation of propane.
Gasoline

Gasoline, even more than propane, has advantages owing to the existing distribution grid
and is evidently most attractive to the automotive industry. Operating temperatures of a

gasoline reformer are similar to the propane system, and thus catalyst stability issues are
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similar as far as structural deactivation mechanisms such as sintering are concerned.
However, deactivation by coking gets more an issue compared to light hydrocarbons. The
addition of air to the reformer feed is one viable option to cope with coking problems.
However, running a fuel processor in the autothermal mode (see Fig.3) has the drawback of a

significantly lower hydrogen content compared to steam reforming owing to the dilution of

the reformate by nitrogen.

Fig. 3 Autothermal microstructured reformer / Fig. 4: Integrated catalytic steam reformer afterburner
gasoline developed at IMM for diesel fuel developed at IMM

Diesel

Steam reforming of higher hydrocarbon fuels such as diesel requires advanced technology
concerning catalyst coatings and reactor material due to the very high reaction temperature
exceeding 800°C. At IMM, a microstructured heat-exchanger / reactor was developed and
operated for more than 40 hours already, which completely converts diesel fuel (see Fig.4).
The application standing behind this work is, once again, power generation for automotive

applications.
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CATALYTIC DECOMPOSITION OF NATURAL GAS FOR COx-FREE
HYDROGEN PRODUCTION IN A STRUCTURED MULTILAYER
REACTOR

G. Italiano', C. Esprol, F. Arena', F. Frusteri’, A. Parmaliana’

'Dipartimento di Chimica Industriale e Ingegneria dei Materiali,
Universita degli Studi di Messina, Salita Sperone , 31, I-98166, Messina, Italy
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Introduction

The catalytic decomposition of natural gas (CDNG) into hydrogen and carbon is
currently attracting a great research interest since it appears a direct, mildly endothermic
attractive route for producing high purity hydrogen avoiding any concern due to CO;
emissions. The CDNG is the candidate process for fueling fuel cell systems as well a potential
alternative to the conventional H, production processes owing to the higher energy efficiency
and lower environmental duty [1-4].

Among transition metals and their alloys, Ni based catalysts feature high activity and
the capability of producing carbon filaments or carbon nanotubes at moderate temperatures
(500-700°C) [5]. The unavoidable carbon lay down on the catalyst surface leading to the
reactor plugging is a serious issue which could limit the practical feasibility of the CDNG
process. However, such hurdle can be overcome by using adequate catalyst configurations
and reactor devices [6-7]. In this context, this contribution is aimed to highlight the suitability
and potential of a novel class of Ni thin layer silica cloth catalysts in the decomposition of
natural gas for producing COy-free hydrogen in a structured multilayer reactor (MLR).
Experimental

Ni Thin Layer Catalysts (Ni-TLC). A commercial silica fabric (OS 120, Thermal

Material Systems (TMS) product; thickness, 0.15 mm; specific weight, 120 g/m”) was
washcoated with a colloidal SiO, (Ludox LS, Aldrich product; S.A., 215 mz/g) solution in
order to confer an adequate surface area for the dispersion of the active species. The weight
ratio between SiO, layer and silica cloth was 34/100. Ni-TLC samples were prepared by
stepwise incipient method impregnating the SiOx/silica cloth support with a 0.1 M solution of
Ni(NO3),*6H,0. After impregnation the samples were dried at 120°C for 12h and calcined at
550°C for 3h.
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A series of Ni-TLC samples with Ni loading ranging from 0.5 to 50 wt%, referred to
the weight of the SiO; layer, has been prepared.

Fresh and used Ni-TLC catalysts have been characterized by H, chemisorption,
Temperature Programmed Reduction, SEM, TEM and Thermal Analysis.

Structured Multilayer Reactor (MLR), schematically shown in Fig.1, consists of a
package of six Ni-TLC discs (@, 37 mm; W, 0.22 g) sandwiched between quartz rings (e,
37 mm; thickness, 4 mm) set in a quartz tube (i, 39 mm; length, 600 mm). A heating wire
was wrapped around the quartz tube providing the thermal conditioning of the reactor system.
The influence of space velocity (GHSV, h™"), reaction temperature and Ni loading on specific
activity, catalyst performance and nature of the carbon nanostructures deposited on the
catalyst surface has been evaluated.

Ni-TLC Testing was carried out at 500-600°C and atmospheric pressure using a 10%

CH4/5% N,/85%Ar (vol/vol) reaction mixture. The activity of the catalysts was monitored
until complete deactivation evaluating the trend of activity decay, the average H, Yield
(STYm2, kgm/kgni*h) and the Carbon Capacity (C/Ni, number of CH4 molecules decomposed
for Ni atom along the catalyst lifetime).

Ts

T | T, Quartz Disc Thin Layer Catalyst
Quartz Ri;lg Heating Wire
[ ’

[ 4
v

%

B Sl x| | ot 1 -— -~ >

: ]

1
Thin Layer Catalyst

Fig. 1 - Schematic of Structured Multilayer Reactor (MLR)
(T}, inlet Temperature; T, outlet Temperature, T, reaction Temperature)

Results and Discussion

The low magnification SEM micrographs, shown in Fig.2, accounts for the textural properties
of the Ni-TLC systems. Silica cloth is constituted by fibres, 0.5 mm in diameter, interlaced each
other (Fig. 2a). After the washcoating the fibres were randomly covered with SiO, aggregates
(Fig. 2b). The subsequent impregnation with the aqueous solution of the Ni precursor (Fig. 2¢)
causes a redistribution of silica on fibres resulting in a more homogeneous catalyst surface. The

physico-chemical characteristics of Ni-TLC samples are listed in Table 1.
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Fig. 2 SEM micrographs (magnification, 103x) of (a) bare silica cloth, (b) SiOy/silica cloth and (c)
Ni-TLC sample

Table 1 — Characteristics of Ni-TLC samples

Ni Loadin SA MSA Dyi s, Chem
‘ Catalyst ‘ o) ‘(mz/];'ft)‘ (miiga) | (%) ‘ petes
. TLC | - T . - -
. NI-TLC | 4.6 50 | 1.2 109 | 93
. N2-TLC | 11.4 51| 2.3 L 81 | 125
| N3-TLC | 19.5 51| 3.6 71 | 143
. N4-TLC | 41.1 .48 23 18 | 566
. N5-TLC | 50.4 52 2.4 14 | 715

a) Dy;, Ni dispersion; b) ds, mean diameter of Ni crystallites

A general overview of the performance of the Ni-TLC samples, in terms of Carbon
Capacity (C/Ni) and initial and average STYm (STY w2, and ST Y., respectively) at 500°C,
is presented in Table 2. The inevitable decay of the activity with the reaction time, at various
reaction temperatures, for the N3-TLC sample is displayed in Fig. 3. The extent as well the
trend of catalyst deactivation is controlled by reaction temperature, space velocity, Ni loading

and nature/amount of coke laid down during the reaction time.

Table 2 — Activity data of Ni —TLC samples in the CDNG reaction at 500°C

‘ Catalyst ‘ Ni Loading ‘ C/Ni ‘ STYn2i (a) STYnz2a vy Lifetime
Code (%) (kguo/kgni*h) | (kgua/kgnih) (h)

| NI-TLC | 4.6 13 | 4.8*107 - 1.8%10™ ] 0.5

. N2-TLC | 114 34 | 5.6%107 - 2.3*107 ] 1.0

| N3-TLC | 195 613 | 3.7*10" - 3.1*10™! 136

| N4-TLC | 411 204 | 1.6*10 - L1*10T 125

. N5-TLC | 504 160 | 1.2*107 - 8.2%107 133

a)  STYyp, refers the STYy, calculated on the basis of the activity at reaction time of 0.5 min
b)  STYua, refers the average STYy, calculated on the basis of the activity along the entire reaction time

207




OP-4-3

100

CH, Conversion (mol %)

0 1 2 3 4 5 6 7 8 9 10 11 12
Time on stream (h)

Fig. 3 Catalytic Decomposition of Natural Gas on N3-TLC sample. Methane conversion vs time on
stream at (m) 500; (V) 550 and (®) 600°C (GHSV, 1908 h™").

A detailed analysis of the coking of Ni-TLC systems, accomplished by SEM and TEM

techniques, evidences the deposition of filamentous (whisker-like) carbon deposits at 500°C

and encapsulating coke at 600°C with a mixed filamentous-encapsulating residues at 550°C.
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Abstract

In this work a comparison between methanol steam reforming reaction (MSR) and
ethanol steam reforming reaction (ESR) to produce hydrogen in membrane reactors (MRs) is
discussed from an experimental point of view .

Both reaction systems have been investigated by considering the influence of the
membrane characteristics as well as the influence of the operating temperature. In the case of
the dense membrane, the sweep gas flow rate and the different fluxes configurations have also
been analysed.

Experimental results, in terms of reactants conversion as well as hydrogen production and
gases selectivity in MRs and in a traditional reactor (TR), are presented. The catalyst stability

in both reaction systems was also tested.

1. Description of the process

The TR consists of a stainless steel tube, length 250 mm, i.d. 6.7 mm with the reaction
zone 150 mm. The MR consists of a tubular stainless steel module, length 280 mm, i.d. 20
mm, containing different membranes, the first one (MR1) is a TiO,-Al,O; asymmetric porous
commercial membrane (Inoceramic) with a Pd-Ag deposit. The second membrane (MR2) is a
commercial asymmetric porous ceramic membrane with a Pd-Ag deposit. The third
membrane (MR3) is a pine-hole free Pd-Ag thin wall membrane tube permeable only to

hydrogen, having thickness 50 pm, 0.d. 10 mm, length 150 mm.
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2. Results and discussion
2.1 The membrane reactor MR1

Figure 1 reports the results, in terms of ethanol and methanol conversion, for both
traditional reactor and membrane reactor MR1. Considering the conversion values for both
reactions in the TR, it should be said that the catalyst shows higher activity for methanol
steam reforming (MSR) than ethanol steam reforming (ESR). In fact, for the whole

temperature range investigated the methanol conversion is higher than the ethanol conversion.

100 100

90 | A A 90 A A
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60 [ 60 -
sl 50 |
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Fig 1 Methanol and Ethanol conversion versus Fig 2 Methanol and Ethanol conversion versus
temperature in MR1 and TR, H,O/Alcool = 4.5/1, temperature in MR2 and TR, H,O/Alcool = 4.5/1,
plumcn:1~3 bar, Pshent = 1 bar (fOI' MR) plumcn:1.3 bar, Pshelt = 1 bar (fOI' MR)

2.2 The membrane reactor MR2

In Figure 2 the results, in terms of ethanol and methanol conversion, for both traditional
reactor and membrane reactor MR2, are reported. For both MSR and ESR reactions, the
results obtained in the MR2 are lower that the results obtained in the TR. In particular, the
best conversion achieved by MSR in MR2 is 65% while it is 90% in TR (at T = 550°C); at
this temperature, the conversion achieved by ESR it is 37% in MR2 and 47% in TR.

2.3 The membrane reactor MR3

The membrane reactor MR3 uses a dense Pd-Ag membrane with a perm-selectivity
Hy/(other gases) infinite. For this membrane reactor there are at least two advantages: the first
one is that the shell stream is CO-free and so it can be directly fed to a PEMFC. The second
advantage is that, in order to improve the hydrogen recovery in this reactor, a sweep gas can
be used in the shell side. The sweep gas can be used either in co-current and in counter-
current mode and at different flow rates. The hydrogen production (Figure 3) is higher for the
MSR reaction than the ESR reaction. In the best conditions, the MSR reaction is able to give
an increase in the hydrogen production of around 80% with respect to the ESR reaction.

The same results are obtained by using the counter-current mode. In Figures 4, the

comparison between ESR reaction and MSR reaction in terms of hydrogen production, are
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reported, for the counter current mode. Also in this case the counter-current mode is able to give
higher hydrogen production than the co-current mode. For the counter-current mode the best

reaction system to be considered for producing hydrogen seams to be the MSR reaction system.
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Fig 3 Hydrogen production versus temperature and Fig 4 Hydrogen production versus temperature and
versus sweep gas flow rate during ESR and MSR in versus sweep gas flow rate during ESR and MSR in
MR3. Co-current mode MR3. Counter-current mode

3 Conclusions

The methanol and ethanol steam reforming reactions have been studied from an
experimental point of view in TR and in three different MRs packed with commercial Ru-
based catalyst. Two Pd/Ag supported membranes (MR1 and MR2) and a dense Pd-Ag
membrane (MR3) were used in order to increase the reactant conversion and the hydrogen
production. The experiments show that in both traditional and membrane reactors MSR
conversions are higher than ESR. The ESR needs a higher reaction temperature than MSR in
order to increase the ethanol conversion. With our membranes it is not possible to reach such
high temperature. For MSR, the highest conversion is achieved in MR3 where, already at T =
400°C, in counter-current mode and sweep gas flow rate equal to 11.8 mL/s, 100%
conversion is reached. For ESR, the highest conversion is achieved in MR3 at T = 450°C, in
counter-current mode and sweep gas flow rate 11.8 mL/s, and it is equal to 50%. Also the
total molar hydrogen flow rates, in both traditional and membrane reactors, for MSR are
higher than ESR and the best results are obtained in MR3. By using Ru-Al,O3 5% as a
catalyst, ESR shows coke deposition with consequent deactivation of the catalyst. Finally, we
can conclude that, in the conditions investigated in this work, the MSR reaction is much
suitable than the ESR for producing hydrogen. However, a more in deep investigation, aided
by a theoretical and an economical analysis, is necessary in order to find the best operative

conditions for producing hydrogen.

211



OP-4-5

FISCHER-TROPSCH SYNTHESIS FIXED-BED REACTOR:
A NEW CHANCE FOR OLD TECHNOLOGY

Kuz’min A.E.

A.V. Topchiev Institute of Petrochemical Synthesis RAS, 119991, Moscow,
Leninsky Av., 29, Russia, (495)954-47-98, tips@ips.ac.ru

In come XXI century the hydrocarbon synthesis from CO and H, for fuel and
petrochemical purposes (Fischer-Tropsch synthesis, FTS), evidently, is one of the most
dynamically developing processes of chemical industry; if at the end of XX century sum
world capacity of FTS plants was about 7 million t/year (and its main part was concentrated in
Southern Africa) then in the beginning of the present decade it will become worldwide and
increase approximately in 10 times. Representing wide variety of the obtained products,
applied catalysts and technological methods, FTS, in spite of the fact that it is known about
one hundred years remains extremely interesting field both for fundamental researches and for
applied developments.

FTS is an exothermal process (=170 kJ/mol CO), and one of the major problems of its
industral realization is removal of generating heat from the reactor; insufficient heat removing
followed by catalyst overheating quickly results to increased methane formation or catalyst
coking (or to both phenomena together). Historically the first FTS reactor technology was
fixed-bed one using granulated catalyst (at first with sheet-packed, then in a tubular reactor)
and cooling condensate, but in this case temperature situation in a reactor becomes essentially
non-isothermal both in axial and radial directions. This circumstance, obviously, imposes
restrictions on a achievable CO conversion value per one reactor pass and on application of
possible FTS catalysts with very high activity. Besides fixed-bed reactor has complex design
(it 1s required to make several thousands of reaction tubes) and inconvenient for catalyst
loading/unloading.

The most popular commercial SFT technology presented first in large-scale by Sasol
(1993) and accepted in most of builded and commissioned plants is a reactor with three-phase
suspended catalyst bed (slurry). Its basic advantages are near-isothermal reaction mode, an
opportunity of use of fine catalyst powders, simplicity of its introduction into reaction and
relative simplicity of reactor design (a bubble column). It appeared enough that FTS fixed-bed
technology has considered now as a minor commercial opportunity.

Attempts to modify this type of process, however, were undertaken repeatedly. So, one
variant of this technology is a reactor with adiabatic catalyst sections and intercoolers where

one probably can more effective adjust a temperature profile of a reaction feed (the most
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known development — the Lurgi reactor [1]). Other approach was recently presented in [2],
where it is offered to use for FTS tubular reactor the syngas produced by air (instead of pure
oxygen) conversion of methane and containing about 50 % of N, that is an inert at typical
FTS conditions; application of such gas, besides its relatively low cost, allows to optimize
non-isothermal reaction pattern a little. However, these both approaches are characterized by
the specific problems: in the first case - inconvenience of reactor design in a whole (necessity
of several intercoolers, tubular as a rule) and increase of section number at use of more active
catalysts, in the second — expencive recirculation of syngas with ballast N, followed by
necessity of achievement of 90-95 % CO conversion per pass and necessity of N, remove
from gaseous FTS products.

Nevertheless, the fixed-bed technology, as it is represented, has more opportunites of
upgrade. First, one can use two-section intertubular space of reactor and two vapor
condensate feeds with different temperatures: lower one near reaction stream inlet, higher one
near its outlet. Second, for this purpose it is possible to use as a coolant not the steam
condensate evaporating at strictly determined temperature but heated cocurrent water with
appropriate values of inlet temperature and velocity. In both cases at other parameters being
equal one can calculate that CO conversion become higher and axial temperature profile
become smoother in comparison with cooling by one-feed condensate; it is possible to tell
that non-isothermicity of the coolant compensates non-isothermicity of reaction stream,
eliminating both a characteristic temperature maximum within initial tube section and
excessive cooling of tube "tail" where more effective conversion of the reactant-poor gas
needs the raised temperature.

FTS technological features described above also cause lower average radial temperature
difference in comparison with common fixed-bed reactor. It, in turn, can permit to increase
diameter of a tube without excess of allowable temperature of catalyst at tube axis and, hence,
to reduce number of tubes in an commercial reactor and to simplify its design.

Thus, for FTS tubular fixed-bed reactor one can sufficiently improve its temperature
mode that can shift towards to one for slurry reactor and also to simplify reactor design. If to
take into account that slurry reactor, besides obvious advantages, has also the specific lacks
(the insufficient flexibility of working temperature that is caused by thickening or boiling
away of a liquid phase; difficulty of application of catalysts with cracking function causing
liquid phase destruction; certain difficulties concern separation and mechanical deterioration
of the catalyst) which do not exist for fixed bed then one most to conclude that SFT fixed-bed

technology still can remain efficient commercial alternative to three-phase one.

1. Chemierohstoffe aus Kohle (her. von J. Falbe), Stuttgart, 1977
2. A. Jess, R. Popp, K. Hedden/ Appl. Catal., A, 1999, v.186, p. 321
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Introduction

Anticipated future energy shortages and environmental concerns have boosted research on
alternatives for fossil energy carriers [1]. This has encouraged the exploration of renewable
resources like biomass for energy generation. Flash pyrolysis liquid, also known as bio-oil
(BO), is a biomass-derived liquid energy carrier. It is produced via flash pyrolysis in yields up
to 70%-wt [2-7]. A large variety of applications for BO have been proposed [8]. One of the
challenging applications is the use as a liquid transportation fuel for internal combustion
engines. For this application, the BO has to be upgraded to fulfill the stringent transportation-
fuel product requirements. A number of BO upgrading technologies have been proposed and
explored. For example, it is possible to treat bio-oil with hydrogen in the presence of solid
catalysts to produce a diesel like transportation fuel (HDO process, see [[9-12]]). However, up
till now, hydrogen consumption is excessive which negatively affects the economics of this
process.

A number of studies have been reported dealing with chemical upgrading of crude bio-oil by
reacting it with an alcohol (e.g. ethanol) at mild conditions using a liquid mineral acid catalyst
like sulphuric acid [13-15]. From a chemical point of view, it is anticipated that reactive
molecules like organic acids and aldehydes are converted to esters and acetals, respectively
(Figure 1). Removal of water is essential to shift the equilibria to the right side. Radlein [15]
has proposed the use of molecular sieves to capture the water and to drive the equilibria to the
right side. Product studies indeed have shown that the product properties of bio-oil are

significantly improved by this alcohol treatment.
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H+
BIO-OIL + R-OH ——= Upgraded BO + H,0 (general)
. R
/g;\ + 2 R—OH H: H—C—OR  + 2H,0 (1)
Ry H T
R1
ﬂ + R—OH A ﬁ + Hy0 (2)
SUNG B C 2
R1 OH R1/ \oR

Figure 1. Reactions involve in bio-oil alcoholysis. (1) Acetalization, (2) Esterification.

However, the alcohol treatment concept also has some major drawbacks. The process applies
a liquid mineral acid which has to be neutralised after reaction. This leads to an extra
processing step and generates a large amount of waste salts. In addition, to be cost effective,
the molecular sieves for water removal need to be regenerated, also leading to additional
investments and processing costs. We here report our studies on the upgrading of bio-oil

using an improved alcohol treatment concept.

Results and discussion

We have explored an improved upgrading technology using a solid catalysts and a high
boiling alcohol (n-butanol). A schematic representation of the (batch)-concept is provided in
Figure 2. The solid catalyst is retained in the reactor and thus the use of a post neutralisation
step, necessary when using a liquid mineral acid, is avoided. The water formed during the
reactions and the water present in the bio-oil feed is removed by distillation at reduced
pressure. To avoid excessive alcohol vaporisation, a high boiling alcohol in the form of n-
butanol is applied. This particular alcohol was selected as it can be produced from renewable

resources.

Initially, a number of solid acid catalysts were screened (T= 60°C, P= 50 mbar, tiesction= 1 hr).
Among these, Nafion® SAC13 was found to be the preferred catalyst. The amount of water
produced by the reactions as given in Figure 1 was highest, implying that this catalysts results
in the highest reaction rates. To study the influence of operating conditions on product
properties, an experimental design using a half fraction factorial method was applied. The
investigations indicate that the optimum conditions are a 50%-v alcohol content, 1%-wt
catalyst concentration, a reaction temperature of 70°C, a pressure of 50 mbar and a reaction

time of 120 minutes.
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Figure 2. Batch reactive distillation set-up for high boiling alcoholysis.

The product properties for these optimised conditions are given in Table 1.

Table 1. Properties comparison for crude bio-oil, upgraded Bio-oil, diesel and biodiesel

Physical property Bio-oil Upgraded Bio-Oil  Diesel Bio diesel
Viscosity40 ‘C, ¢St~ 17 6.96 1.2-4.1 1.9-6.0
Water content 31.5 %wt  8.69 %wt 161 ppm <0.05 %vol
Flash Point, oC 52.5 45 60— 80 100-170
Density, kg/L 1.17 0.95 0.85 0.88

PH 3 3.22 7 7

It may be concluded that the alcohol upgrading procedure has led to a significant increase in
the product properties. In particular, beneficial effects were observed on the viscosity and
water content. Moreover, due to the presence of butyl esters, the pungent odor of the BO is

absent and the product has a banana like odor.

Conclusions

A novel method of chemical upgrading of bio-oil by using reactive distillation with a high
boiling alcohol and a solid catalysts has been explored in a batch set-up. The product
properties of the upgraded bio-oil are significantly improved compared to the crude bio-oil.

Engine tests are in progress and will also be provided.
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1,2,4-TRIMETHYLBENZENE TRANSFORMATION OVER
Y-ZEOLITE BASED CATALYST: EFFECT OF ACIDITY

S. Al-Khattaf

Chemical Engineering Department King Fahd University of Petroleum & Minerals
Dhahran 31261, Saudi Arabia

In this study, the transformation of 1,2,4-Trimethylbenzene (TMB) over Y-based zeolite
catalysts will be investigated in a novel riser simulator that resembles closely the operating
conditions of large scale FCC units. The focus of the study will be on the effect of Catalyst
acidity and reaction conditions on the variation of conversion and the ratios of isomerization
to disproportionation products (I/D). Also, distribution of the trimethylbenzene (TMB)
isomers and the variation of the different xylene ratios with changes in the reaction conditions
will be reported.

All the experimental runs will be carried out in the riser simulator. This reactor is novel
bench scale equipment with internal recycle unit [1] to overcome the technical problems of
the standard micro-activity test (MAT). The products will be analyzed in an Agilent 690N
gas chromatograph with a flame ionization detector and a capillary column INNOWAX, 60-m
cross-linked methyl silicone with an internal diameter of 0.32 mm. The Y zeolite to be used in
this work is spray-dried using kaolin as the filler and silica sol as the binder. The resulting 60-
um catalyst particles have the following composition: 30 wt% zeolite, 50 wt% kaolin, and 20
wt% silica sol. The process of sodium removal was repeated for the pelletized catalyst. The
catalyst was calcined for 2 hr at 600°C (CAT-C). Some part of CAT-C was then treated with
100% steam at 800°C for 6 hr producing CAT-S. Table 1 shows the physical and chemical
properties of both catalysts.

1,2,4TMB conversion over CAT-C catalyst was found to be slightly higher than that over
CAT-S due to the higher acidity of CAT-C. The initial experimental results show that both
disproportionation and isomerization reactions are taking place over both catalysts. The
disproportionation reaction involves the formation of xylenes and tetramethylbenzenes from 2
moles of 1,2,4-TMB. Subsequently, the xylenes (one of the disproportionation product) react
with the TMB to form a transalkylation product Toluene. Isomerization reaction forms both

1,3,5 TMB and 1,2,3 TMB. Fig 1 shows the total xylene yields and total isomerization yields
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over both catalysts. Dealkylation reaction was found to be inconsequential over CAT-S due to
the very small amount of gases observed. However, dealkylation reaction was found
appreciable over CAT-C. At 500C and 15 sec contact time, CAT-S forms a negligible amount
of gases compared to 11.4 wt % over CAT-C. Moreover, coke yield over CAT-C and at the
same reaction condition was found to be 14 times more than that formed over CAT-S. And as
expected, these products increase with increasing conversion. Conversion was also observed

to increase with increasing contact time and reaction temperature.

Table 1. Catalyst properties

CAT-C CAT-S 18
ateatring temperatre (*C) 00 1: =
Steatring tirne (b f § 10 - - ': R
Aivverage crystal size () 0s 1k %’ : @ "
BET surface area { m*/g) 187 155 e o . .
Total acidity (nunolie 0545 0033 N
Unit Cell Size (4) M50 MR T o @ % @

1,2,4 TMB Conversion (%)

Fig. 1. Xylene and isomerization yield over both
catalysts. @ and O are xylene yields over CAT-C
and CAT-S respectively. A and A isomerization

yields over CAT-C and CAT-S respectively.
While benzene yield was found low in both catalysts, toluene was produced in an
appreciable amount over both catalysts. However, both catalysts have shown different toluene
yeild. For example, at 500C and 15 sec reaction time, toluene yield was found 8.5 wt% over
CAT-C compared to 1.5 wt% over CAT-S. This difference in toluene yield could be
explained as follows; for CAT-S toluene is produced from only one reaction path
(disproportionation). However, over CAT-C, toluene is produced via both the primary
disproportination path and as well as the secondary dealkylation path. The initial experiments

also suggest that toluene and ethylene are the main products for the dealkylation reaction

which explains the low benzene selectivity over both catalysts.
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WATER GAS SHIFT CATALYSTS FOR FUEL PROCESSOR:
FROM FIXED BED TO MICROCHANNEL REACTORS
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Due to the increasing attention towards the emissions from the internal combustion
engine, fuel cell technology is now standing out as a “clean” alternative for automotive
pollution. The polymer electrolyte membrane fuel cell (PEMFC) is currently considered as
the most suitable technology for vehicles application by the majority of the automotive
companies due to its high power density, mechanical robustness, fast start-up, dynamic
response characteristics.

Pure hydrogen is the ideal fuel as it offers some advantages for PEMFC: low operating
temperature, high current density, low weight, compactness, long stack life, fast start-ups,
satisfactory efficiency and truly “zero emissions” [1]. At the moment its utilization presents
some problems due to lack of production plants and distribution nets and safety issues.

Therefore, the current way to feed vehicle FC transforms hydrocarbon feedstocks with a
complex system based on reformate production and clean-up. The process considers a
sequence of catalytic stages which reduces the reformate CO concentration to 10 ppm, limit
value necessary to avoid poisoning of fuel cell Pt electrocatalyst.

The H; flow from reformer contains about 10% CO. Water gas shift (WGS) reaction (Eq.
(1)) is the preferred one for CO removal; it reduces CO concentration to about 0.5-1% [2] and
simultaneously increases the hydrogen one.

CO+H,0<CO,+H,; AH=-41.1kJmol™" (1)

Since at high temperatures CO conversion is equilibrium limited and at low temperatures
is kinetically controlled, two types of WGS catalysts are commercially used. One for high
temperature shift (HTWGS), based on Fe and Cr oxides, reduces at 400-500°C the CO
concentration to about 2-5%. The second one for low temperature shift (LTWGS), with Cu
and ZnO on alumina, is used at 200-400°C for reducing the CO concentration to about 1%.

A last preferential oxidation process (PROX) is yet necessary to reach 10 ppm CO.

Commercially a combination of the two catalysts is used with in between a cooling stage.

However, they pose some disadvantages (low activity and some thermodynamic limitations at
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high temperatures for the HT catalyst; pyrophoricity for the LT one) that render the catalysts
unsuitable for residential or automotive applications, where fast start-ups dictate the use of
reactors with low catalyst volume and therefore very active and non-pyrophoric catalysts [1].

If more active low temperature shift catalysts are developed, the CO conversion can then
approach more favourable equilibrium limit.

Several other literature studies on catalysts for the WGS reaction considered noble (Pd,
Au, Rh, Pt). In this work, some catalysts were prepared according to literature [3] as concerns
the active elements and their catalytic activity was tested as powders in a fixed bed
microreactor; the most active catalysts were then deposed and tested in a structured
microchannel reactor.

Three preparation procedures were used: SCS (Solution Combustion Synthesis), IWI
(Incipient Wetness Impregnation) and Deposition-Precipitation (DP). In all cases, the final
powder obtained was calcined in oxygen flow and reduced in H; flow for 2 hours.

The feed mixture was prepared via mass flow controllers (MFC), for the gaseous
components; water (dosed through a liquid-MFC) was added feeding it to an evaporator kept
at a suitable temperature. The feedstock was delivered through a heated tube (above 110°C) to
avoid water condensation. For powder catalysts, a pressure transducer measuring the inlet and
outlet pressure checked any possible undesired clogging of the catalytic fixed bed.

The outlet gas stream was analyzed through a gas chromatograph (Varian CP-3800)
equipped with a thermal conductivity detector (TCD). The feed mixture composition was
varied depending on the temperature condition of the shift reaction: 10% CO, 6% CO,, 40%
H,, 30% H,0 and He (balance) for HTWGS; 5% CO, 11% CO,, 40% H, , 25% H,O and He
(balance) for LTWGS. The total gas flow rate for the fixed bed microreactor was in any case
equal to 200 Nml/min with a weight gas hourly space velocity WHSV = 78 Nl/h/g.

For LTWGS, the catalytic activity of Pt, Au, Rh on CeO, and TiO; on powder was
investigated. Fig. 1 shows the CO residual concentration vs. temperature; the equilibrium
conditions are also drawn to facilitate a quick glance estimation of the catalysts performance.

The lowest activity was shown by 2%Au-CeO; catalyst prepared by DP: 18% maximum
conversion at 340°C. This result is in disagreement with the good activity data for literature
Au-catalysts, prepared with synthesis procedures that allowed reaching a good dispersion of
Au clusters on the support [4, 5]. HRTEM analysis of our Au catalyst showed the presence of
large metal clusters size (about 20 nm), probably responsible for the not good performance.

A comparison between the catalytic activity of 2% Pt/CeQ; catalysts prepared by IWI and
SCS methods showed a better performance for the first one. Therefore, IWI was chosen as the

synthesis method for the further catalysts preparation.
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Fig. 1: CO outlet concentration vs. temperature for LTWGS on powder. (A) thermodynamic equilibrium;
(+) 2%Pt/CeO,(SCS); (@) 2%Pt/CeO,(IWI); (L)) 2%Rh/CeO,; (m) Cu/ZnO/Al,O5; commercial catalyst;
(%) 2%Au/CeOy; (0) 2%Pt/La,05; (¢) 2%Pt/TiO.,.

For comparison, the activity of the LTWGS commercial catalyst Cu/ZnO/AL,O; is also
drawn in Fig. 1; its interesting performance was developed at rather high temperature.
Moreover, the CO residual concentration in low temperature range, also if lower than that
measured with the noble metal catalysts, proved to be not compatible with that required for
PROX feeding. Some catalysts we prepared demonstrate to possess good activity. The
2%Rh/CeQO; catalyst was particularly active at high temperature: the CO outlet concentration
was about 2.3% at 390°C. The 2% Pt/Ti0, reached, at 380°C, a residual CO concentration of
about 2.5%, near to the thermodynamic equilibrium. These data proved the two above
catalysts could be used for HTWGS reaction; therefore, they were tested for HTWGS and the
obtained results (Fig.2) confirmed their satisfactory performance.
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Fig. 2: ppm CO outlet vs. temperature for HTWGS on powder. (A ) thermodynamic equilibrium;
(@) 2%Pt/CeO,(IWI); (I1) 2%Rh/CeO,; () 2%Pt/TiO.,.
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In order to develop a structured system, preliminary catalytic activity tests on a microchannel
laboratory reactor, equipped with six plates 50x50x1 mm with microchannels 0.26 mm width,
were also carried out for HTWGS with 1%Pt catalyst on both CeO, and a modified mixed support
(50%Ce0,+50%Ti0,) for a stronger and better adhesion on the metallic surface of the
microchannel plates (Fig.3). Each catalyst reached practically the equilibrium conditions, but at

different temperature: 450°C with Pt-MIX and 530°C with Pt-CeO,.

1

0,9 A
0,8
0,7
0,6

0,5 A

CO conversion

0,4
0,3
0,2

0,11

0 T T T T T T T T T T T T T T
300 320 340 360 380 400 420 440 460 480 500 520 540 560 580 600

Temperature(°C)

Fig. 3: CO conversion vs. temperature for HTWGS microchannel reactor with WHSV=50NI/h/g.
(A) thermodynamic equilibrium; (@) 2%Pt/CeO,(IW1); (0) 1%Pt-(50%CeO,+50%TiO,).

Since the catalysed plates used in the microchannel reactor showed good activity and a

satisfactory potentiality for approaching the WGS equilibrium condition.
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A. Lange de Oliveira, P. Kolb

hte Aktiengesellschaft; Kurpfalzring 104, D-69123 Heidelberg; Germany
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A 2-fold-reactor was developed for simultaneous testing of hydrogen storage materials with
respect to storage capacity and kinetics. The underlying base unit can be easily parallized to a
manifold-reactor-system. Maximum temperatures and pressures are 300°C and respectively
200bar. Validation of the system was performed with a hydrogen-storage material (AB5-type)

that is highly sensitive towards water.

Working principle

In Figure 1 the base unit of the 2-fold-reactor system is depicted. The unit mainly consists of
two loops for absorption and desorption which are connected via automated 2-way-valves to
the actual reactor. Pressure transducers in conjunction with thermocouples in both loops and
the reactor allow calculation of the absorbed or
desorbed amount of hydrogen by means of van-der-
Waals-equation. Transfer tubes especially within the

zone of thermal gradient into and out of the oven

have low cross-section so that temperatures

recorded are representative for the gas-phase in the

reactor. The difference in mass-balance between
H: @ pg Vent

amount of hydrogen introduced into the reactor
respectively discharged from the reactor and the
il amount determined in the reactor’s gas-phase is

A
_ | v accounted as absorbed respectively desorbed

N
[T RT-300°) Ky drogen.

Figure 1: scheme of base unit

Powder samples can be easily introduced into the reactor within glass vials. Thermocouple
TI 2 is in contact with the sample thus exothermicity or endothermicity of the processes can

be directly assessed.
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The measurement itself consists of repeated cycles that involve following steps:
1. filling of V; with hydrogen up to po by acting Valve 1, equilibration and subsequently
acting Valve | again
2. filling of V; (reactor) with hydrogen from V, by acting Valve 2, equilibration and
acting Valve 2 again

Desorption is measured accordingly by acting Valves 3 and 4.

Validation

In Figure 2 a) the typical course of pressure and temperature during absorption cycles is
displayed. Initially high exothermicities are noticed upon charging cycles. From the pressure
decrease within the cycles kinetics can be deduced. Figure 2 b) shows the high accuracy
within six repetition experiments. In the first absorption cycle the full capacity of the storage
material is not accessible. This phenomenon of activation upon the first charging and

discharging processes is well known for AB5-type materials.
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Figure 2: pressure and temperature course during absorption experiment (a) and calculated hydrogen-
absorption in repetition experiments (b)

Summary

A 2-fold-reactor-system for testing of hydrogen-storing materials was successfully validated.
The generic low-cost-approach allows for higher degree of parallelization and may be
employed for other gas-absorptions-tests as well. Especially for hydrogen-storage materials
the long-term cycling stability is an important issue. HTE supplies the necessary high testing

capacities.
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Introduction

Recently, we undertook the study of the aromatization of C,-C; hydrocarbons on
Mo,C-containing catalyst [1]. This research program was initiated by the finding that Mo,C
on ZSM-5 exhibits a unique catalytic behaviour; it can convert methane with 80% selectivity
into benzene at 10-15 % conversion [2-5]. In the present paper we give an account on the

reaction pathways of iso-octane on various Mo,C-containing catalysts.

Experimental

Mo,C was prepared by the carburization of MoO; (products of ALFA AESAR) by
C,He/H,. The oxide was heated under 10% v/v C;He/H, gas mixture from room temperature
to 900 K at a heating rate of 0.8 K/min. Afterwards the sample was cooled down to room
temperature under argon. The carbide was passivated in flowing 1% O,/He at 300 K. The
surface area of Mo,C is 20 mz/g. In certain cases Mo,C was prepared in situ, in the catalytic
reactor, when the last step was missing. Supported Mo,C catalysts have been made in the
similar ways by the carburization of MoOs-containing supports with C,He/H, gas mixture. All
the catalysts used in the study have been characterized by XPS measurements. The acidic
properties of catalysts were evaluated by NH3;-TPD and FTIR methods using the adsorption of
pyridine and CO. Catalytic reaction was carried out at 1 atm of pressure in a fixed-bed,
continuous flow reactor consisting of a quartz tube connected to a capillary tube. The flow
rate was 12 ml/min. The carrier gas was Ar. The hydrocarbon content was 2.0%. Generally
0.3 g of loosely compressed catalyst sample was used. Reaction products were analysed gas
chromatographically using a Hewlett-Packard 6890 gas chromatograph with a 60 m long
GS-GASPRO column.
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Results

Pure Mo,C prepared by C,He/H, gas mixture exhibited relatively low activity. The
decomposition of iso-octane started at ~623 K, and the conversion reached value of ~18-20 %
at 873 K. At lower temperature, 623-723 K, the main process is the dehydrogenation with
some cracking. At 723-873 K, however, aromatics, mainly p-xylene and toluene are also
formed with 6-10 % selectivity. On Mo0,C/Al,O3 the product distribution was somewhat
different. Although still the dehydrogenation of iso-octane was the dominant process as
indicated the formation of octenes, aromatics were produced with higher selectivity. At 773-
823 K the main aromatics were ethylbenzene and p-xylene, they formed with ~23-25 %
selectivity. In contrast, on M0,C/ ZSM-5(80), which was the most effective catalyst, toluene
and benzene were the dominant aromatics indicating the occurrence of the hydrogenolysis of
Cs aromatics on the acidic sites of ZSM-5. The selectivity of these compounds reached a
value of 45-55 % at 773 K at a conversion level of ~20%. This catalyst exhibited a very stable
activity: the conversion decayed only with few percent even after 10 hours, and the
aromatizing capability also remained high. Interestingly, octenes were detected only in traces.
This suggests that octenes formed in the dehydrogenation process have been rapidly
converted into other compounds. This was confirmed by the study of the reaction of 1-octene
on the Mo,C/ZSM-5 catalysts. Applying ZSM-5 of different acidity showed that highest
conversion and aromatics selectivity were attained using ZSM-5 of high Brenstead acid sites.
The results are interpreted by the monofunctional (pure Mo,C) and bifunctional mechanism
(supported Mo,C) of the aromatization of iso-octane. From the comparison of these results
with those obtained on the aromatization of n-octane we can infer some interesting conclusion

as concerns the influence of the structure of hydrocarbons on their reaction pathways.
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In recent years, the development of alternative fuels from renewable resources, like
biomass, has received considerable attention. Fatty acid methyl or ethyl esters, known as
biodiesel, show large potential applications as diesel substitutes.

Ethyl esters are the product of transesterification of fats and vegetable oils with ethanol
(obtained from fermentation in our case) in the presence of an acid or an alkaline catalyst. In
addition, the process yields glycerol, which has large applications in the pharmaceutical, food
and plastics industries.

In the present work, the process of synthesis of ethyl esters from High Oleic Sunflower
Oil (HOSO), High and Low Erucic Brassica Carinata Oils (HEBO and LEBO), as alternative
vegetable oils, using KOH as catalyst, has been developed and optimized by application of the
Factorial Design and Response Surface Methodology. The effect of temperature, ethanol/oil
molar ratio and catalyst concentration were studied. Catalyst concentration was found to have
the most significant influence on conversion. A second order model was obtained to predict
conversions as a function of temperature and catalyst concentration for LEBO process. The

model has been found to describe the experimental range studied adequately.
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Reforming of methane by carbon dioxide in presence of steam (steam-dry reforming or bi-
reforming of methane) has been studied over the 5% bimetallic Co-containing catalysts
promoted by a noble metal and supported on alumina with additives of NaZSM. It has been
established that the introduction of steam into an initial gaseous mix (CO,/CHy) leads to
decreasing the temperature of complete methane conversion (<700°C), suppressing the coke
deposition, and increasing the content of hydrogen in synthesis-gas formed (H,/CO > 1). It
has been shown that the introduction of 10% zeolite (NaZSM) into the Co-M/AL,O3 catalyst
causes growing its activity.
Introduction

Synthesis-gas (CO+H,) is a source being alternative to oil for the production of
hydrocarbons and oxygenates by the well-known Fischer-Tropsch Synthesis (eqn. 1).

CO + 2H, — C,H,,, (eqn.1)

Synthesis-gas can be produced from available and abundant source - natural gas by 3
ways widely described in literature: 1) steam reforming (eqn.2); 2) partial oxidation (eqn.3);

and 3) dry reforming (eqn.4).

CH,+ H;O — CO + 3H, AH=206.3 kJ/mol (eqn.2)
CH,+1/20, — CO + 2H, AH=-35.6 kJ/mol (eqn.3)
CH;,+ CO;— 2CO + 2H, AH=247.3 kJ/mol (eqn.4)

Carbon deposition occurring due to methane decomposition and/or disproportionation
of carbon monoxide formed is a major problem of all abovementioned processes.

We have made an attempt to carry out the process combining both dry and steam
reforming of CH,4 - steam-dry reforming, which can be called as the bi-reforming of methane.

It was expected that the combining both processes can lead to a necessary ratio of Hy/CO<2.
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Besides, the suppression of carbon deposition by water was also supposed. The Co-containing
catalysts promoted by Pt-Group metal and supported on alumina modified by NaZSM zeolite
have been used.

Experimental procedures

The Co-containing bimetallic catalysts supported on alumina promoted by zeolite
(NaZSM) have been used in both dry reforming and bi-reforming of methane. The content of
metals (Co and Pt-Group metal) is 5 wt. % from total catalyst amount. Co/M weight ratio is
8/2. The content of NaZSM in the support was varying from 10 to 20 wt. % from total mass
of support (y-Al,O3 + NaZSM). The catalysts were prepared by an impregnation method.

The processes were carried out at a flow quartz reactor supplied with the programmed
heating and controlled feeding velocity under conditions: atmospheric pressure, space
velocity - 1000 hr' and varying temperature from 200 to 800°C. The volume ratio of gases
CO,/CH4/Ar/H,0O was 10/10/80/2 for bi-reforming and CO,/CH4/Ar = 10/10/80 for dry
reforming of methane.

The initial and final gaseous reaction products have been on-line analysed by the
gaseous chromatographs. Liquid products were collected in a special cooling trap and
analysed after reaction by using the GC.

The physico-chemical properties of catalysts were studied by an electron microscopy,
BET and IR-spectroscopy.

Results and Discussion

Dry reforming occurs with a slight activity at 300°C over all the catalysts studied. The
complete conversion of methane is observed at temperature higher than 700°C. CO,
conversion does not reach 100% and varied within 94.0-96.6%. The complete CO, conversion
was not observed even at increasing temperature to 850-900°C.

Synthesis-gas is only one product of dry reforming over the 5%Co-M/Al,O; catalyst.
Over the zeolite containing catalysts, synthesis-gas, water, acetic acid, and non-significant
amount of other oxygenates such as ethers, alcohols, and higher molecular carboxylic acids
are formed. Selectivity to acetic acid is about 2% over both zeolite containing catalysts.

It has been observed that adding steam into the feeding mix promotes the CHy
conversion. Temperature of the complete CH, conversion is decreased by 30 and 55°C with
increasing the content of zeolite from 10 to 20 wt.% respectively. For the catalyst containing
no zeolite, a decrease by 20°C is observed (Table 1). The comparison of both processes at the
same temperatures demonstrates that CH,s conversion in bi-reforming is higher than in dry

reforming.
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Table 1. Comparative characteristics of 5%Co-M,/Al,Os+zeolites catalysts at the
processes of dry reforming and bi-reforming of CH4 (CO,:CH4=1:1; CO,:CH4:H,0=1:1:0.2;
V=1000 hr''; P = I atm)

Catalysts Process T,°C Kcna % Kco2,% H,/CO
5%Co0-M/90%A1,0;- Dry reforming 500 34.5 39.5 1.5
10%NaZSM 600 77.3 70.9 0.7
725 ~100 94.0 0.8
Bi-reforming 500 36.6 26.7 2.1
600 86.9 71.3 1.0
695 ~100 87.3 1.1
5%Co-M/80%A1,0;- Dry reforming 500 16.9 46.7 1.5
20%NaZSM 600 87.8 86.5 1.1
755 ~100 94.9 0.9
Bi-reforming 500 41.9 32.5 0.9
600 89.7 74.4 0.7
700 ~100 81.2 0.9
5%Co-M/Al,04 Dry reforming 500 23.8 17.4 2
600 79.9 60.6 1.1
740 ~100 96.6 1.1
Bi-reforming 500 40.6 31.3 23
600 90.7 60 1.5
720 ~100 78 1.2

The conversion of CO,, when Kcps= 100%, is lower in bi-reforming as compared with
dry reforming. It can indicate that the steam reforming begins to be prevalent at higher
temperatures over all catalysts.

The main products of bi-reforming are carbon monoxide and hydrogen; also,
oxygenates are formed over all the catalysts including containing no zeolite unlike the dry
reforming. The yield of acetic acid is increased to 5-6% in bi-reforming. The yield of other
oxygenates: methanol, ethanol, ethers, and carboxylic acids is not significant (less than 0.1%).

At adding steam (20 vol.%) to the CO,-CH4 feeding mix, yield of hydrogen is
increased over the catalysts except the catalyst with 20% NaZSM. At temperature
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corresponding to 100% CHj conversion, a ratio of Hy/CO is 1.1 and 1.2 over 5%Co-
M/90%A1,03-10%NaZSM and 5%Co-M/Al,O3; respectively that is higher than in dry
reforming (0.8 and 1.1 respectively).

The effect of a reaction medium on the catalyst surface has been observed by TEM. In
a fresh sample, the metal particles have a larger size than in the catalysts used in the dry
reforming of methane. Adding water to the reacting mix leads to the following increase in
dispersion. This effect has been observed over all catalysts.

Amorphous carbon has been observed in the catalysts after dry reforming of methane.
No coke and no carbon have been determined after the bi-reforming of methane over all
catalysts. It is possible to suppose that carbon formed reacts with water with the formation of
an additional amount of carbon oxide and hydrogen. This reaction may be one of reasons of
the positive effect of water.

IR-study of the catalysts showed the dissociative character of adsorption of CH4 and
CO; over the catalysts. The bands attributed to CO,q4s (1920, 2000 cm'l) and to CHy,gs groups
(~3000 cm™) are presented in IR-spectra. Also, OHggs groups have been observed in the
catalysts after both reactions. In case of dry reforming, OH,4s can be appeared due to the
secondary surface reactions. During bi-reforming, also the dissociation of H,O can take place.
Conclusions

The results of study show, that bi-reforming is more effective than dry reforming of
CH4 over the Co-containing supported catalysts. The presence of up to 20 vol.% water
positively effects on the process. Temperature of complete methane conversion decreases by
20-55° depending on the zeolite content. Also, water prevents the coke formation. It gives a
possibility to use the real natural and technological gases containing some amount of water
for production of synthesis gas and oxygenates such as acetic acids by one step. Adding the
10% zeolite (NaZSM) into the Co-M/Al,O; improves its performance in both processes.
Temperature of complete methane conversion decreases to 695°C in bi-reforming of CH, over

this catalyst.
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STUDY OF OXIDATION OF ORGANIC COMPOUNDS
IN A MICROSTRUCTURED CATALYTIC REACTOR

Z.R. Ismagilov, E.M. Michurin, I.Z. Ismagilov, M.A. Kerzhentsev, A.N. Zagoruiko,
E.V. Rebrov*, M.H.J.M. de Croon*, J.C. Schouten*

Boreskov Institute of Catalysis SB RAS, pr. Akad. Lavrentieva 5, 630090, Novosibirsk,
Russia; fax +7-383-339-73-52; e-mail: zri@catalysis.ru
*Eindhoven University of Technology, Den Dolech 2, P.O.Box 513, 5600 MB Eindhoven,
The Netherlands, fax: +31-40-244-6653, e-mail: j.c.schouten@tue.nl

Development of microstructured reactors is a prospective field in chemical technology, in
particular for hydrogen production for fuel cells, fine chemical synthesis, high energetic
materials synthesis and processes with participation of hazardous compounds.

This presentation refers mostly to the field of hydrogen energy, namely to one of the main
stages — the catalytic conversion of fuels to produce hydrogen. The reaction of total oxidation
is the first step in processes of fuel autothermal conversion and partial oxidation. On the other
hand, the total fuel oxidation (catalytic combustion) is a important step in the fuel
microprocessor network to provide heat for endothermic reaction of fuel conversion with
steam and for utilization of anode gases. Therefore, we undertook systematic research for
development of a catalytic microreactor for total oxidation of organic compounds, including:

o Fabrication of microstructured plates from the Al51st alloy;

. Preparation of a uniform anodic alumina coating on the plates;

. Impregnation of alumina coating with a catalyst precursor;

. Assembling of the microreactor;

o Microreactor testing in the reactions of total oxidation of organic compounds;
. Computer simulation of reaction kinetics.

Microstructured plates. Aluminum or its alloys were selected for the microreactor due to
their high heat conductivity and possibility of preparation of a strong porous alumina layer by
anodization. For the microreactor fabrication, plates with a length of 40 mm and a width of 28
mm made from AIMgSiCul alloy (6082 series, Al51 st) were taken. This alloy, being electro
discharge machined (EDM) by the method of “2 incisions”, provided a surface roughness of

microchannel walls (Ra) below 2.0 pum. In each plate of 416 um thickness, 45 semi-
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cylindrical microchannels of 208 um in radius with the distance in between of 150 um were
machined.

Coating Development. A porous alumina layer was produced by anodic oxidation of the
AlMgSiCul alloy in 3.5 wt.% oxalic acid solution at 2744+0.1 K for 23 hrs under current
controlled conditions. The produced alumina layer has cylindrical pores with an average
diameter of ca. 40 nm and very narrow pore size distribution. The layer has a uniform
thickness of 29+1 pum.

Catalyst Development. The resulting coatings were impregnated with an aqueous solution
of copper dichromate followed by drying and calcination at 450°C to produce active catalysts.
The coatings were characterized by XPS, ESDR, chemical analysis, X-ray microprobe
analysis and SEM. The effect of a copper dichromate concentration, number of impregnation
cycles (1 or 2), and different after-treatments on catalytic activity and stability in complete
oxidation of butane was studied. The catalytic activity of the obtained coatings is comparable
or superior to that of alumina supported pelletized catalysts even at much lower loadings of
active metals. For the fabrication of the microreactor, microstructured catalysts containing 5
wt.% of Cu(Il) and Cr(III) oxides (related to the mass of alumina layer) were prepared.

Microreactor fabrication The microreactor catalyst section is assembled from 63
microstructured plates with the catalytic coating. It has a size of ca. 28 x 34 x 40 mm’ and
contains 2835 semi-cylindrical microchannels. The microreactor has an inlet section with a
diffuser and an outlet section with a cooler to cool gases leaving the catalyst section,
preventing homogeneous gas phase reactions. The microreactor is connected to an automatic
experimental setup equipped with mass flow controllers for preparation of reaction mixtures,
temperature controllers and a GC.

Study of the kinetics of oxidation of organic compounds in a microreactor. Oxidation of
n-butane, ethanol and isopropanol was studied at initial concentrations 0.5 -1.2 vol. %; GHSV
in the range of 1600-10700 h™', temperature 150-360°C.

The oxidation of butane proceeds with the formation of the products of deep oxidation
CO; and H>O in the whole temperature range. No products of partial oxidation were detected.
The dependencies of butane conversion on space velocities and temperatures (Fig. 1) were
found to be in the best agreement with the reaction rate of first order with respect to butane.
The kinetic parameters of the reaction: the rate constants and the apparent activation energy

E, (103 kJ/mol) were calculated.
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Ethanol oxidation in the temperature range 200-325°C was shown to proceed with an
intermediate formation of the products of partial oxidation: acetaldehyde and CO (Fig.2). In
addition trace concentrations of acetone were detected. At higher temperatures, only products

of deep oxidation: CO, and H,O were formed.
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Fig. 1. Butane conversion at oxidation with air Fig.2. Composition of reaction products at the

versus temperature at different GHSV: (1) 1600 h™', outlet of the reactor versus temperature during
(2) 5360 h™", (3) 10700 h™', GHSV calculated with  oxidation of ethanol with air at 5360 h™'
respect to the volume of catalyst coating

The oxidation of isopropanol at T<325°C proceeded similarly with the formation of
intermediate products of partial oxidation: acetone and CO. In addition, a parallel reaction of
isopropanol dehydration on alumina support with propylene formation took place. At
T>325°C mainly products of deep oxidation: CO, and H,O were formed.

The kinetics of the reactions of alcohols oxidation was studied and tentative mechanisms
of the reactions were proposed.

The oxidation reaction stimulation was done using the Mathcad 12 software, with the one-
dimensional plug flow model including the Langmuir-Hinshelwood (L-H) kinetics and
accounting for the variation of average temperature of catalyst, based on the pre-determined

geometry of microchannels.
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PRECENT TRENDS IN CATALYTIC PROCESSING OF RENEWABLE
PLANT BIOMASS INTO VALUABLE PRODUCTS

B.N. Kuznetsov

Institute of Chemistry and Chemical Technology SB RAS, Krasnoyarsk, Russia

Some features of catalyst application in the conversions of plant biomass

The main drawback of the conventional technologies of renewable plant biomass
processing into chemicals, liquid hydrocarbons and carbon materials is their low productivity
and selectivity as compared to catalytic petrochemical processes. The common approaches
developed for liquid and gaseous reagents are not always suitable in catalytic conversions of
solid plant polymers.

The processes of direct and indirect catalysis are used in catalytic conversions of plant
biomass. For the direct action of catalyst on the transformation of chemical bonds in plant
polymers the effective interaction between catalyst and polymer surface is demanded. The
degree of catalyst and polymer interaction is increased in a sequence: solid catalyst <
suspended catalyst < supported particles of catalyst < dissolved or molten and volatile
catalysts < catalyst chemically bonded with polymer.

The other group of catalytic transformations proceeds via a route of indirect catalysis by
means of the transfer of the catalyst action through the reaction medium:

catalyst — generation of active intermediates in the reaction medium — plant polymer —
products.

The realization of indirect catalysis route simplifies the technology of the catalytic
process, owing to the use a fixed or fluidized bed of heterogeneous catalysts for processing of
powdery plant biomass.

Some examples of the successful use of catalysts in the novel processes of lignin
oxidative depolymerization, polysaccharide acidic transformations, plant polymers

thermocatalytic conversions are presented below.

Catalytic conversions of plant biomass to chemical products

Lignin oxidative destruction. The use of catalysts makes it possible to increase the

efficiency of wood delignification processes. Two catalysts: antraquinone and 1,4-dihydro-
9,10-dihydroxyanthracene disodium salt are used for the cellulose production in industry. But

the many other different catalysts were successfully tested on a laboratory scale at the
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conditions of alkaline pulping and oxidative delignification in the presence of metal salts,
polyoxometalates, manganese complexes, etc.

The ecologically friendly process of wood delignification in the medium “acetic acids —
hydrogen peroxide — water — catalyst” was developed. It was found that the delignification
activity of oxidative —reductive catalysts is higher as compared to acidic catalysts. The
conditions of one-step producing of pure cellulose and microcrystalline cellulose by wood
delignification with powdery TiO, catalyst through the route of indirect catalysis were
selected.

Low molecular-mass lignin of wood delignification process was used as raw material for
producing aromatic hydrocarbons on zeolite catalyst HZSM. The maximal yield of liquid
products (43 % mas.), containing toluene, xylenes, benzol was observed at 550 °C. Catalytic
processes of lignin conversion were adapted to production of high-octane components of
motor fuels: alkyl (C7-Cj¢) benzoles and arylmethyl ethers.

Novel catalytic methods of aromatic aldehydes producing from wood lignin are under the
development. The significant increase of vanillin and syringaldehyde yields was observed in
the process of wood lignin and lignosulphonates oxidation by molecular oxygen in alkaline
medium in the presence of copper catalysts. At selected conditions the yield of vanillin is by 2
times higher and the total duration of the process is about 10 times shorter in the comparision

with the industrial non-catalytic process of vanillin production from lignosulphonates.

Wood polysaccharides acidic conversions. Catalytic reactions of hydrolytic splitting of

wood polysaccharides in the presence of mineral acids are used in hydrolysis industry, mainly
for ethanol and furfural producing. The important directions of the research at this area are
connected with the products diversification and catalytic process simplification.

It was found the yield and the composition of wood steam-cracking products (furfural,
acidic acid, alcohols, sugars, hydroxymethylfurfural e.a.) are changed in high extend under
the action of metal sulfate catalysts at 150-350 °C. The degree of wood conversion at 200 °C
is increased by 2-3 times in the presence of Fe(SO4)s, by 4 and 9 times in the presence of
CoSO4 and Aly(SQO4); accordingly. In a flow reactor the levoglucosenone is formed from
wood with the yield up to 4.6 % mas. under the action of Al,(SO4);. In the autoclave reactor
mainly furfural and levulinic acid are produced with yields 15-16 % and 30-35 %,
accordingly. Sulfuric acid catalyzes the transformation of levoglucosenone to levulinic acid.
The scheme of levulinic acid formation from wood cellulose was established: cellulose —
— glucose — levoglucosenone — hydroxymethylfurfural — levulinic acid.

Sulfuric acid catalyst can be effectively used under the moderate temperature (98 °C) to

synthesize levulinic acid with yields exceeding 35 % mol. for glucose and 50 % mol. for
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sucrose. In the two-phases system “catalyst water solution — butanol” the continuous removal
of carbohydrate conversion products from water phase by means of alkylation and extraction
processes increases significantly (by 8-9 times) the yields of ethers of levulinic acid and

hydroxymethylfurfural at high concentration of carbohydrates in the water solution.

Thermocatalytic conversions of plant biomass

Co-hydropyrolysis of biomass/plastic mixtures. The utilization of plant biomass residues

and the waste plastics to liquid products was studied. The main task of the accomplished work
was to establish the influence of co-liquefaction process conditions on the yield and
composition of liquid products, in particularly: process operating parameters (temperature,
gaseous medium, time of treatment, biomass/plastic ratio); nature of plant biomass (cellulose,
lignin, beech-wood, pine-wood); nature of plastic (polyethylene, isotactic-polypropylene,
atactic-polypropylene).

Hydropyrolysis of biomass/plastic mixture results in the higher degree of conversion and
in the increased yield of light liquids with b.p. < 180 °C (by 1.6-1.8 times) as compared to co-
pyrolysis in an inert atmosphere. The addition of activated iron ore catalysts also increases the
degree of mixture conversion and the yield of light hydrocarbon fraction. Pyrhotite catalyst
yields the highest amount of the light fraction (40 % wt. for beech-wood/PE mixture with
ratio 1:1 at 400 °C). The highest degree of conversion (91% wt.) was observed for activated
haematite catalyst. The formation of light liquids is promoted by H, pressure, which
suppresses the char formation and facilitates the thermal cracking of heavy liquid products.

According GC-MS data the light liquids of biomass/plastic hydropyrolysis contain mainly
normal paraffines C;-C;3 (about 75 % for pine-wood/i-PP mixture), alkylbenzenes and
alkylfuranes compounds (about 10%) and non-identified compounds (about 15 %). The
composition of heavy liquids of co-pyrolysis process significantly depends on biomass/plastic
ratio. Wood pyrolysis liquids mainly contain polars (eluted with DCM) and polyaromatics
(eluted with dichlormethane-THF mixture). The addition of plastic to wood biomass increases
the concentration of saturates and light aromatics with synchronous decreasing by a few times
the content of polar compounds.

The liquids of biomass/plastic pyrolysis and hydropyrolysis can be used as chemical

feedstock and their light hydrocarbon fraction as motor fuel component.

Catalytic carbonization and grafitization. Different approaches are applied for the

preparation of metal-containing porous carbons from cellulosic materials. Some methods are

based on introducing of metal compound into cellulosic material with following pyrolysis at
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elevated temperature. In this case the simultaneous carbonization of cellulosic material and
chemical transformations of introduced metal take place.

In order to select an optimal parameters of pyrolysis process resulting in the formation of
metal-containing porous carbons with high yield and high surface area the influence of
carbonization temperature, rate and time of heating, type of pretreatment and methods of
metal introducing into cellulosic material on the characteristics of obtained carbon products
was investigated.

The most evident changes were detected at pyrolysis temperature 500-700 °C. They are
connected with the destruction of C-O-C bonds and generation of polycondensed aromatic
systems resulting in the formation of carbonaceous structure. Thermogravimetric analysis
indicates the decreasing of the start of thermal decomposition process for metal-containing
cellulose in the comparison with non-modified cellulose. SEM-data have shown that the
carbonaceous products keep a fiber structure of the origin cellulose and their surface area can
reach to 600 m*/g.

The decrease of carbon material graphitization temperature was also detected at the
presence of nickel and all resulting carbons have a turbostatic structure.

The thermocatalytic conversion of wood biomass in catalytic fluidized bed gives new
possibilities for process intensification and for regulation an yield and composition of
products. Oxide catalysts accelerate the oxidation of volatile compounds derived at the initial
steps of biomass thermal transformation. Owing to intensive heat evolution the
thermocatalytic process proceeds at autothermal conditions. Carbon products with the high
porosity and surface area can be obtained. The formation of pyrolysis tars and polyaromatic
compounds like benz-o-pyren was suppressed in the presence of catalysts. The integrated
process of gaseous fuel and carbon porous material producing from wood biomass in catalytic
fluidized bed was suggested.

The integration in an united technological cycle two processes: the oxidative
carbonization of powder biomass in a fluidized bed of catalytically active slag and the steam
gasification of produced char makes it possible to increase the effectiveness of plant biomass
processing to fuel-gas and syn-gas. The continuous recirculation of hot char between
carbonization and gasification reactors provides the gasification process by the additional
heat. The advantages of integrated process of plant biomass gasification are the reduced

consumption of oxygen and the higher quality of produced gas.
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LOW COST PRODUCTION OF BIO-HYDROGEN
FROM AGRI-PELLETS

Grassi G., Vasen N.N.*, Conti L.**, S. Mascia**

European Biomass Association (EUBIA), Brussels, Belgium
*ETA — Renewable Energies, Piazza Savonarola 10, 50132 Florence, Italy
**University of Sassari, Via Vienna 2, 07100 Sassari, Italy

Introduction

The scope of this thesis is the technical-economical feasibility and the optimization of a
prototype, four-steps process for the production of bio-hydrogen from low quality biomass.

The production of bio-hydrogen is very promising for sustainable development, and
economically viable. Possible markets for hydrogen today are: petrochemical, steel, glass, etc.
This market is supplied by conversion of fossil fuels. The large market of the future are not
only vehicles but also many other applications where hydrogen can function as an energy
vector (as electricity is, but this is not storable).

This short document has been elaborated to provide some elements of reflection on a
promising and today viable integration of large-scale Biohydrogen production into the
conventional hydrogen production capacity. The Russian Federation has huge renewable
biomass resources that enable this extension.

Bio-hydrogen (or H2 derived from biomass) can be produced at competitive cost, with the
commercially available technologies, in comparison of that derived from natural gas and at
even very attractive conditions with the benefits of “CO, —trading”.

It is of strategic importance to use the available time (~ 15/20 years), before the high
demand of H2 will take place, for the development of a sustainable mass production capacity
of bio-hydrogen.

In the framework of an international Renewable Energy Technology transfer network (see
www.renewtransnet.com), supported financially by the European Commission, coordinated
by Renew-Transnet (UK) and with Italian partner Tecnocentro Eng Srl in Terni, in Italy the
market promotion of this process is undertaken. It is a method to bring innovations of SMEs
from laboratory to commercial exploitation in the market.

Scheme of the 4-steps process
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In the following sections, the four steps are explained singularly.
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Step 1: biomass characterisation and pelletisation

In the Department of Chemistry of the University of Sassari some carbonisation and
gasification tests of vegetal biomass were performed.

The pelletisation process is performed on inhomogeneous or small size biomass (chips,
sawdust, agro-industrial wastes, etc.). The biomass is shattered and homogenised in an
apparatus constituted of a riddled cylinder, where the biomass is compressed and transformed
in little hard cylinders (See fig. 1). The bulk density is over 650 kg/Nm’.

Fig. 1. Pelleting process

In the process there are losses of moisture, the pellets
have an humidity content under 10%. The product is then
easily transportable, storable and doesn’t degrade. Before the
carbonisation and gasification tests a characterisation of the
pellets utilised was carried out. The results are reported in
tab. 1.

Tab. 1. Analysis of the biomass

Ash Y%owt 5,49
Moisture Y%owt 9,95

C Y%owt 42,11
H %wt 5,20

N %owt 0,51

O Yowt 36,74
H.H.V. MlJ/kg 18,534

Step 2: Pellet carbonization

Some carbonisation tests and following steam gasification of the obtained charcoal were
carried on at laboratory scale. The employed equipment for these tests is shows in the figure
below. The apparatus consists of four units:

1. Reactor with heating unit

2. Pneumatic device and gas flow controller

3. Gasification steam feeder

4. Effluents collection traps

Collection traps Gas matar

Experimental carbonisation and gasification device

During the tests gas samples were collected for the analysis. Produced gas was measured
by a gas meter and vented. Liquid products were collected by cold traps, recovered and
quantified.

The charcoal characteristics are showed in the table below.
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Tab. 2. Analysis of charcoal pellets

Ash Yowt 19.38
C % wt 72,15
H % wt 1,49
N % wt 0,36
0 % wt 6,62
H.H.V (mf) Kl/g 25.5

Step 3: Charcoal gasification

Gasification™" is a thermal conversion process of biomass in gaseous products carried out
with oxidant agents and steam at a temperature around 1000°C. As oxidant agents, air or
oxygen are used. Produced gas is mainly made of carbon monoxide, hydrogen, carbon dioxide
and a little percentage of methane. Little amounts of ethane, ethylene, water and several
particles as char, ash, tars and oil drops are also produced.

Water gas is a mixture of carbon monoxide and hydrogen produced by passing steam
through deep beds of incandescent coal (water gas reaction). The H.H.V.ranges around
11 MJ/Nm®

C+H0 —— CO+H, AH’ +118.0 kJ/mol

The water gas process is carried out in two alternate steps. In the first, air or oxygen are
blew for 1-2 minutes; the charcoal burns and the temperature rises until 1000°C. in the second
step steam was blown for 2-4 minutes until the temperature goes down under 900°C.

Steam reacts with charcoal at a temperature around 600°C producing a mixture of carbon
dioxide and hydrogen

C+H,0 -~ CO,+H, AH® +76.2 kJ/mol

At higher temperature CO2 is reduced into CO by hydrogen
CO,+H, —— CO +H,0 AH’ +41.8 kJ/mol

Also the following reaction occurs and a little percentage of carbon dioxide is found the
in water gas.
C+CO, —— CO AH +159.8 kJ/mol

Reversible reactions producing water gases in dependence of
the temperature bring to an equilibrium according to the mass
reaction law:

_ Pco Pu,o

Pco, PH,

K

P

The figure below shows the — *
calculated composition of pure .4 H,
water gas from charcoal at 4 -

various reaction temperatures. 50 |
The reactor on the right shows 0
the new approach to integrate  ,, | €%

steps 2 and 3 in order to avoid
cooling of the carbonised pellets,
so that much energy is saved.
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Step 4: Steam shifting syn-gas

A steam shift was carried out on the syn-gas, resulting in about 98 % pure hydrogen, so
that the final amount of hydrogen was 5.4 gr, departing from 100 gr of pellets. The complete
four step process in terms of mass balance is given in the flow diagramme below.
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Introduction

Biomass is a renewable source, expected to play a substantial role in the future global
energy balance. It can provide energy either by combustion or by transformation to more
valuable gaseous or liquid products (by gasification or pyrolysis). Among thermo chemical
conversion processes biomass pyrolysis is the most emerging for the production of liquid oil
(up to 75%wt on biomass). Bio-liquids can be used for energy production or as a source of
high value chemicals. Fast pyrolysis of biomass is carried out in various types of reactors
using an inert solid heat carrier for the fast heating of biomass particles [1]. However recently,
various catalysts have been used both as heat carriers and for selectivity enhancement for the
in-situ upgrading of biomass pyrolysis vapours. The use of catalysts usually leads to
additional water and coke formation, at the expense of organic products but on the other hand
it improves the quality of bio-oil [1,2]. Thus, tailoring of catalyst properties for simultaneous
enhancement of the production and quality of biofuels would be a major accomplishment.

Aluminum substituted MCM-41 materials [3] seem to have promising properties (highly
ordered mesoporosity, large surface area, and mild-to-moderate acidity). In recent studies [2]
of our group, such materials were tested as catalysts in the biomass fast catalytic pyrolysis
process, altering significantly the quality of pyrolysis products. The acid sites present in an
AI-MCM-41 catalytic material can be of both Bronsted and Lewis type, each of them
participating in the biomass pyrolysis via different mechanisms. However, water produced
during biomass pyrolysis in combination with the relatively low hydrothermal stability of Al-
MCM-41materials, could tentatively cause problems in their potential commercial use. In the

present paper, various MCM-41 mesoporous aluminosilicate materials with different Si/Al
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ratios were evaluated as catalysts for the fast pyrolysis of biomass. Furthermore, the effect of

steaming of MCM-41 materials on their catalytic performance was also investigated.

Experimental

All MCM-type mesoporous materials were synthesized in the laboratory based on a
modified procedure of the method that has been initially presented by Beck et al. [3]. In a
typical synthesis of an aluminosilicate MCM-41 material (Al-MCM-41), a mixture of
tetracthylorthosilicate (TEOS) and aluminum isopropoxide (AIP) was slowly added under
stirring at room temperature to an aqueous solution of cetyltrimethylammonium bromide
(CTAB) which has been previously become alkaline (pH=10-11) by the addition of ammonia
solution. The formed gel was further stirred for 1 hour and was then transferred to a
polypropylene bottle and was hydrothermally aged at 100°C for five days. The white product
was filtered, washed with double distilled water and dried at room temperature. The silicate
MCM-41 sample (MCM-41) was synthesized following the above procedure with the absence
of the Al source. All dried samples were further calcined at 540°C for 7 hrs in air in order to
combust the organic template (CTAB) and produce the H'-form of the samples. The calcined
samples were further steamed at 550 and 750°C for 3 h at 20% steam partial pressures, in
order to test the gradual effect of steaming on their acidic, porous and catalytic properties.

The biomass pyrolysis tests were performed on a bench-scale fixed bed reactor at 500°C,
using a wood-based feed (LIGNOCEL). For comparison, tests with a non-catalytic solid
(glass beads) were also performed. All experiments are ex-situ, using a piston to transfer the
biomass into the pyrolysis zone [2], followed by direct contact of the produced pyrolysis
vapours with the inert solid or the catalyst. The reactor was filled with 0.7 g glass beads or
catalyst, for the non-catalytic or catalytic tests respectively, while the piston was filled with
biomass (1.5 g). The gaseous products are directly measured by water displacement and sent
to a GC for analysis. The liquid products are collected in a receiver immersed in a liquid bath
(-17 °C) and then the two phases of the liquid product (organic and aqueous) are separated
using an organic solvent (dichloromethane). Finally the amount of coke deposited on the
catalyst is determined by weight difference method. Both gaseous and liquid products are

analyzed using advanced GC and GC-MS techniques.

Results and Discussion
The porosity and acidic characteristics of the calcined MCM-41 —type materials are given

in Table 1. As expected, all MCM-41 samples, both silicate and aluminosilicate, exhibit very
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high surface areas and mean pore diameters of ~ 28 A. In addition, the number of acid sites
increases with Al content of the samples, being negligible in the siliceous MCM-41 sample.
Preliminary characterization results of the steamed MCM-41 materials have shown that even
after steaming at 750°C their structural and porosity properties, which greatly affect the
catalytic performance, are not significantly altered (decrease of surface area less than 20 %).
This is due to the relatively low steam partial pressure, which however, could simulate the
hydrothermal conditions during biomass pyrolysis. On the other hand, a more than 50%
decrease of the number of acid sites was noticed after steaming. In catalytic processes, such as
the biomass pyrolysis, the acidic properties of the catalytic materials play an important role
since the acid sites catalyze the cracking, isomerization, oligomerization-aromatization,

decarboxylation and dehydration reactions.

Table 1. Properties of caclined MCM-41 — type catalytic materials

Samples Surface | Poresize | Total acid sites
area (m’/g) (A) (mmoles NH3/g)
MCM-41 (siliceous) 946 27 0.02
Al-MCM-41 (Si/Al=50) 875 27 0.20
Al-MCM-41 (Si/Al=30) 869 28 0.28

The catalytic biomass pyrolysis tests with the inert solid (glass beads) and the MCM-41
materials showed that the use of the mesoporous catalysts induces a small increase in total
liquid products, mainly due to higher water formation, leaving the organic phase almost
unaffected. The total gases production is also similar between non-catalytic and cat